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HEAT EXCHANGER DESIGN MANUAL

INTRODUCTION

A wide variety of devices are used for transferring heat from one
substance to another. The engineer is interested in those types which trans-
fer heat from a liquid to a liquid, from a gas to a liquid, from a gas to a
gas, and from a liquid to a gas. Each case represents a particular type of
service, which in turn dictates the type of heat exchanger that must be used.
Many of these types of heat transfer service can be carried out in similar
units, while others require variations.

The selection of an optimum design at minimum cost poses many proc-
ess variables from calculation to initial operations. It is the engineer's
problem to determine the type of heat transfer unit that will effect cheaply
and efficiently the required heat transfer. He must be familiar with the var-
ious types of heat exchangers that are available; and from his calculations
and knowledge of the problem, he must choose a unit that will satisfy best the
requirements.

In many fields, the engineer must often search through a great many
sources to obtain specific data bearing upon a given problem. This situation
is true in the design of heat exchangers, where the correlations of heat trans-
fer and pressurg drop data and the specifications of mechanical aspects are
distributed throughout many sources. The purpose of this manual, therefore,
is to provide, in a single volume, all pertinent data on the shell and tube
type of heat exchangers. The manual covers the following material:

1. General description of shell and tube type heat exchangers,
their internal arrangements, nomenclature and terminology.

2. A resume of formulas on heat transfer rates and pressure
drop calculations.

3. Sample heat exchanger calculations to illustrate the use of
various curves and tables based on the formulas.

The manual adopts the industrial standards for heat exchanger design.
Insofar as possible the Standards of TEMA are suggested. The data incorporated
in the manual have been applied to actual design work. These data will permit
the engineer to select and design a heat exchanger which meets specific require-
ments of a given problem. It is common experience of engineers in actual indus-
trial design problems to be confronted with data based on scant observations
and hence of questionable usefulness or with data of widely varying nature.
Quite often, sufficient data is not available from which to design heat exchang-
ers. It is the aim of this manual to assure economic and worksble designs.



The two general types of heat exchangers of prime interest are:
1. Heat exchangers in which only one of the flulds is confined.
2. Heat exchangers in which both fluids are confined.

An example of the.first type is an air heater. Steam, hot air, or
water is circulated through tubes or tube bundles, while air to be heated is
passed over the outside of these tubes. Heat is transferred from the hot
fluid confined in the tubes, through the tube wall, to the air surrounding
the tubes. Other examples of this type are automobile radiators and condenser
units in refrigeration systems.

The most widely used unit of the second type is the shell and tube
type of heat exchanger. Variations of this unit can be used for any heat ex-
changer service where both fluids are confined. §Shell and tube heat exchang-
ers, for example, are used to condense vapors or to heat and cool liquids and
vapors.

This manual stresses the design of shell and tube heat exchangers
using plain tubes. Description of this type of exchanger, bringing out the
outstanding features and modifications to suit various duties given in the man-
ual will enable the engineer to delineate the process variable, to distinguish
"knowns from-unknowns" and to proceed with confidence in selection of proper
equipment.

While summaries of the formulas correlating various design variables
are given, the development of these correlations s excluded from the manual,
as theoretical considerations of this nature do not fall within the scope of
the manual. An exhaustive list of references at the end of the manual includes
relevant references of this kind.

To illustrate the versatile nature of the data incorporated in the
manual, sample heat exchanger calculations are included. Such calculations il-
lustrate, by example, the use of curves and tables based on the formulas sum-
marized elsewhere in the manual. In addition, the information presented in

the manual mey be very helpful in the design of other types of heat exchangers.



I. TYPES AND DESCRIPTION OF HEAT EXCHANGERS

A. Shell and Tube Heat Exchangers

1. Fixed Tube Sheet Type Heat Exchanger

The fixed tube heat exchanger is the simplest and the least expensive
of the shell and tube type heat exchangers. In this type, both tube sheets are
fixed rigidly to the shell. If the exchanger is short, or if the temperature
difference between the shell-side fluid and the tube-side fluid is low, no pro-
vision need be made for tube expansion or contraction. If the exchanger is
long, or if there is a large difference in temperature between the shell-side
fluid and the tube-side fluid, an expansion joint can be fabricated into the
shell. This type of unit can be used for many services in which clean shell-
side fluids are assured. A drawing of a fixed tube sheet type heat exchanger
is shown in Figure I-1.

2. U-Tube Type Heat Exchanger

Another type of heat exchanger involving simple construction and low
cost is the U-tube heat exchanger. This type of exchanger is made by fixing
bundles of U-shaped tubes into a single tube sheet. The tube sheet is chan-
neled so that fluld can enter one leg of the U-shaped bundle and return through
the other. Since straight through-cleaning of the tubes is not possible, only
clean fluids are used in the tube-side of the exchanger. In this type of heat
exchanger, it i1s possible to heat and cool over a wide temperature range, as no
stresses are set up between the tube and the tube sheet. A sketch of this type
of exchanger is shown in Figure I-2.

3. Internal Floating Head, Removable Tube Bundle Type Heat Exchanger

A widely used heat exchanger is the internal floating-head, removable
tube bundle type. A differential expansion between the tubes and the shell is
provided. This is accomplished by fixing the tubes in a fixed tube sheet at
one end of the exchanger, while the tube sheet at the other end is allowed to
"float" in the shell. The floating tube sheet has a head cover to separate the
two fluids in the exchanger. The tube bundle can easily be removed from the
shell for cleaning and repailring. This exchanger 1s shown in Figure I-3.

L. Packed Floating Head, Removable Tube Bundle Type Heat Exchanger

The packed floating head, removable bundle type heat exchanger illus-
trated in Figure I-4, is similar to the floating head type, except that no float-
ing head cover is used. Instead, a packing material is put between the floating
tube sheet and the shell to separate the two fluids. This type is confined to
service where the pressure does not exceed 75 psig, as larger packing glands do
not give satisfactory service and need frequent replacements causing greater
maintenance cost.
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5. Reboilers

The most common type of reboiler is shown in Figure I-5. It consists
of a tube bundle placed in a shell such that a large vapor space is available.
Some reboilers are of the vertical shell and tube heat exchanger type in which
boiling takes place in either the tube or the shell side. Reboilers are used
extensively in connection with distillation equipment and evaporators.

6. Concentric Tube, or Double Pipe Heat Exchanger

When small quantities of heat are to be transferred, an exchanger
known as the double pipe or concentric tube type heat exchanger is used. These
exchangers are simple to build, small, and relatively inexpensive. This type
is made by Jjacketing a single tube or pipe within another slightly larger tube
or pipe. One fluid flows through the inner tube, while the other fluld flows
through the annular space between the two tubes.

B. Internal Arrangements

1. Single Pass Shell - Single Pass Tubes

A typical single pass shell - single pass tube heat exchanger is il-
lustrated in Figure I-6. It is known as 1-1 exchanger. In this arrangement
the fluid in the shell side enters one end and leaves the other; while the
fluid in the tube side makes one pass through the exchanger counter flow to
the liquid on the shell side.

2. Single Pass Shell - Multipass Tubes

Figure I-7 shows a typical single pass shell - multipass tube heat
exchanger. The fluid on the shell side enters one end of the exchanger, and
leaves at the other; the fluid on the tube side enters one end, passes through
a portion of the tubes to the opposite end, where its direction is reversed
by a channel, and returns through the remaining tubes to its starting end.
Each traverse of the exchanger is termed a pass. The exchanger illustrated is
an example of a two-pass exchanger, or a 1-2 exchanger.

3, U-Tube, Single Pass Shell - Multipass Tubes

A U-tube, single pass shell - multipass tube-heat exchanger is illus-
trated in Figure I-8. The fluid in the shell side of the exchanger enters one
end and leaves the other. The fluid in the tube side may make any number of
transverses, but in this case the fluid changes direction in the U bends at one
end of the exchanger and by means of channels at the other end.

4. Two Pass Shell - Multipass Tubes

When high heat recoveries are required, a two-pass shell - multipass
tube heat exchanger is used. An example of such an exchanger is illustrated in
Figure I-9. This is an example of a 2-2 exchanger. A longitudinal baffle is
placed in the shell of this exchanger so that the fluid on the shell side must
enter one end, pass through the shell on one side of the baffle, and return on
the other side. The fluid on the tube side can make as many passes as are
required.

8
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FIGURE I-6

SINGLE PASS SHELL — SINGLE PASS TUBES
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FIGURE T -7

SINGLE PASS SHELL — MULTIPASS TUBES
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5. Divided Flow Shell - Multipass Tubes

A divided flow shell - multipass tube heat exchanger is shown in Fig-
ure I-10. The baffles are arranged so that the fluid enters the shell side,
halfway between the two ends of the exchanger. From this point, the flow of
fluid splits. A portion of the fluid flows to one end of the exchanger and the
balance of it leaves the other end. This baffle arrangement is used when the
flow of shell fluid is high and pressure drop through the exchanger becomes an
important design consideration. The fluid in the tube side of the exchanger
can make as many passes as necessary.

6. Divided Flow Shell - Multipass Tubes with Longitudinal Baffles

Figure I-11 shows a typical divided flow shell - multipass tube ex-
changer. This exchanger has two shell side inlet nozzles and two shell side
outlet nozzles. A longitudinal baffle runs the length of the exchanger and di-
vides the shell into halves. Shell fluld can enter either side of the shell,
on either end of the exchanger. The heat transfer problem at hand dictates the
best hookup for this exchanger. The fluid in the tube side can make as many
passes as required.

7. Transverse Baffles

Since physical considerations limit the number of tubes that can be
placed in a given shell, the velocity of the fluid on the outside of these
tubes is limited for a given mass flow rate. Generally, an increase in the
heat transfer coefficient on the shell side can be achieved if the velocity of
the shell side fluid can be increased. This is accomplished by using baffles
arranged transversely to the axis of the tubes.

There are three types of transverse baffles used in heat exchanger
design, namely:

1. Orifice type,
2. Disc and doughnut type,
3. Segmental type.

Figure I-12 shows an illustration of an orifice-type baffle. These
baffles are designed so that a free space, or area, exists between each tube
and baffle. The free area at each baffle and between adjacent baffles is shown
in the illustration as nonshaded areas. The clearance between the baffles and
the shell wall must be as small as possible to minimize channeling and leakage.
Tube supports are required if this type of btaffle is used. When the shell-side
fluid 1s fouling or corrosive in nature, the orifice-type baffle offers diffi-
culties in maintenance.

A disc and doughnut baffle is shown in Figure I-13. This baffle ar-
rangement consists of disc-shaped baffles and doughnut-shaped baffles placed
alternately in the shell. The disc consists of a circular baffle placed trans-
versely to the axis of the tubes. It is smaller in diameter than the shell,
and therefore an annular space exists between the edge of the baffle and the
shell wall. The doughnut baffle is a circular disc with a hole in the center--
much like a doughnut. Its outside diameter allows it to fit snugly in the ex-
changer shell. The hole is large enough to give the required longitudinal flow
velocity across the tubes. "
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The most common and generally used transverse baffle is the segmental
type. A dilagram of this baffle is shown in Figure I-1Lk. This arrangement is
made by installing circular discs in the shell, transversely to the tube axis.
A segmented area is cut from each disc. These baffles are generally cut with
a segment height which is 25 percent cut baffles. Other baffle cuts are made,
however, and are designated as being cut a number of tube rows past the center-
line of the exchanger.

The baffles are oriented in the exchanger so that the shell fluid
flows through the segmented openings longitudinally to the axis of the tubes.
The segmented opening on the next baffle is on the opposite side of the ex-
changer; therefore, the shell fluid must cross the tubes between the baffles
before it can pass through the opening of the next baffle. This alternating
cross and longitudinal flow around the tubes continues the length of the ex-
changer. The number of times the shell fluid crosses the tubes depends upon
the number of baffles in the shell, which, in turn, is determined by the spac-
ing needed to provide the velocity required.

8. Impingement Baffles

Near the point of entry of the shell fluid, its velocity can be high.
Provisions can be made to protect the tubes at this point; otherwise, serious
erosion is likely to occur. This can be done by placing an impingement baffle
between the tubes and the point of entry of the shell fluid. In some cases,
the nozzles are flared so that the velocity of the entering fluid is reduced.

9. Vents and Drains

When designing heat exchange equipment, ‘adequate vents and drains must
be provided. The nature of service for which the exchanger is designed will dic-
tate the type and location of vents, drains, steam traps, etc. If the exchanger
is designed for high pressure service, relief valves or rupture discs are required.

10. Routing of Fluids

The routing of fluids is determined by two factors: (1) to what de-
gree a fluid fouls the transfer surface, and (2) the corrosiveness of the fluids.
In consideration of the first factor, that fluid which fouls the transfer sur-
face more rapidly should be routed through the tube side of the exchanger, since
the inside of exchanger tubes are easier to clean. However, if both fluids foul
the transfer surface to the same extent, the fluid under the highest pressure
should be routed through the inside of the tubes, thus obviating the necessity
for designing a costly, high pressure shell. In consideration of the second
factor, that fluid with the greater corrosiveness should be routed through the
tube side of the exchanger again making it unnecessary to use a shell of costly
material. '

19
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ITI. NOMENCLATURE AND HEAT EXCHANGER TERMINOLOGY

A. Table of Nomenclature

A,A,A,

A1,

Heat transfer surface, general, inside, outside respectively,
ft2,

free area of longitudinal flow of fluid, ft2,

mean heat transfer surface, ft2,

free area of cross flow of fluid across tubes, ft2,

flow area, ft2,

box loss, psi,

baffle spacing, in.,

wall correction factor (Figure 56, Part V),

clearance between tubes (ligament), in.,

discharge coefficient for an orifice,

specific heat of hot fluid, Btu/1b(°F),

specific heat of cold fluid, Btu/1b(°F),

inside diameter of tubes, ft,

outside diameter of tubes, ft,

equivalent diameter for heat transfer and pressure drop, ft,
inside diameter of shell, ft.

inside diameter of tubes, in.,

equivalent diameter for heat transfer and pressure drop, in.,
outside diameter of tubes, in.,

inside diameter of shell, in.,

caloric fraction,

heat transfer or pressure drop correction factors--as specified
in respective curves,
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temperature difference factor, At = Fy x IMID, dimensionless,
IMTD correction factor,

friction factor ft2/in.2,

mass velocity 1bs/(hr)(ft2),

mass velocity defined as 1bs/(sec)(ft2),

Grashof number,

mass velocity in shell, longitudinal flow defined as 1b/(hr)(ft)3
tubeside mass flow rate defined as lbs/tube x hr,

mass velocity in shell, cross tube flow defired as 1b/(hr)(ft)2,
acceleration due to gravity ft/sec2,

heat transfer coefficlent, general, for fluids inside tubes, and
for fluids outside tubes respectively, Btu/(hr)(ft2)(°F),

value of h; when referred to the outside diameter of the tube,
Btu/ (hr) (££2) (°F),

factor for heat transfer, dimensionless,

caloric constant, dimensionless,

thermal conductivity, Btu/(hr)(ft2)(°F/ft),

tube length, also length in direction of heat flow, ft,
tube length-horizontal, ft L, = tube length - vertical, ft,
log mean temperature difference, OF,

mass in 1bs/hr,

108 1bs/hr,

number of tube passes,

number of shell-side baffles,

number of tube rows past center line,

number of tubes on horizontal diameter,

number of tubes,

number of tube rows in a vertical tier,
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At ALy

Ue»Ur

pressure in atmospheres,

pressure drop, psi,

total, tube and return pressure drop, psi,

tube pitch, in.,

tube loss defined as 1bs/10 linear feet,

heat flow, Btu/hr,

heat flow per unit aresa, Btu/hr x sq ft,

radius of exchanger shell, in.,

resistance to heat flow,

temperature group (T; - Ts)/(t> - ti) dimensionless,
combined dirt or fouling factor, (hr)(ft2)°F/Btu,
Reynolds' number, dimensionless,

temperature group (ts - t1)/(Ty - To) dimensionless,
liquid specific gravity (referred to water = 1.0),
temperature in general, inlet and outlet of hot fluid, °F,
average temperature of the hot fluid, °F,

caloric temperature of hot fluid, °F,

temperature of shell fluid between first and second passes,
inlet and outlet temperature of cold fluid, °F,
average temperature of cold fluid, °F,

caloric temperature of cold fluid, °F,

temperature at the end of first pass, °F,

tube wall temperature, OF,

OF,

temperature of tube fluid between second and third passes, °F,

the temperature difference in Q = U,Mt, OF,

temperature difference at the cold and hot terminals, °F,

clean and design or fouled overall coefficients of heat trans-

fer, Btu/(hr)(ft2)(°F),
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V = velocity, ft/sec,

W = weight flow of hot fluid, 1bs/hr,
Wy = modified rate of flow lbs/hr/tube,

Z = height in ft,

w = weight flow of cold fluid, 1lbs/hr,

u = viscosity, centipoises x 2.42 1b/(ft)(hr),

My, = viscosity at tube wall temperature, centipoises x 2.42
1bs/(ft x hr),

p = density, 1b/ft3,

= (W),

r = correction factor for convection--flow in tubes at low Re,
dimensionless,

B = coefficient of thermal expansion 1/°F,
A = latent heat of condensation, Btu/lb,

[ﬂ = mass velocity of condensing vapor, lbs/ft of total circumferen-
tial periphery per hour.

Subscripts (except as noted above):
S = shell side,

t = tube side,

v = vapor,
a,b,c,etc. = designated material, a, b, c, etc.,

¢ = condensate,

1= 1liquid,

X = cross tube flow (shell side),

L = longitudinal tube flow (shell side) or liquid,
m = mean value,

f = film, film temperature, or fouled condition.
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B. Heat Exchange Terminology

1. General

The terminoclogy for heat exchanger parts is indicated in Figure II-1
and II-2 illustrating typical single and twc shell-pass exchangers respectively.
The ASME and API-ASME have established a safety code for the design
specifications of various exchanger parts and these specifications are presented
in the Standards of TEMA, New York.

2. Heat Exchanger Shell

The two major parts of this type of heat exchanger are (i) the shell
and (ii) the tube-bundle or tube-bank. The shell size is goverened by the size
of the tube-bank and the nature of the performance of the equipment; for exam-
ple, a larger modified shell is required if the fluid vaporizes as in reboilers.
Shell diameter and shell thickness are specified according to the duty and the
material of construction. Shell-nozzle connections and materials of construc-
tions are specified by TEMA. A nomograph for the size of nozzles is given
on Figure 1 of Part V*for steam, with steam gauge pressure as parameter. Know-
ing the steam flow, the size of nozzle can be obtained for predetermined veloc-
ity. Following is a table (Table-II-1) which gives nozzle capacities for vari-
ous fluids. Maximum steam velocities are recommended as given in Table II-2.

TABLE II-1
NOZZLE CAPACITIES 1bs/hr -

0il 0il

Sige Area 5150 5.5.U. <150 S.5.U Water Condensate

Sq In. (at 2" /sec) (ab b'Jsec) (&P = 11.2'/100") (at 1'/sec)
1/2" 0.30k4 858 1,715 630 475
3/h" 0.533 1,500 3,000 1,500 833
1 " 0.864 2,400 6,880 2,900 1,350
1-1/2" 2.036 5,T40 11,480 9,000 3,181
2 " 3.355 9,460 18,920 19,000 5,2k2
2-1/2" 4.788 13,500 27,000 30,000 7,481
3 " 7.393 20,900 41,800 50,000 11,550
L " 12.730 55,900 71,800 110,000 19,889
5 " 20.000 56,400 112,800 210,000 31,248
6 " 28.890 81,500 163,000 325,000 45,138
8§ " 50.030 141,000 282,000 700,000 78,167
10 " 78.850 222,000 Lk , 000 1,500,000 123,194
12 " 113.090 319,000 638,000 1,900,000 176,691

TABLE II-2

MAXIMUM STEAM VELOCITIES

OF, Super Heat 0 50 100 150

ft/sec  133.5 162.0 150.0 158.k4

*Figures designated by Arabic numerals appear only in Part V.
25
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3. Heat Exchanger Tube-Bundles

a. Heat Exchanger Tubes. Heat transfer surface required for a given
duty, the tube diameter and tube length fix the number of tubes required for
given duty. Standard overall tube lengths are 8, 12 and 16 feet. Heat exchang-
er tubes or condenser tubes differ from iron pipes in that the outside diameter
of heat exchanger tubes is the same as the specified tube diameter in inches.
The wall thickness is based on Birmingham wire gauge, that is, the BWG of the
tube. The most common sizes of tubes used in heat exchangers are 3/4 in. and
1 in. OD tubes. Other tube sizes available are listed in Table II of Part V.
Tubes of 12, 1h and 16 BWG are readily obtainable.

b. Tube Pitch. In laying out tube arrangement, the word pitch is
used to designate the shortest center-to-center distance between adjacent
tubes. This is the case for square or triangular tube layouts. The shortest
distance between two adjacent holes in the tube sheet is termed clearance or
ligement. The table below (Table II-3) gives common pitches for various tube
arrangements when tubes are rolled into tube sheets. When tubes are to be back-
welded, sufficient allowances must be made for the weld passes. The square and
triangular pitch dimensions are shown in Figure II-3.

P —
NN
VARNY,

N 2
C

¥

Figure II-5. Pitch and Ligament.

TABILE TII-3

COMMON PITCHES FOR VARIOUS TUBE ARRANGEMENTS
WHEN TUBES ARE ROLIED INTO TUBE SHEETS

No. . Tube Layout - TubgD81ze Pitch
1 Square 3/ 1 "
2  Square 1 1-1/4"
3 Triangular 3/4" 15/16"
L Triangular 3/4" 1 "
5 Triangular 1 " 1-1/4"
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c. Tube-Bundle Layout. A bundle is formed by either expanding or
welding tubes in tube sheets or by packing the tubes in the tube sheets by
means of ferrules. Tubes are arranged in bundles in several ways. Four of the
most common arrangements are shown in Figures II-4, 5, 6, and 7. Figure II-4
shows an in-line square tube pitch. The direction of the fluid flow across the
tubes is shown by the arrow. Staggered square tube pitch arrangement is shown
in Figure II-5. Figures II-6 and II-7 show staggered arrangements with trian-
gular pitches.

Exchangers with a square tube pitch arrangement are most easily
cleaned on the shell-side than those which have a triangular pitch. However,
the heat transfer coefficient is lower with the square pitch arrangement. TEMA
has specified that the clearance between tubes should be at least one-fourth
the outside diameter of the tubes and in no case less than one-fourth of an
inch in order to facilitate cleaning.

d. Tube-Sheet Layout and Tube-Count. Except in single pass heat ex-
changers the tube sheet layout is not usually symmetric. For multipass construc-
tion, space must be provided in the layout for partitions in the channels and
the head covers. Outer tube limit is the diameter free of obstruction. Tubes
are laid out within outer tube limit with minimum allowance of space between the
partition and adjoining tubes. The number of tubes in such a layout is called
the tube count. Tube counts for various tube-sheet layouts and pitch arrange-
ments are given in Table II-V of Part V. For a given shell diameter and a given
tube pitch more tubes can be put in a single tube pass exchanger than in a multi-
tube pass exchanger.
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FIG. IlI-4
IN-LUNE SQUARE TUBE —PITCH
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FIG. II-6

TRIANGULAR TUBE-PITCH
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ITI. CORRELATIONS OF HEAT TRANSFER AND PRESSURE DROP DATA

A. General Considerations

1. Heat Transfers through Solid Conductors

a. Resistance Concept. Heat transfer through a solid wall is illus-
trated in Figure III-1. Mathematically, it can be shown, by the integrated
form of the steady state heat conductance equation, as

Q = H&t (1)
T T,
Q —— —(
f—L—
T|"T2=A‘t

Figure III-1l. Thermal Resistance.

This equation is similar to the equation for the conductance of electricity
through a solid, if the reciprocal of kA is called the resistance R. The equa-
tion then becomes, -

@ = & (2)

where At is the driving force and R is resistance. If heat flows through a
wall consisting of different thicknesses as shown in Figure III-2, the rate of
heat conductance through each material will be proportional to the resistance
of each material. That is, the ratio of the total temperature across each ma-
terial to its resistance must be the ratio of the total temperature difference
to the total resistance or

AL | Ltg _ Ly | Ot (3)

Q =
YR Ra Rb Re

For a system, using actual temperatures at interface and surface,

AT Ty - t ty -t to - T
Qz'i.ﬁ: 1 l= 1 2= 2 2 ()_‘_)
Ra Ry, Re
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Figure III-2. Resistances in Series

where t; and to, are temperatures at the interface of a-b and b-c, respectively.
Rearranging and substituting R = L/KA into equation (4),

AT Ty - Ts

Q@ = = = ' (5)
R +_£‘L+_I.'Q

La
RgA RpA ReA

b. Area of the Heating Surface. When heat flows through the walls
of a cylinder, such as a pipe, as illustrated in Figure III-3, the area at
right angles to the flow of heat decreases. It can be shown mathematically that
that the logarithmic mean area, A, is the correct average value to use. The
logarithmic mean area is

. fe-h (6)
2.3 log (Az/A1)

where A; and A, are areas for surface having radius r; and rs, respectively.
In terms of the radii of the two areas, the log mean area is

Am = 2nrs - 27Ty (7)
2.3 log (2nrs/2nr;y)

&5

T
Figure III-3. Cylindrical Figure III-L. Cylindrical
Thermal Resistance. Resistances in Series.
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When heat is transferred through the walls of concentric cylindrical
surfaces of varying composition and thickness, as shown in Figure ITI-k4, the
 amount of heat transferred per unit length of cylinder is

_ At T, - To .
“ = YR (1/%aham) + (1/kphpp) (8)

2. Mean Temperature Difference

The temperature difference between a heat source and a heat recelver
is the driving force by which heat is transferred. The rate of heat transfer
is directly proportional to this driving force; therefore, the determination
of the correct temperature difference existing for a given set of heat transfer
conditions is important, when calculating the required heat transfer surface.

In the case of counter or parallel flow of both liquids, the correct
mean temperature difference is the logarithmic mean temperature difference.
This term is commonly abbreviated as the IMID, and is defined as

_ Ats - Aty (9)
2.3 log (Atg/Atl)

where t; and t, are defined as
Ty hot flui:i_) To

d- d
to COl_ fluid t;

At]_=T2-tl;At2=Tl-t2-

The true temperature difference 1n a 1-2 exchanger, however, is not given by
equation (9). This situation arises because the flow in such an exchanger is
a combination of counter current and parallel flows. It becomes even more
complicated when more tube-passes and multiple shell-passes are used. Curves
on Figures 2-7 in Part V give factors for correcting the IMID for various types
of tube-side and shell-side flows.

3. Film and Overall Transfer Coefficients

The summation of individual resistances is called the overall resis-
tance. In an exchanger heat is transferred from hot fluid to the cold fluid
through the tube-wall. The coefficient of heat transfer from tube-surface to
a fluid or the film coefficient is defined as h in the equation

Q = hA (ty - ta) . (10)
Taking into consideration the film coefficients of fluids inside and outside
the tube the total resistance can be obtained as
1
TR Im 1

+ + . (11)
hiA;  KpfAm  hodg
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The clean overall coefficient of heat transfer, U,, is defined as

SRR T S (2)

or approximately,
For steady state heat transfer equation (3) gives

Qe = 2.

YR

Equation (13) can be substituted in equation (3) so that

Q@ - Ut (14)
where q is heat transferred per unit time per unit area, or

Q = UMt . (1ka)

In most heat transfer work the resistance due to pipe wall is negligible and
equation (12) reduces to

1 1 1

S T ey R A (1°)
Inasmuch as the areas of the inside and the outside, of an exchanger tube are
different, hi and hg must be referred to the same heat flow area. If the out-
side area Ay of the pipe or tube is used, h; must be multiplied by (Ai/AO) to
give the value that hj would have, if it were calculated originally on the ba-
sis of the larger area, Aj.

4. Heat Balance

The total amount of heat transferred through the surface of a heat
exchanger 1is

Q = WCp (Ty - T2) = wep (t2 - t1), Btu/hr (16)
or combining with equation (1ka)
Q@ = WCp (T1 - T2) = wep (b2 - t1) = UchAt, (16a)

5. Shell-Side Mass Velocity

In shell and tube-type heat exchangers, both the fluids are confined.
One flows through the tubes and the other flows outside the tube through the
shell of the exchanger. Most of the film coefficient and pressure drop corre-
lations are based on the mass velocity of the fluids on the tube side or on the
shell side. While only one mass velocity is encountered on the tube-side, two
different mass velocities exist on the shell-side of an exchanger. One mass
velocity is based on the flow of fluid across the tubes between the baffles and

ES 7
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the other is based on the flow longitudinal to the tubes through the segmented
baffle openings. These flows are called cross and longitudinal flows respec-
tively. On thils basis the cross area, Ay, is given by

dg (Pp - dy) B

Ay sq Tt | (17)
14hPq
Therefore, the mass veloclty for cross flow is
G = X . (18)
A

The curves plotted with shell diameter as parameter on Figures 37-41 of Part V,
give values of Ay per inch of baffle pitch. These curves, based on equations
(19, 20, 22, 23) adopted from private communications, make slightly different
assumptions than equation (17); however, they appear to give comparable values.
Figures 37-39 are based on equation

_ Ki/2 [(6 - x/2) - 1/2 sine 20] - Ko cos ©

Ay m (19)
where
A, = free area per inch of baffle pitch - sq in.,
6 = arc cos [0.866 (Pp - d,)/ rl,
Pp = tube-pitch - in.,
N, = number of tube rows past condenser CL’
Ky = [-1.732r2 (Pp - dg)]/(0.866Pp)%; Ko = rd_/0.866Pp
r = radius of exchanger shell, in.,
dy, = outer tube diameter, in.
Figures 40 and 41 are based on equation
Ay = f*%b (x - 26 + sin 20) (20)

where
® = arc cos [0.866 (PpNy)l/r,
2
Ki = [4% (P - dO)VIﬁ?
Ay Ny, Pp,dg and r have the same significance as above. The longitudinal
free area Ay is the total cross-sectional area of the tubes in the segmented
baffle cut, subtracted from the area of the segmented baffle cut. The curves

on Figures 42 to 55 of Part V give approximate values for these areas for dif-
ferent baffle cuts and shell diameters.
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Therefore, the mass velocity of longitudinal flow is

W
Gy, = KE . (21)

Figures 42-52 are based on the geometry of the tube arrangements, for horizon-
tal baffle cuts and vertical flow and vice versa for an exchanger having full
floating head. Figure 535 has curves for approximate free area for longitudinal
flow for triangular pitch based on equation

2 o 2 '
Ap =12 <91_ sin 2el>_ ndo® 7 T {(gl _ sin 26;) _<92 _ sin 292>; T Y
2 / PT‘ N /i

T 0.866m% 5 5 ) 67566
(22)
where
A7 = net free area for longitudinal flow - in.2,
01 = arc cos (0.866 PpNy)/r,
62 = arc cos (1 - cos 81)/N,

dy,r,Pp and Ny, have same significance as in Part II-A.

Figures 54 and 55 are for square pitch and are based on equation

] . 2 1 \ . 0
A, = 12 (lg, _ 8in 91> _ ndo { 0 — sin 6;) _ (gq _sin 26p 3} (23
L L 2 wE L > ) T \% >/ )
where /
61 = arc cos| Q:197 Pyl >
\ r
8> = arc cos< 1 - 508 g)
Np

Ay, r,d,,Pp, and Ny have the same significance as in Part II. Curves on
Figures 55-55 have shell diameter as parameter.

6. Shell Side Equivalent Diameter

Where the range of baffle pitch is restricted between the inside di-
ameter and one-fifth the inside diameter of the shell, excellent correlation
of flow in an exchanger is obtained if the hydraulic radius is calculated par-
allel with instead of at right angles to the long axis of the tubes. The equiv-
alent diameter of the shell is then taken as four times the hydraulic radius.

Figure III-5 shows a diagram of a square tube pitch. The cross-
hatched area represents the cross-sectional flow area and the heavy lines on the
tubes represents the wetted perimeter.

AN
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Figure III-5. Wetted Perimeter for Square Tube Pitch.
Inspection of this sketch shows that

. = 4X free area
wetted perimeter

) D, = A<P; _ Edé) . (k)

ndo

A 60° triangular V-pitch tube arrangement is shown in Figure III-6. The cross-
hatch area represents the cross-sectional flow, while the heavy lines on the
tube perimeter represents the wetted perimeter.

Figure III-6. Wetted Perimeter for 60° Triangular V-Pitch.

As before, D - 4X free area
© wetted perimeter
or >
De = 8 (O')_*’BAP% - g‘dﬂ”) (25)
ndg
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B. Correlations for Film Coefficients

1. Shell-Side Film Coefficients

Kern,55* has given an equation for calculating shell side film coef-
ficients based on the cross-flow only, using the maximum aresa corresponding to
the center of the shell. This equatlon is based on the correlation of indus-
trial data and gives satisfactory results for hydrocarbons, organic compounds,
water, aqueous solutions and gases when baffles, with clearances between baf-
fles and tubes and baffles and shells as specified in the Standards of TEMA,
are employed. For Reynolds' number from 2,000 to 1,000,000, the data are
closely represented by the equation

0.55 1/3 0.14
hoDe  _ o,%@esfo__(EpE) <_“_> : (26)
k K k Vi

This correlation is represented in Figure 8 of Part V. Figures 9-18 except Fig-
ure 12 in Part V are plots of correlation of industrial data on heat transfer
coefficients. Following Table III-1 indicates the use of these plots in respec-
tive cases. Figure 12 is a nomograph for heat transfeg coefficients for gases
across banks of tubes based on the equation by Colburn.7

1/3 ,2/3 0.8
h = (constants) <FP° 273 g 4‘> . (27)
p®+27 (do)°-

2. Tube-Side Film Coefficients

The recommended equations for calculating tube film coefficients for
both heating and cooling against liquids, aqueous solutions and gases are given
below.

a. Stream-Line Flow (Re < 2100) .,

R = oass (o () () . 20)
b. Turbulent Flow (Re > 10,000),
% - 0.027 (E_L:J>o.15 (%G_>O.8 <§.§E>l/3 (29)

These equations are represented graphically on a single pair of co-ordinates by

plotting
3= Ly(gn_um <iw_>°'l‘"
H <CPG R> u

against (DG/u). Figure 19, Part V is such a plot with L/D ratio as parameter
for streamline zone. Curves in transition zone are based on observed data.

*Superscribed numerals refer to serial numbers in the Bibliography.

L1



*sanjyeasad
~wel PINTF
a8eaoAaB 38 T

* JUOW

-—o%uraae
aqngy poJsd

~-3eqs aog

oglo = 9x

- g x y = ¥y

d

daxy=7%y

Ty x A7 x
a
Vixy =Xy

g x g x

d
oI x y = Xy

*H.OAs?l\iv

X mh X

g x %1 x
d
Q1 xy= %y

*HT 2an81d Uo 398U
suys ut pessord se dg

*B-¢T 2an3Td 92U}
uo pajeTngel seB yojzI1d
2qn3 pue JI93°5WBRIP oqng

*B-TT 2any

d
-3Td uo ueat8d Tg Mg ¢ O

*B=-0T whm:
=814 UO USATS 1m g 704

‘B 2anITd
WOJIJ SJI030BJ UOTFODIIOD
*H.oﬁzi\ivmahpwmoomﬁ> Io04d
A ¢ quswolura
-JIB 2qn3 paIaddels JIo4g
Qg ‘asjswsTp 29qn3 JI04
q g ¢LqTATrOoMPUOD JO4
Od ‘qeoy oTJToods J0O4

* xoqowexed
se aanjeiadwoq
{INQ ueaw [YITM

‘g gsurele Tp

* 19q0ureasd

se aJanje
-Jxadwey PINTI
a8BI2AB UJTM
‘y gsutede *p

*Jo3oueaed se
‘g0 ur M oym
‘q jsutede Xp

‘yogtd aetr
-n8urvloax puB
JeTNSuUBTIY} JOJ
‘y 3surefe *p

*1oqomweasd se
*d*o ur M oygm
‘y qsurede Xp

*9pPTS TTaUs
943 U0 MOTJF TeUTDPNY
-T3uoT Ul JI93BM JOJ
§99BI J9]SUBIY 3BOH

*saqny Jo
syueq UT MOTJ SSJI9A
-SUBJIY UT JI898BM JOJ
§278d JI9JSUBIY 1BOH

*MOTJ SSOID UT SJO
-deAa pue Ssos®F JI07
298I JI9JSUBIY 3BOH

*saqny JO SjuBQq
SSOJOB SoSB3 J0J
298I JI9JSUBIY IBSH

*Sagny Jo syueq
§S0J08B SPTNDIT JI0J
23®I JI3JSUBIY} 1BOH

g

¢T

1T

oT

SIIBWSY

29®Y T®BN3oy
JIOJ uolyBnby

SJI090B] UOTFO9JIIOD

sI9qowBIB] PUBR
10Td JO aanjen

STHTL

* SON
*STd

SYOHLAY O SNOILVOINNWWOD HIVATHMd WOYHd dHIJOQV VIVA TVIHISNANT NO qHSVE
SINETOTALHOD WITA HAIS-TIMHS NO SIOTd 40 HILVL

T-IIT HIdV.L

4o



*QT =2and1d

*JoqowsIed s®B °S9TIJEq SOTJITJIO UITM

*d*o ur M yzm

STTOUYS UT STIO JI0JF

1 x y = %y ay3 uo pageingey ‘dg Y 3Sufess o S39BJI JI9JSUBJIY 3BIH gt
*B)T aan
=314 uo poj33rord oxe
preo( /M) SJ10%08J UOT3O9IIO)
*aangyeaad a 3 M/ *aojowsaed se *MOTJ TeUTIPNI
X X X .
-weq PINTJI g 4 % vt-of m ) ‘d°p ur M yagm  -(BUOT UT STTO JOJF
o8vIoAB 1B T oa xy ="y «dg Az ¢ Of ‘y gsutede *p sogwI IsjSuBI} 98IH )T
*aanqeaad
-we3 PINTJ i /o *B9T 2anIT4
o3BIoAB 38 M wa.oﬁ ) uo po33ord aam
* quowafuBI b'd mh b 4 SJI0308J UOT3O9I
-I8 paJsd a ¥ -10 My *Jo3omeaed se *MOTJ
-8B38 I03 q 4 x 74 x 9 ol m ) *do ur 1 ym SSOJO UT STIO JI0JF
ogl-o = g o1 x y = ¥y «dg «Qg Mg ¢ O ‘g gsurede H  £99BI I9JSUBIY 3BIH 9T
* Ioqourexed
ge sanjeasdusil *SaTd
IIng uesW YITA U -Jeq jo =odA3 °01J
*GT  9surBde (9OTJTJIO0 -TI0 Y3TM TT9US UT
2aINBTd UO pajYyeINgRL} ysnoays owm\pw IS98M JI0J SQUSTOFJ
47 x y = *y se Juroeds oT7IIBQ JI04 £3100T=A) N ~J200 JI8JsuBaI3} 3BSH a1
298y TBN3OY sIsjsweaed PUB * SON
S} IBWSY Zo1 wopqenby SI03084 UOT}O2II0D 10Td IO oInaEy 9T3TL ‘914

(*3uod) T-III HIVL

43



Figures 20-30 except Figure 23 are curves for tube side heat trans-
fer rates based on industrial data. Following, Table %%1-2 indicates the uses
of these curves in respective cases. Chilton, et al., suggests that for
gases in tubes a dimensional equation gives the heat transfer rates for forced
convection.

ht = 13.3 CPU-O.E 60.8 (50)

go.2 °

Figure 23 is a nomograph based on this equation. Following example illustrates
the use of this nomograph.

Example: 16,300 lbs/sq ft x hr. 805 at 100°C flowing through 1.06
in. ID tubes.

Align 1.06 on D-line with 16.3 on G-line to intersect reference line.
The crossing on M-line gives weight flow per hour.

Along 100°C on T-line with CpuO-Z-line; connect this with the point
of intersection of first line with reference line. The intersection on h'line
will give the film coefficient h = 9.4 (pound-calorie unit)/sq ft x hr.

3. Free Convection Heat Transfer Rates

At very low Reynolds' numbers the effects of convection become impor-
tant when calculating film coefficient for flow inside tubes. A correction for
free convection can be applied to equation (28) by multiplying with

Y - 225 (1 +0.00 Grl/3)

log Re (51)

for horizontal flow, only where Gr = (D3p2gBAt)/u2, the Grashof number. Gras-
hof Rﬁmber is calculated from properties taken at the average fluid temperature.
Rice™" suggested that the data on heat transfer rates for free convection can
be represented by the correlation,

0.25 ;13,2 0.25
h, = = /Cpp) {ELEL%EQE> . (32)
b .k / [T

It reputedly holds for all fluids, for both vertical and horizontal tubes, in-
side and outside. Figure 31 is a plot of h against At based on Rice's equa-
tion with viscosity as parameter. h is corrected for thermal conductivity,
specific heat, density, tube diameter and thermal expansion. The actual rate
is then obtained as

h, = hxFpx FCP x Fp x Fp x Fy . (33)

The correction factors are plotted on Figures 3la and 31b.

Figure 32 represents free convection heat transfer rates for water
at various temperatures and oil of different viscosities.
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For free convection to air outside of tubes and pipes as well as
other surfaces, McAdams>8 has summarized a number of simplified dimensionless
equations

Horizontal pipes: h = 0.4 <%?>o.25 (3k)
Long vertical pipes: h = 0.4 {é%;O'ES (35)

Vertical plates less h = 0.28 é§§¥°’25 (36)
than 2 ft high: “Z

Vertical plates more h = 0.3 (at)°®° (37)
than 2 ft high:

Horizontal plates h = 0.38 (At)°-2° (38)
facing upward:

Facing downward: h = 0.2 (Av)o-25 (39)

The data for free convection design are somewhat inaccurate and an
ample safety factor should be included when designing equipment of this type.
Chilton, et al., has developed an equation which gives conservative coefficients
for a single pipe. Small error is encountered if it is used to calculate coef-
ficients for convection outside horizontal banks of tubes. The use of this
equation places restrictions on pipe spacing in relation to one another, and to
the vessel bottom. In the former case, no less than one tube diameter must be
used, and in the latter no less than several tube diameters must be used. This
equation 1s as follows:

132 ; T0.25
h o= 116 [{ k®p7CpB ) At ) (40)
\ 1 /\Dg /i

Figure 32a is a nomograph based on this equation.

L. Film Coefficients for Gravity Flow of Iiquids in Layer Form
(Falling Films)

The coefficient for water in gravity flow in layer form inside tube is
given by the equation

n o= 120" Y% < 120 (-;.D_)l/s : (b1)

Data for other liquids are not available, but the following dimensionless equa-
tion may be used for estimating h:

(42)

/3, 4['a/3 ,k3:°¢.1/3
h = 0.01(_P_C“> Sty pg) :
v R \ " / \ l-l2

5. Film Coefficlents for Condensing Vapors

a. Horizontal Tubes. For film-type condensation of a pure saturated
vapor outside of a vertical tier of Ny horizontal tubes

b7



.32 2 \1/4 .32 173
ho= 0.725 (2N} o o.o5(EEET0 gDo) (43)
NyDpAt - Hw 7

b. Vertical Tubes. For vertical tubes, where 4['/u is less than
2100 the following equation is recommended.

3.2 1/4 3.2 1/3
h o= 1.13, lf_o_@) = 1.1 Kerero ()
\ Lypst YoMy

Figures 33, 34, and 35 give heat transfer rates for film-type single phase con-
densation. Figures 33 and 34 are based on Nusselt's equations mentioned above.
Figure 34a gives correction factors for these plots. Figure 33 is a plot of Wy,
a rate defined on the graph, for various tube arrangements against h for hori-
zontal tubes. The curve reading has to be multiplied by correction factors for
conductivity, specific heat, tube length and number of tubes in horizontal row
as given in Figure 3ka.

Figure 34 gives heat transfer rates for condensation inside or outside
vertical tubes. The actual rate is obtained after applying correction factors
for conductivity, specific heat, and stream line or turbulent flow factors for
tube diameter as given on Figure 3ka.

Kirkbride and Col'burn37 have correlated data on condensation of wvapors
on vertical tubes respectively. Figure 35 is a plot of h against h[ﬁ/u based on
their data, sc that h = he [u2/k3p2g]l/3 where h. is condensing coefficient.

6. The Caloric Fluid Temperature

The derivation of the equation for calculating the IMTD is based on a
number of assumptions. One of these assumptions is that the overall heat trans-
fer coefficient U., is constant over the length of the transfer surface. This
may be in error, since significant changes of fluid properties with temperature
must be considered. Such a change causes the values of hy and i Ai/AO) to vary
over the length of pipe to produce a larger U, at the hot terminal than at the
cold terminal.

If the temperature drop for each fluid going through the exchanger 1s
sufficiently low, hi and hy can be calculated on the properties at the arithmetic
average fluid temperature. The resulting U, can then be used with the IMID to
determine A, or Q. If the temperature drop is too great, the fluid properties
change enough from entrance to exit so that hi and hy must be calculated from
fluid properties based on a true mean temperature. The resulting U, can then
be used with the IMID.

Colburn28 has derived the following equations for giving a true mean
temperature, or the caloric fluid temperature:

1, | L)

P, = ke T-R 1

1+ 1n (k. +1) Ke
1n 1/R

(45)
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where

1 At, At At
= = = Ze R = Zh
R Ats Aty At (46)
and
ke = Y2 - U (47)
U;
where
U> = overall heat transfer coefficient with respect to outer surface,
Uy = overall heat transfer coefficient with respect to inner surface.

The caloric value for the hot fluid, T., is

Te = To + Fo (T1 - Ts) (48)
and for the cold fluid, t., is

te = ti+ Fo (tz2 - t1) . (49)
Factor F. can be obtained from the curves on Figure 36. The pipe wall tempera-

ture on the outside, ty, can be calculated if calorific temperatures to and T,
are known. For hot fluid on the outside of the tube

ty = te+—L0 (T, - tg) (50)
hiO + hO KX
and h
t = T, - T, -t . 1
W c hio + ho ( c C) (5 )
For hot fluid on the inside of the tube
ty = te+ —Blo (T, - t) (52)
hiO + hO
and
ty = T _ By (T - ta) . (53)
hiO + hO

7. Fouling Factors

The change in surface condition due to deposition of dirt or scale on
either side of pipe offer more resistance to the heat flux. Hence the value of
the overall heat transfer coefficlent calculated on the basis of clean surface
is reduced considerably and the performance of the exchanger does not come up to
expectations. In order to avoid this discrepancy, a resistance called the foul-
ing or dirt factor is introduced in anticipation of the fouling of the heat-trans-
fer surface. The design or fouled overall heat transfer coefficient U. on which
the calculations for heating surface should be based is obtained by the relation

1 1
7S L O (54)
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Standards of Tubular Exchanger Manufacturers' Association, New York, (2nd Edi-
tion, 1949) include a table of fouling factors for cases commonly encountered
in industry. They are given in Table I of Part V. For cases not included in
the tables it is recommended that these tables may be made a basis of compari-
son. Quite often, a designer would set up his own tables of fouling factors
based on experience.

C. Correlations of Pressure Drop Data

1. Tube-Side Pressure Drop

The frictional pressure drop due to flow through tubes can be calcu-
lated by an equation similar to Fanning's equation. The equation is

fxGExLxn _ fxGGxLxn ' (55)

APy =
2x gxPxdxft 5.22 x 1010 x D x &x ft

where f is a dimensional friction factor based on the Fanning friction factor,
and

gt = (ﬁi)o'lé for Re = 2100
gt = (_“_>0-25 for Re < 2100 .
Lt

The friction factors are dimensional, sq ft/sq in. to give APy in psi directly.
A plot of f versus Rey 1s glven on Figure 56, Part V. To obtain dimensionless
friction factors ordinate should be multiplied by 14kL.

When the fluld changes direction in an exchanger head at the end of
each tube pass, an additional pressure drop AP. is encountered. This pressure
drop is called the return pressure drop, and is accounted for by allowing four
velocity heads per tube pass. Therefore, the return losses for any fluid is

2
s e (56)

Figure 57 is a plot of one velocity head (V2/2g)(62.4/144) psi for S = 1 (i.e.,
water) against mass velocity. AP, then can be obtained by multiplying the
curve reading by a factor (4n/S). Figure 58 is a plot of a friction factor
against Reynolds' number based on an equation which accounts for box-loss per
pass:

Fx@8xV23x1L 0.0202 x n x V2 x &
APy = = + L (57)
x Pt gt
where

0.2

gt = (E;) s for Re < 17

gt = (Ji>o'l4 for Re > 17 .

My
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A correlation for pressure drops for liquids in tubes under turbulent flow
based on Fanning equation for S.H. and C.I. pipes is given by

APy = pxL, gy _C (58)

| 10 ° §x gt

Vi

where

¢t - <!~L>O’l4 ]

[

The Figures 59 and 60 give curves of mass velocity per tube against p, tube
loss per ten linear feet for two different tube sizes with viscosity in centi-
polses as a parameter and also of B, against the mass velocities. The correc-
tion factor C for wall thickness are tabulated on the graph. The p-curves con-
tain 20% gafety factor. Figures 61, 62, and 63 are curves of pressure drops
through tubes for gases and water respectively. Correction factors for Figure
61 are on Figure 6la, while those for Figure 62 are on the graph itself. Fig-
ure 63 has curves based on the equation

APy = (L + 55d4) np (59)
dl.24

where p is the curve reading. p 1s plotted in Figure 63 against velocity in
ft/sec. The curves are useful for tubes of diameter 5/8 in. to 1-1/2 in. The
curves are given for average temperature of water given by the relation:

Average Temperature °F = [(Steam Sat. Temp.)--(M.T.D.)] °F (60)

changes in velocity cause pressure drop.
2
1. Enlargement APe = (Vy - Vp)? (61)
2g

2
2. Contraction AP, = %YL (62)
g

3. Bends AP = Kv2 | (63)
2g

Values of K; and K, can be obtained from Figure 64. Subscripts 1 and 2 refer
to smaller and larger sections.

2. Shell-Side Pressure Drop

A correlation has been obtained for determining the pressure drop in
the shell side of a heat exchanger, by using the product of the inside diameter
of the shell in Feet Dg and the number of times the tube bundle is crossed (N +
1). The equivalent diameter is the same as that used in calculating heat trans-
fer coefficients on the shell-side. The pressure drop of a fluid being heated
or cooled including entrance and exit losses is

2 2
Ap, = IG° Ds (N+1) _ fGZ Ds (N + 1) pei (64)
2g x px Dg x f 5.22 x 101° D, x s x §
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f is a dimensional friction factor. It is plotted on Figure 65, Part V. To
obtain consistent friction factors multiply the ordinate by 14k. Figures 66,
67, and 68 are plots of pressure drop for fluids in cross flow on the shell
side. Figure 66 is a plot of pressure drop per ten rows of tubes per ten cross
bank passes agalnst cross-flow mass velocity. Actual pressure drop is obtained
by applying necessary correction factors. The pressure drop is obtained by the
relation:

AP, = curve reading 5 Lovs of tubes % No. of passes 4 Correction (65)
sp gr 10 10 Factors

The correction factors are tabulated in the figure. Figure 67 is a curve of
pressure drop for liquids in cross-flow on the shell-side. It also is a plot
of pressure drop per ten rows per ten passes. The actual pressure drop is ob-
tained by applying necessary correction factors. The pressure drop is then
given by the relation:

curve reading x TOWS No. of passes X -X

/E-__)
sp gr 10 10 kuw,
X correction factors

AP (66)

S

Correction factors are tabulated on the figure itself. The curves on Figure 68
are based on

AP = L/2 TAGY” NB (67)
p (ds)
(@)

with ds/de as parameter. Pressure drop for liquids in longitudinal flow across
a tube bundle baffle in the form of a segment of a circle can be obtained by
equation

2
ap = (G1) xN (68)
640 x p
Figure 69 gives a curve of G; against a factor F based on the equation (68) such
that
AP=FXN . (69)

Professor 0. P. Bergelin et a1.21,22,25 at the University of Delaware are con-
ducting investigations on heat transfer and pressure drop data for flow across
tube banks. It is hoped that these investigations will lead to general corre-
lations covering all variables involved.

3. Pressure Drop for Condensing Vapors

a. Tube Side Condensation.

AP, = /2 fxGExLxn (70)
522 x 1010 x D, x S
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b. Shell-Side Condensation.

pP, = 1/2 £xG2x D, x (NW+ 1)
522 x 10%° x D, x S

(71)

Figure 70 gives correction factors for tube side condensation in horizontal
tubes. The pressure drop is first calculated considering only the uncondensed
vapors. The actual pressure drop is obtained by applying the correction factors.
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IV. ILIUSTRATIVE HEAT EXCHANGER CALCULATIONS

A. Procedure

A convenient way of setting up heat exchanger calculations is outlined
below.

1. Services

The services for each heat exchanger should be mentioned. All the proc-
ess variables should be listed.

2. Data

All the available data on the process variables are listed and perti-
nent calculations to adapt the data to the design requirements should be made.

3. Determination of Inlet and Outlet Temperature

Frequently it is necessary to determine the inlet and outlet tempera-
tures of the hot and cold fluids. This may involve a complete heat balance in
cases of condensers. Also, dew-point and bubble-point calculations must be made
and a condensing curve plotted. When water is used as one of the fluids a rise
in temperature must be assumed. Usually, 110°F is the maximum water outlet tem-
perature used.

L. Duty

This includes the total heat load on the exchanger. It may be the sen-
sible heat of the liquid or gas and the latent heat of phase change. All three
may be involved in a single plece of equipment. The total heat duty should be
summarized here.

5. log Mean Temperature Difference (IMID)

Knowing the inlet and outlet temperatures of the fluids involved theo-
retical IMID is determined by equation (9).

A correction factor for multitube passes -multishell passes should be
applied using Figures 2-7 in Part V.

6.1. Estimated Surface

Calculate the required heat transfer surface based on the calculated
duty, the IMTD, and an assumed overall heat transfer coefficient.

To begin with, assumption of overall transfer coefficient can be based
on the tables of miscellaneous overall coefficients given in Table X, Part V.

They are adopted from Perry's Chemical Engineer's Handbook (3rd edition), pp. 480-
L82.
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After choosing a unit which appears to be satisfactory, a check on
transfer rate should be made considering tube and shell side film coefficients.
Tables II to IX in Part V are used to select a standard satisfactory unit.

6.1ii. Theck on Transfer Rate

a. Tube-Side Film Coefficient. The mass velocity, Gt, as 1lbs per
hour per square foot of flow area for the tube side of the exchanger is calcu-
lated. On referring to the appropriate curves in Part V, the tube-side clean
heat transfer rate can be determined after applying correction factors wherever
necessary as mentioned in Part III.

To account for fouling, a fouling factor given in Table I, Part V is
used to convert the clean rate to the fouled rate. However, a factor of 0.8 is
normally used.

b. ©Shell-Side Transfer Rate. The transfer rate in the shell is based
on cross tube flow and longitudinal or "long flow". A coefficient is calculated
for both, the cross flow and "long flow". An average coefficient, based on cross
flow and long flow is used for design. The mass velocities for cross flow and
long flow are determined from equations (18) and (21) using appropriate curves
for determining flow area.

Again a fouling factor, obtained from Table I, Part V, is used to con-
vert the clean rate to fouled rate. A normal value of the factor used is 0.8.

c. The Overall Transfer Rate. The overall transfer rate is calculated
using equation (12) or (13).

T. The Optimum Overall Transfer Rate

The procedure described in the previous paragraph involves the assump-
tion of overall heat transfer coefficient and involves a trial and error solu-
tion. Another approach would be to make a guess based on experience regarding
the tube side and shell side velocities. Maximum velocity on the tube side is,
generally, taken as 10 ft/sec. The shell side mass velocity should not exceed
about 180 lbs/sq ft/hr. If the pressure drop on the shell side is negligible,
say less than 0.5 psi and the tube side film coefficient is controlling the heat
transfer the unit should be optimized on the basis. of the tube side velocity and
the film coefficients calculated. If shell side film coefficient is controlling,
the unit should be optimized for shell side pressure drop. As far as possible a
pressure drop of 10 psi should not be exceeded. If the film coefficients on both
sides are controlling however, an assumption of overall transfer rate will be in
order for calculating heat transfer surface and a check made as outlined in pre-
vious paragraphs.

8. Pressure Drop Calculations

At this point the pressure drops for both sides of the exchanger should
be calculated. The allowable pressure drops for liquids flowing through an ex-
changer should be consistent with the available head, and a balance between the
cost of increasing this head and the additional heat transfer should be obtained.
When a heat exchanger is used in a system operating under vacuum, the pressure
drop through the exchanger must be carefully analyzed. Under a vacuum, the pres-
sure drop for a given mass velocity becomes greater as the pressure is reduced.
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However, when a gas is operated at a high pressure, a large mass velocity can
be used without obtaining impossible pressure drops.

If the resulting pressure drops are too high the design should be re-
vised to get adequate heat transfer surface as well as allowable pressure drops.

9. Summary of Design

A complete summary of the exchanger design is made as in Table IV-1
and a specifications sheet prepared as given in Figure 71, Part V.

B. Illustrative Problems

Five illustrative problems are presented. Most of the problems are
based on specific cases and the exchangers were actually built as detailed in
this problem. These problems are presented to illustrate the method of design-
ing heat exchangers for some of the more typical heat transfer problems in indus-
try. In addition, methods are shown for using the curves, charts and tables in
Part V.

The types of heat transfer problems presented are:

1. 1liquid to liquid,

2. condensing vapor to a liquid,

3. condensing a mixture of vapors containing a noncondensable gas,

4., falling film evaporator,

5. thermosyphon evaporator.

There are many other special cases which are not covered by these il1-
lustrative problems. It is believed, however, that the illustrative problems
will help indicate what variables are involved in any design proposition and will
point to required data. Once pertinent data is obtained, the actual design can
be worked out in the manner illustrated hereafter.

Problem No. 1 - Liquid to Liquid Heat Transfer

1. Statement of the Problem

It is required to heat 508,496.9 1bs/hr of rich absorber oil from an
inlet temperature of 850F to an outlet temperature of 2280F, by using lean ab-
sorber oil available at the rate of 1190 gal/min and the temperature of 330°F.
Design a heat exchanger which will give the necessary performance.

2. Data

a. Lean Absorber 0il (Hot).

Inlet temperature, Ti 330CF
Sp gr at 85°F 0.85 gm/ce
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SUMMARY OF EXCHANGER DESIGN

TABLE IV-1

Specifications

Hot Fluid

Cold Fluid

Material

Inlet Temperature
Outlet Temperature
Duty

IMTD

U-Clean

Fouling Factor
U-Fouled
U-Required

No. of Passes per Unit
No. of Units
Surface per Unit
Total Surface
Shell Size

Shell Type

No. of Tubes per Unit
Total No. of Tubes
Tube Length

Tube Size

Tube Pitch
Baffles

Special Modifications
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b. Rich Absorber 0il (Cold). 85°F

Inlet temperature, t 228CF
Outlet temperature, to 156.5°F
Average temperature 0.77 gm/cc

Sp gr at average temperature 0.52 Btu/lbOF
Sp ht at average temperature

Viscosity at average temperature 1.75 cp

Thermal conductivity at average temperature 0.81 Btu/(hr)(ft2) (°F/ft)

3. Calculated Data

a. Lean Absorber 0il (Hot).

W = 1190 x 8.34 x 60 x 0.82 = 487,895.8 1bs/hr.

Calculations for outlet temperature

[w CP (Tl = T2)]h0t = [W cp (tg - t:L)]C:O].d-

T, -7, = 598,496,9x 0.52 x 13 _ j300p
487,895 x 0.555

Outlet temperature Ts = 330 - 139 = 191°F
Average temperature = éég_iggkgi = 260.5°F
sp gr at 260.5°F = 0.75 gm/cc
sp ht at 260.5°F = 0.555 Btu/1bOF
Viscosity at 260.50F = 0.77 cp
Thermal conductivity at 260.5 = 0.0765 Btu
(hr)(£t2) (°F/ft)
gal/min at average temperature = &§11§22;§_ = 1300 gpm.
500 x 0.77

b. Rich Absorber 0il (Cold).

gal/min at average temperature = .508426-2
500 x O0.77

1320 gpm .

4., Solution

a. Duty (Heat Load).

o = wep (t1 - t2) (508,496.9)(0.52) (228 - 85)
37,800,000 Btu/hr.
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b. Calculated IMTD.

330 ——— 191

228 —— &
102 106
D = Sfe - 8%y
1n %
Aty
- 106 -1 . o0 .
2.3 log égé
102
For this case let us choose a two-shell pass exchanger. The IMID calculated

above is then corrected by an IMID correction factor as obtained from Figure 3,
Part V. -

s = t2-%, g =I1-T>

Tl—tl t2’t1
g - 228 -85 R = 330 - 191
e - 9 . 220 - 170
330 - 85 228 - 85

= 0.583 = 0.973 .

From Figure 3,
F, = 0.918.

Corrected IMTD = 104 x 0.918 = 95.5°F,

c. Assumed Exchanger. Assume U = 70, Table X, Part V.

Required transfer surface = 9

mem

37,800,000 _ 5660 sq rt.
70 x 95.5

For a duty involving such large heating surface, use two units of equal capacity
in series. Taking the normal specifications of tubes as 3/4-inch 0D, 16 BWG and
16 ft in length, we have the surface area per foot of tube = 0.1963 sq ft/ft
(Table II, Part V).

Number of tubes per unit = 5660 = 900 .
2 x (0.1963) x (16)

From tube sheet layouts, Section 4 of Table IV, Part V for B/M-inch 0D tube on 1
in. sq pitch for four tube passes a 36-inch OD shell has 860 tubes. Choose two
such units.
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Surface per unit = (860)(0.1963)(16) = 2700 ft2
Total surface = 2 x 2700 = 5400 ft2 .

The;efore, overall transfer coefficient required = 37,800,000/ (5400)(95.5) = 73.3
Btu/hr.

d. Mass Velocity. 1. Shell Side Hot 0il:

1bs/hr x 0.0k
baffle pitch x free distance

Cross flow: G& =

For segmental baffles a pitch of 11 inches is normal. Cut 11 rows pass center-
line. Free distance is obtained from Table IXa, Part V

o - (487,895.8)(0.0k)
(11)(10.5)

= 169 1lbs/ft2 x sec

1bs/hr x 0.0k
net free area in sq in.2

Longitudinal flow: Gi

Net free area is determined from Figure 45, Part V

¢+ _ u487,895.8 x 0.0k
o, = =L 9ioh = = 188 1bs/ft2 x sec.

ii. Tube Side:

1bs/hr x 0.0k

Gl =
t No. of tubes x tube area in sq in.

Since curves for determining tube side pressure drop and heat transfer coeffi-
cients are based on the tube side mass flow rate as lbs/tube/hour is used in
place of G%.

G, = (508’226'9)(“) = 2370 1bs/tube x hr.
0

A factor of four is used because each unit has four tube passes.

e. Calculated Transfer Rate. 1. Tube Side: From Figure 29, hy = h
X Fo, X Fe - Fp x (p/p,)°-14. Knowing ty, a value of py is obtained. However,
in tﬁis particular case (u/pw) = 1; therefore, this factor is neglected in this

problem

by = (195)(1.01)(1.01)(1) = 199 Btu
hr x sq ft x OF

ii. Shell Side: From Figure 16,

hy = hxFey xFy x Fp x Fp x (/g )0+ 4

Btu

= 365 x 1.00 x 0.97 x 1.00 x 0.78 = 276 5
hr x sq ft x °F
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From Figure 17

h;, = hx Fcp x Fp x Fy x (VT
h; = 215x 1.00 x 0.96 x 1.0L = 208. Btu
L 0 X x 0.9 z hr x sq ft x °F
ng = Mxthp _ 276 + 208.5 _ oy» Btu
2 2 hr x sq £t x OF

1ii. Overall Coefficient:

Lh1 hr x sq ft x OF

The fouling factors from Table I, Part V are
For lean oil 0.002
For rich oil 0.001

Overall factor 0.003

Uf=w=82 Btu .
Lh2 hr x sq £t x °F

Since the required U = T73.3, the assumed units have sufficient surface.

f. Pressure Drop. i. Shell Side:

APS = APX+APL.

From equation (66) and Figure 67

AP, = AP rows cross flow cross bank passes
X = X X
sp gr 10 10

x Fr x Fp x Fp psi -

Since there are two units in series

APy = 2 (2.6)(2.8)(1.7)(1.0)(1.0)(0.44) _ ) 5 psi .
0.75

From equation (67a) and Figure 69

APL = AP x NO.SOf baffles psi .

Since there are two units in series

APy = 2X0.1X 1T _ )5 pst .
0.82
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HEAT EXCHANGER SPECIFICATIONS

ITEM NO. NO. REQ'D. B. M. NO.

DESCRIPTION

Heat recovery unit for absorption section

TYPE

Four tube-p;a.ss, two shell-pass, floating head, shell and tube type

SIZE 36 in. OD SECTIONS PER BANK ____ CONNECTED IN
BANKS PER UNIT four CONNECTED IN  geries
SURFACE PER SECTION 2700 SQ. FT. TOTAL SURFACE  5L0Q SQ. FT.
PERFORMANCE
SHELL SIDE TUBE SIDE SHELL SIDE TUBE SIDE
lean oil FLUID rich oil GRAVITY-LIQUID
10.85 em/ce @ INLET TEMP.
TOTAL FLUID IN \ 0.75 gm'/cc = 6Q°F avg. temp. 0.77 g:m/cc
________ VAPOR 10.77 cp VISCOSITY @ 260.,5 °F
1300 gpm LIQuID 1320 rpm : VISCOSITY @ )56 °F [1.75 cp
________ STEAM ———— ! ———— MOL. WT. - YAPOR ————
________ NON CONDENSABLES ———— 0.555B/1bxOF|  SP. HEAT - LiquiD 0.52 Buy/Ib x"¥
........ FLUID YAPORED OR CONDENSED f _———— LATENT HEAT - VAPOR ————
________ STEAM CONDENSED Two NO. OF PASSES Four
330  °F| INLET TEMPERATURE 85 °F 88 lb/sq ft VELOCITY P370 lb/tube
191  °F| OUTLET TEMPERATURE 208  °F 20 psi PRESS. DROP 27 psi
OPERATING PRESSURE 0.002 FOULING FACTOR 0.001
HEAT EXCHANGED - BTU/HR 37,800,000 L.M.T.D. (CORRECTED; 95.50F
“U” CLEAN 109 Btu/hr x sq ft x OF “U" REQUIRED 7%,3% Btu/hr x sq ft x OF
CONSTRUCTION
SHELL SIDE "TUBE SIDE CODE ASME, Paragraph U-69
380 °F| DESIGN TEMPERATURE 300 °F MATERIALS OF CONSTRUCTION
380 DESIGN PRESSURE 300 SHELL rolled steel plates
450 TEST PRESSURE 450 psi TUBES  carbon steel
1/4 in. CORROSION ALLOWANCE P BWG's Less| TUBE SUPPORTS rolled steel plate
TUBES BAFFLES rolled steel plate
NUMBER 860 | SIZE 5/4 in. 0.D.| TUBE SHEETS carbon steel
PITCH 1l in. sq | THICKNESS 16 BWG. | CHANNEL carbon steel
LENGTH 16 ft CHANNEL COVER  carbon steel
REMARKS SHELL COVER carbon steel
SHELL 35 in. DIA. THICKNESS 7/16 IN. | FLOATING COVER  carbon steel
TUBE SUPPORTS-SPACING 48 in. THicK. 3/l IN. | GASKETS soft iron
TRANSVERSE BAFFLES
TYPE cross flow SPACING 11 in.
cur 11 rows pass Cg.
THICKNESS 5/16 IN. i WEIGHTS
LONGITUDINAL BAFFLE | EA. SHELL 2582 LB.: BUNDLE 8000 LB.
TYPE _THICKNESs  1/L IN. || FULL OF WATER 18,173 LB.
CONNECTIONS: see FLow sHEET orR DRAWING O - attached hereto.
FUNCTION OF ITEM AND REMARKS:
This unit is designed to recover heat from the lean
0il leaving absorption column of a petroleum re- ||
finery. J
CHK'D Ml‘\DE DATE NO.
REVISIONS
APPR. {| PROJECT NO. TYPED
CHK'D.
MADE PAGE OF
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APy = APy + APp = 14.5 + 4.2 = 18.7 psi ; say, 20 psi

ii. Tube Side: From equation (58) and Figure 59

APt = PXL+BO c
10 s x Pt

Since there are four tube passes, tube length L should be multiplied by four.

APy = 2 (1.3%)(16) () + 1.7 1.0 . 26.7 psi, say 27 psi .
10 0.77

Problem No. 2 - Heat Transfer from a Condensing Vapor to a Liquid

1. Statement of the Problem

It is required to preheat 15,000 lbs/hr of air-alcohol-oleic acid mix-
ture containing 2000 1bs of acid from an alcohol recovery system by means of al-
cohol vapors at the rate of 16,000 lbs/hr from a distillation column. Design a
preheater which will give the required performance.

2. Data

a. Hot Fluid - Shell Side. 16,000 lbs/hr alcohol vapors:

Inlet temperature 165 °p

Condensing temperature 165 OF

Latent heat of vaporization 522 Btu/1b

Density at 165°F 48.6  1b/ft3 (approx.)
Specific heat at 165CF 0.76 Btu/1b x OF
Viscosity at 165°F 0.45 c.p.

Thermal conductivity 3:885 %Eé;ﬁrxxh§t2 x OF/ft.

b. Cold Fluid - Tube Side. 15,000 1bs/hr of vapor with 13,000 1b/hr
alcohol and 2,000 1b/hr oleic acid:

Inlet temperature _ 8.4 °F
Outlet temperature 150 °p
Average temperature 11k Op
Specific heat at 11LOF 0.64 Btu/1b x OF
Density at 11L4OF 52.4  1pv/fts
Viscosity at 114°F 0.87 c.pr.

2.11 1b/ft x hr

Thermal conductivity at 114°F (assumed)y 73 Btu/hr x sq £t x OF/ft.
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3. Solution

a. Duty.
Q = wepat = (15,000)(0.64)(71.6) = 687,500 Btu/hr .
Latent heat of condensation of alcohol = 522 Btu/lb
.. Alcohol vapor condensed = §§Z%g§9 = 1315 1bs/hr .

b. IMID.
165°F —— 165 OF
150%F —0 _78.4°F
15 °r 86.6°F .

Therefore, o - 86.6-15  _ 716 _ Lon

2.3 log 8§é6 (2.3)(0.761)

For IMID correction, we need,

Ty -Tp _ 165 -165 _ g
te - t1 150 - 78.4

Ry =
Therefore, for Ry = O, correction factor approaches unity as observed from Figure 2,
Part V. Therefore, corrected IMID is the same as calculated IMID.

c. Assumed Unit. Assume an overall coefficient of 100 Btu/hr x ft2 x OF.
Then, heat transfer surface

A = Q8 _ 687,500  _ 148 gt2 |
U Aty 41 x 100

Try a unit with 3/4 in. OD, 16 BWG tubes of 16 ft length and square pitch
employing six tube passes and a full floating head. Surface area per foot of tube
= 0.1963 sq ft/ft (Table II, Part V).

168 54 .

No. of tubes = — =7~
0.1963 x 16

From Tables IV, Section 4 of Part V, for six tube passes 52 tubes are required for
10 in. diameter shell and 76 tubes are required for 12 in. diameter shell. There-
fore, shell diameter will be 12 in. Since six u1ube passes have been chosen, the
same number of tubes must be used in each pass; if 12 tubes are used in each pass,
the required number of tubes will be T72.

J. Total transfer surface = 72 x 16 x 0.1963 = 226 ft2 .

d. Mass Rates. 1. Tube Side: Since six tube passes are used all of the
fluid passes through 12 tubes. The curves for determining the tube side pressure
drop and heat transfer coefficients are based on the tube side mass flow rate as 1bs
per tube per hour, the rate is:
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12,000 _ 1250 1b/tube x hr .

Gp =
1i. Shell Side: Only 1350 lbs/hr of alcohol vapor is condensed.

Therefore, an average mass flow rate is calculated.

Entrance flow rate + Exit flow rate
2

Average flow rate = Wy, =

16,000 + (16,000 - 1,550) _ 15 3p5 1p/nr.
2

Shell side mass velocity in cross flow is:

Gy = Woy

free area of cross section

where free area of cross section is the difference between shell and total out-
side tubular cross sections.

. Gy = 15,525 = 27,200 1
[ﬁx (12 (o.hh1)(72)} hr x ft2
N 1k
o - ZLO% 1b
3,600 ft2 x sec

e. Calculated Transfer Rates. 1. Shell Side: For heat tr§nsfer rate
'h.' of condensing vapors, Figure 55, Part V is a plot of h against 4[ﬁ/u: such

that
n - e (/600 .
Avg wt of vapor condensing per tube = 015 _ 183 __1bs
T2 hr x tube
Then,
- 18.3 _ 8.5 . g3 __1b
7D R (0.0625) ft x hr

From Figure 35, h = 0.247,

hC = 0. 2""7 = D 17 Btu
(1.09)2 1/3 hr x ft2 x OF
(0.093)3 (48.6)2 (4.18 x 10 )8

ii. Tube Side: Using properties evaluated at an average temperature of
114°F and Figure 19, Part V, the tube side film coefficient is calculated. Assume
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a wall temperature of 155°F, a8 little less than mean between average hot and cold
fluid temperatures.
1b
= 0.70C.P.= 1.69 —— __ .
Hwq 3507 roc.p 9 £t x hr

DGt _ (0.0516)(596,000) _ 1y 570 .
" 2.11

Reynold's number, Re =

From Figure 19, Part V,

3, = EL(Q@E)Z/S/EK>' = 0.00393
Ch6/\ X \ '
- (0.00393)(0.64)(596,000) _ 201 Btu
[(o.6h)(2.11) 2/3 [1.69]0-14 hr x ft2 x °F
0.11 2.11

Check on wall temperature.

From the resistance concept, for any given flow of heat, the tempera-
ture drop through an object is directly proportional to the thermal resistance,

or
NG Dby + Do + Dt + ..

Q
R Ri1 + Ro + Rg + .1,
R = 1/h for films and R = L/k for solids ,
R . = —— = 0.00460
condensing = §i7 = . ’

_0.0054
Rigbe wall = —pp— = 0.00021 ,

Repiuia = _2..%_1 = 0.033h4k4 ,

Rtotal = 0-00825 ’

At

(o]
o 410F

The temperature at the inside tube wall is due to the temperature drop
caused by the combined resistances of the condensate film and tube wall, or

R. + Ry = 0.0046 + 0.00021 = 0.00481 .
This resistance caused a temperature drop = (165 - tw)

41 165 - by

0.00825 0.00481
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or
by = 165 — 41 x 0.00481 _ 111 |
0.00825

Because the viscosity of alcohol-oleic acid mixture at 141°F approaches that at
135°F a small change in h at the tube side would result from a new calculation

using a new value for p,. Further, the value of (u/py)°:** is 0.99 and it is

obvious no significant difference in the value of h{ is noted by using correct

wall temperature.

clean hy = 291 Btu/hr x ft2 x OF .

Using a fouling factor = 0.001, we get,

_ (1000)(291) _ 2 4 O
htf = T = 225 Btu/hr x ft2 x OF .

f. Overall Transfer Coefficient (Fouled).

Up = ﬁgéé%égill = 110 Btu/hr x ft2 x OF ,

The proposed exchanger has a transfer surface of 226 sq ft. At the required heat
load the overall transfer coefficient must be at least

- 8 681500 gh o pru/nr x £t2 x OF .
A Aty (226) (k1)
We note that by employing Up = 110 we have a safety factor of 110/74.2 = 1.48

which is reasonable.

g. Pressure Drop. 1. ©Shell Side: The pressure drop caused by uncon-
densed alcohol vapors flowing through the shell-side of the condenser may be
treated the same as flow through an annular space.

1. Wetted Perimeter

Perimeter of shell = nxDgy = =(1) = 3.141 ft ,
Perimeter of tubes = 1122519;121 1.697 ft ,
1hk
Total wetted perimeter = 3141 + 1.697 = L4.838 ft .

2. TFree Area of Cross Section

= cross section of shell - total tubular cross section

= 0.7854 _ (O.MM1)(T2) _ (5650 42 |
14k

Hydraulic radius =

0.5650 _ (.1168 ft .



Equivalent diameter = D, = (4)(0.1168) = 0.4675 ft .
3. Properties of Alcohol Vapor at 165°F
Viscosity 0.0105 C.P.
3
Density 0.105 1b/ft3.
Re = DeG _ (0.4675)(27200) 501,000 .
U 0.025k4
From Figure 65
f = 0.001
ap, - fX G2 x Dy x (N + 1)
dxgxpxDaxf
(0-001)(27;200)(1)(1) = 0.018 lb/in.2
(2)(4.17 x 108)(0.105)(0.4675)
assuming § = 1.
ii. Tube Side:
AP, = PRXL,.gp C
¢ 10 ° s x B

From Figure 59 we get, P, B, and C

ap, = £0:35)06)(6) 4 0.7 (L (1.03) =
10 \ 84/
k. Summary of Exchanger Design
Specifications (2321§lgige)
Material Alcohol Vapor
Inlet Temperature 165°F
Outlet Temperature 165°F

Duty 687,500 Btu/hr
IMTD 41°F
U-Clean

Fouling Factor
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4.96 1bs/in.2 or 5 psi.

Cold Fluid
(Tube Side)

Alcohol-0Oleic Acid Mixture
78 .4°F

150 °F
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AP . Hot Fluid Cold Fluid
Specifications

(Shell Side) (Tube Side)
U-Fouled 110 Btu/(hr) (£t2)(°F)
U-Required 4.2 Btu/(hr)(£t2)(°F)
No. of passes/unit 1 6
No. of Units 1
Surface Unit 226 ft2
Total Surface 226 ft2
Shell Size 12" 0D
Shell Type Expansion Joint, Fixed Head
No. of tubes/unit e
Total No. of Tubes T2
Tube Length 16 ft
Tube Size 3/4" OD 16 BWG
Tube Pitch 1" square
Barfles 1
Pressure Drop negligible 5 psi

Special Modifications

Problem No. 5 - Condensing a Vapor Mixture Containing a Noncondensable Gas--An
Example of Liquid to Vapor, Liquid to Condensing Vapor, and
Liquid to Liquid Heat Transfer

1. Statement of the Problem

In the design of an oil extraction plant it is required to condense the
vapors vented from various equipment throughout the plant. These vapors consist
of a mixture of air, hexane, and water. Cooling water is availsble at 60°F.

The following information is available as to the quantities of material
entering the condenser:

Water
from stripper condenser at 130°F 2.7 lb/hr
from deoderizer condenser at 1320F 60.0 1b/hr
from extractor at 115°F 34.2 1b/hr
Total Hs0 96.9 1b/hr
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Hexane

from stripper condenser at 130CF 57.9 lb/hr
from deoderizer condenser at 132°F 914.0 1b/hr
from extractor at 115°F 1252.0 lb/hr

Total Hexane 2225.9 1b/hr

Air

from stripper condenser at 130°F 5.0 lb/hr
from deoderizer condenser at 132°F 208.0 1b/hr
from extractor at 115CF 342.0 1b/hr

Total Air 555.0 1o/hr .

a. Given Data.

Cooling Water

temperature rise allowed 10°F

inlet temperature 60CF

outlet temperature TO°F

average temperature 65°F

viscosity at 650F 2.5 C.P.

thermal conductivity at 65°F  0.347 Btu/(hr)(ft2)(°F/ft)
specific heat 1.0 Btu/(1b)(OF) .

b. Calculated Data. i. Temperature of Vapor to Condenser: By in-
specting the quantities of vapor entering the condenser it is evident that the
temperature of the mixture will be at some value t 'in between 115°F and 130°F.
It is assumed that the vapors are mixed completely before they enter the con-
denser. Thus, the vapors warmer than the temperature of the mixture will give
up heat to the vapors cooler than the mixture.

1. Heat ILost in Cooling Vapors to t

( 2.7)(23%30 - t)(.46) = 161.5 - ( 1.24)t
( 60.0)(132 - t)(.46) = 3,643.0 - ( 27.60)t
( 57.9)(230 - t)(.4k0) = 3,010.0 - ( 23.16)t
(914.0)(132 - t)(.40) = 48,259.0 - (365.6 )t
( 5.0)(130 - t)(.24) = 156.0 - ( 1.2 )t
(208.0)(13%32 - t)(.24) = 6,859.0 - ( 49.9 )t
61,818.5 - (L68.7 )t (i)
2. Heat Gained in Heating Vapors to t
( 34.2)(t - 115)(.46) = {( 15.73)t - 1,808
(252.0)(t - 115)(.k0) = (100.8 )t - 11,59
(342.0)(t - 115)(.2%) = ( 82.1 )t - 9,4k
(198.6 )t - 22,841 . (ii)

Since the amount of heat lost by the cooled vapors equals the amount of
heat gained by the warmed vapors on equating (i) and (ii) above,

61,818 - 469t = 199t - 22,841 ,
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668t = 84,659,
.t = 1279F .

ii. Composition of Vapors Entering at 1270F, 760 mm:

Component lb/hr mols/hr mol fraction
water vapor 9.9 5.38 0.1069
hexane vapor 2223.9 25.8 0.5128
air 555.0 19.13 0.3803

Total 2075.8 50.51 1.0000 .

iii. Calculation of Dew Point: Partial pressure of water vapor =
(0.1069)(760) = 81.2 mm Hg. The dew point for water vapor therefore is the tem-
perature at which water has a vapor pressure of 81.2 mm Hg. This value is 114OF
from Figure IV-1.

Partial pressure hexane vapor at 114°F = (0.5128)(760) = 390 mm Hg.
The dew point for hexane vapor, therefore, is the temperature at which hexane
has a vapor pressure of 390 mm Hg. This value is also 114OF. This mixture,
therefore, is azeotropic and has a dew point of 114OF (Figure IV-1).

iv. Composition of Streams leaving Condenser at 65°F: Partial pres-
sure of azeotrope at 650F = 140 mm Hg. Therefore, the partial pressure of air--
760 - 140 = 620 mm Hg, and since there are 19.13 mols of air, the total mols of
vapor leaving condenser will be

(19%2())(76@ = 23.4) mols hr .

Therefore, the quartity of azeotrope in the vapor leaving condenser is
23,44 - 19.13 = 4.31 mols/hr .
1. Composition of Azeotrope in Vapor
Partial pressure of water vapor at 65°F = 16.3 mm Hg. Therefore, mols
of water vapor in azeotrope = (16.3)(4.31)/140 = 0.5018 mols/hr of water vapor
or (0.5018)(18) = 9.03 1b/hr water vapor.
mols of hexane vapor = L4.31 - 0.5018 = 3.808 mols hexane vapor

or (3.808)(86.17) = 328 1b/hr hexane vapor.

2. Quantity of Hexane and Water Leaving Condenser as Condensate
Water

96.9 - 9.03 = 87.87 1b/hr .
Hexane:

223.9 - 328 = 1896 1b/hr .
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v. Summary of Calculated Data, Hot Fluid (Tube Side):

Material In 1b/hr
Hz0 9.9
Hexane 2223.9
Ar 555

Total 2875.8

1. Condensing Curve

For heat transfer calculations of condensing vapors it .is always neces-
sary to divide the heat exchanger into zones of different degrees of condensation,
as condensation will not be uniform throughout. In this particular case the heat
exchanger is divided in four zones. For better results and where expediency
needs it, it is advisable to take smaller zones.

The first zone 1s for cooling the incoming vapors from their entrance
temperature to that of the dew point (114OF). The second zone is for cooling va-
pors, condensing and cooling the condensate, as are the third and fourth zones.
In the zones where vapor cooling, condensing and condensate cooling takes place
simultaneously, it is assumed that half of the total quantity of vapor that con-
denses is cooled in liquid state and half in the vapor state. Temperature drops
of each zone are assumed to be as under

Zone Inlet Qutlet
No. Temperature Temperature Service
1 127°F 114°F Vapor Cooling
2 114°F 100°F Cooling and Condensing
b) 100°F 8ooF Cooling and Condensing
80°F 60°F Cooling and Condensing.

For plotting a condensing curve the percent condensation in zones 2 and 3 have to
be calculated.

a. at 100°F
Vapor pressure of azeotrope = 340 mm Hg. Therefore, the mol fraction
of azeotrope in vapor will be 340/760 = 0.447 and mols of azeotrope in vapor will
be (0.447)(19.13)/(0.554) = 15.43 mols/hr.

Vapor pressure of hexane = 281 mm Hg.

Therefore, mols of hexane in vapor will be (281)(15.43)/(340) = 12.75 mols/hr and
mols of water in vapor will be 15.43 - 12.75 = 2.68 mols/hr.

Pounds of water in vapor = (2.68)(18) = 48.24 1b/hr and pounds of hexane
in vapor = (12.75)(86.17) = 1099 1b/hr.
b. at 80°F
Vapor pressure of azeotrope = 204 mm Hg.
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Mol fraction of azeotrope in vapor = 204~ 0.068) .
760
Mols per hour of azeotrope (0'268A)(l9'15) = T7.02 mol/hr .
0.7316
Vapor pressure of hexane = 177 mm Hg .
Mol fraction of hexane in azeotrope = }Z% = 0.8676 .
20
Mols per hour of hexane in vapor = (.8676)(7.02) = 6.09 mols/hr .
Mols per hour of water in vapor = 7.02 - 6.09 = 0.93 mols/hr .
Pounds water in vapor = (0.93)(18) = 16.74% 1b/hr .
Pounds hexane in vapor = (6.09)(86.17) = 525 1b/hr .

A condensing curve is shown in Figure IV-2, page 75.

2. Duty: Duty is calculated for each zone

a. Zone 1 - Vapor cooling from 127°F to 114°F, At = 13°F
Ho0 - (96.9)(0.5)(13) = 640 Btu/hr
Hexane - (2223.9)(0.4)(13) = 11,564 Btu/hr
AMr - (555)(0.25)(13) = 1,803 Btu/hr
Total 14,007 Btu/hr .
b. Zone 2 - Vapor cooling from 114°F to 100°F, At = 14°F
Amount of water condensed = 96.9 - 48.24
=  L48.66 1v/hr
Amount of hexane condensed 2223.9 - 1099

1124.9 1b/hr .

(i) Condensing

Hs0 (48.66)(1033) = 50,265 Btu/hr
Hexane (1124.9)(153.2) = 172,33k Btu/hr
222,599 Btu/hr .
(ii) Vapor cooling
H-0 (72.6)(0.5)(14) = 508  Btu/hr
Hexane (1661.4)(0.4)(14) = 9,303 Btu/hr
Mr (555 )(0.25)(1k) = 1,942.5 Btu/hr

11,753.5 Btu/hr .
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(i1i) Idquid cooling

):0) (26.33) (1) (14) 340.0 Btu/hr
Hexane (562.4)(0.625)(14) = 4921.0 Btu/hr
5261.0 Btu/hr .

c. Zone 3 - Vapor cooling from 100°F to 80°F, At = 20°F

i

48.24 - 16.7h

Amount of water condensed

31.50 1b/hr .

1099 - 525
574 1b/hr .

Amount of hexane condensed

(i) Condensing

Ho0 (31.49)(1042.9)

) ( 32,841 Btu/hr
Hexane (574)(157.2)

90,233 Btu/hr
123,07k Btu/hr .

I

(i1) Vapor cooling

325 Btu/hr
6496 Btu/hr
2775 Btu/hr
9596 Btu/hr .

Ho0  (32.49)(20)(.5)
Hexane (812)(20)(.4

)
Mr  (555)(20)(.25)

(11i) Iiquid cooling

Hs0 (64.50)(20) (1)
Hexane (1411.9)(20)(.625)

1,290 Btu/hr
17,648 Btu/hr
18,938 Btu/hr .

d. Zone 4 - Vapor cooling from 80°F to 65°F, At = 15OF
(1) Condensing
7,633 Btu/hr

31,480 Btu/hr
59,115 Btu/hr .

H20 (7.27)(1050)
Hexane (197)(159.8)

(i1) Vapor cooling

Ho0  (12.89)(15)(.5) = 97 Btu/hr
Hexane (426.5)(15)(.4) = 2559 Btu/hr
Air  (555.0)(15)(.25) =

2081 Btu/hr
757 Btu/hr .

1,260 Btu/hr
16,711 Btu/hr
17,971 Btu/hr .

(iii) Iiquid cooling

H20  (84)(1)(15)
Hexane (1797)(.62)(15)

W

76



e. Summary

(1) Zone 1 14,007 Btu/hr
(ii) Zone 2
Condensing 222,599

Vapor cooling 11,753
Liquid cooling 5,261
Total 239,615 Btu/hr

(iii) Zone 3
Condensing 123,07k
Vapor cooling 9,596
Liquid cooling 18,938
Total 151,608 Btu/hr
(iv) Zone 4
Condensing 39,113
Vapor cooling 4,737
Liquid cooling 17,971
Total 61,821 Btu/hr.
Total heat load for 4 zones = 467,049 Btu/hr .

Required cooling water

Wo= Qo _467,089 _ g 705 1v/hr .
Cpit (10)(1.0)

3. IMTD
a. Calculation of temperature drop of cooling water in each zone
In order to get the IMID over each zone, the temperature drop of the
cooling water in each zone must be determined. It is assumed that the tempera-

ture drop over any given zone is proportional to the heat load of that zone. The
total At is 10Q°F.

(1) Zone 1
At (1) = 007 (10) _ 4 s0p
467,049
(ii) Zone 2

At (2) = 239,613 (10) . 5.13% .
467,049

(ii1) Zone 3

M (3) = (151,608) (10) _ 3. 04% .
467,049
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(iv) Zone 4

At (B)

(61,821)(10)

1.325°F ,

L67,049

b. Calculation of IMID

«zone 1 o « zone 2 —

for each zone

|

< zone 3 - « zone 4

»h 5 117 -»100 - — 580 565
70 o 69.7 « - - 64,5 - 61.3 - 60
5k 473 35.5 18.7 s
Zone 1
IMI‘D 5)4' - )"'7'3 6.7 6.7 — 500F .
2.3 log 45“ 2.3 log 1.14k (2.3)
Zone 2
IMID = h7.3 - 25.5 _ 11.8 _ 11.8 ~ 11% |
ej:mg—Lé 2.3 log 1.329 (2.3)(0.124)
35.5
Zone 3
LMD 35.5 - 18.7 _ 16.8 _ 16.8 _ 26.0% .
2.3 log 55:5 2.3 log (1.898) (2.3)(.278)
18.7
Zone 4
TMID 18.7-5 1.7 D7 - 10.5F .
2.3 log 18.7 2.3 log 3.7k (2.3)(.573)
5
Overall IMTD
— Sh -5 k9 - Y - 20.6F .
2.3 log %? 2.3 log 10.8 (2.3)(1.034)
4, Trial No. 1

a.

Estimated overall transfer coefficient

Because there is a considerable amount of noncondensable gas in the mix-
ture, the overall coefficient may be small. Assume overall U = 20 Btu/(hr)(ft2)(°F)

b. BEstimated surface
_EQZLQEQ__ 1,12 f
% (20)(20.6) H12T sq Tt
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using 3/4 in. OD, 16 BWG tubes of 12 ft length on 15/16 in. A pitch the number
of tubes required = 1127/(12 x 0.1963) = 480.

c. Assumed unit

Table III, Section (5), Part V for shell size of 22 in. OD gives a
single pass unit as under:

Tube size 3/4 in. 16 BWG

Tube number 433

Tube total area 1020 ft2

Shell size 22 in. 0D

Shell pass 1

Shell type fixed tube sheet with expansion Jjoint.
Baffles 5 in. pitch cut 9 rows past centerline.

d. Mass flow rate
1. Shell side
(i) Cross flow

The free area for this condenser is determined from Figure 39. This
curve gives a value of 4.8 in per inch of baffle pitch.

_ (6,705)(04) oo 2Y(sec) .
Gy (.8)(5) 77.84% 1b/(£t2)(sec)

(11) Longitudinal flow

From Figure 535 the free area is 20.0 sq in.
(46,705) (.04)

G
L 20

93.4 1b/ft2)(sec) .

2. Tube side

(1) Condensate mass velocity

roo (1s8n)(2)
n (0.75)(433)

23.33 1b/(hr)(ft)

or i&%%%l = 4.58 1b/(tube)(hr) .

(1i) Vapor mass velocity

Zone 1

From the condensation curve it is determined that no material is con-
densed in this zone.
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6, - (2916)(M4)  _ 3168 11/(nr)(£t2)
(433)(.3019)
or 68
3168 _ %) (sec) .
S50 C 0.88 1b/(£t7)(sec)

Zone 2

For the gas flow rate in each zone assume the flow rate as being the
average of the total amount of vapor entering and the total amount leaving that
zone.

2876 + 169
2

W = 2286 1b/hr .

_ (2086)(.0)
Y2 (433)(.3019)

0.699 1b/(ft%)(sec) .

Zone 3
w = 1696 + 1099 _ 1396 1p/hr .
2
(1396)(.04)
Gy . = = 0.427 1b/(£ft2)(sec) .
b2 T (433)(.3019)
Zone 4
w - 1099 + 898 998 1b/hr .
o
Gy, = (998)(.04) = 0.305 1b/(ft2)(sec).

(443)(.3019)

e. Calculation of transfer coefficients

1. Shell side

(i) Cross flow

From Figure 9

h, = (175)(1.2)(2.6)(1) = 546 Btu/(hr)(£+%)(°F).

Using a fouling factor of 0.8
hee = (546)(.8) = U437 Btu/(hr)(£t2)(OF).
(ii) Iongitudinal flow

From Figure 14

hy = (360)(1) = Btu/ (hr)(£t2) (°F).
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Using a fouling factor of 0.8
hip = (360)(0.8) = 288 Btu/(hr)(ft2)(°F)

(11i) Average of cross and longitudinal flow

hoe = &éz_g_2§§ = 362 Btu/(hr)(£t2)(°F)

sf

2. Tube side

Zone 1

(i) Vapor cooling
From Figure 22
hy, = (14.7)(.3646)(.826)(1.1) = k.9.
Using a fouling factor of .8
hye = (4.9)(.8) = 3.9 Btu/(hr)(£ft2)(°F).
(11i) Vapor condensation
From Figure 34
h, = (280)(1)(1.0)(.9) = 252 Btu/(hr)(£t2)(°F).
Using a fouling factor of .8
hoe = (252)(.8) = 202 Btu/(hr)(ft2)(°F) .
(1i1) Liquid cooling

From Equation 41, Part III, a value can be estimated.
hy = 120 [ % = (120)(2.86) = 343 Btu/(hr)(£t2)(°F) .

Using a fouling factor of .8
hrp (343)(.8) = 274 Btu/(hr)(£2)(°F).

Zone 2

(i) Vapor cooling
From Figure 22

hy = (12)(.3646)(.826)(1.1) = 3.97 Btu/(hr)(£t2)(°F) .
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Use a fouling factor of .8
h,e = (3.97)(.8) = 3.17 Btu/(hr)(£t2)(°F) .
(i1) Condensing and 1liquid cooling

Because these values are estimated from average conditions over the
exchanger, they will be the same for each zone.

202 Btu/ (hr) (££2)(°F)

i

hcf
274 Btu/ (hr)(£t%) (°F) .

hre
Zone 3

(1) Vapor cooling
h, = (8)(.364)(.826)(1.1) = 2.65 .
Use a fouling factor of .8
h,e = (2.65)(.8) = 2.12 Btu/(hr)(£t%)(°F) .
(11i) Condensing and liquid cooling
202 Btu/(hr)(£t2)(°F)

274 Btu/ (hr) (££7) (°F).

her

Bre

Zone 4

(1) Vapor cooling
h, = (6)(.3646)(.826)(1.1) = 1.98 .
Use a fouling factor of .8
hye = (1.98)(.8) = 1.58 Btu/(nr)(£t2)(°F) .
(11) Condensing and liquid cooling

h 202 Btu/ (hr) (£t2)(°F)

cf

1

hre 274 Btu/ (hr) (££2) (°F) .

(1i1) Overall coefficients

Zone 1

(a) Vapor cooling

(U,); = (362)(3.9) = 3.85 Btu/(nr)(£t2)(°F)
365.9



(b) Condensing

(Up)1 = (362)(202) . 130 Btu/(hr) (£t2)(°F)
564

(¢) ILiquid cooling

(up)y = (362)(2T4) _ 156 Btu/(nr)(£2)(0F) .
636

Zone 2

(a) Vapor cooling

(Uy)s = 1362)(3.17) _ = q) Btu/ (hr) (£t2) (°F) .
365.17

(b) Condensing and liquid cooling

These values are the same for each zone.

(Us)2 = 130 Btu/(nr)(£t2)(°F)
(U)2 = 156 Btu/(hr)(£t2)(°F) .
Zone 3

(a) Vapor cooling

(Uy)s = ﬁéé%%éﬁiéél = 2.10 Btu/(hr)(ft2)(°F) .

(b) Condensing and liquid cooling

(Uo)s = 130 Btu/(br)(£t2)(°F)
(Up)s = 156 Btu/(hr)(££2) (°F).
Zone 4

(a) Vapor cooling

(Uy)s = (362)(1.58) _ 1.57 Btu/ (hr)(££2) (°F) .
363.58

(b) Condensing and 1iquid cooling
(Ue)a 130 Btu/ (hr) (£t2) (°F)

(UL)4

156 Btu/(hr)(ft2)(°F).
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f. Calculation of required tube surface area
1. Zone 1
(1) Vapor cooling

(o)1 = __T3%6 - 38.2 ft2 .
(50)(3.85)

2. Zone 2
(1) Vapor cooling

(Ay)s = — 302 11101 £e2
(41)(3.14)

(11) Condensing

_ 222,599 _ >
(Ac)2 = —__—-—(41)(130) 41.8 ft2 .

(111) Liquid cooling

() = 6388 - 1,072,
(k1) (156)

3., Zone 3

(1) Vapor cooling

9.596
A = 22270 0 = 174k £t2 .,
( V)s (26.2)(2.1) T

(11) Condensing

(A)s = _123,07h 36.1 f£2 .
(26.2)(130)

(1i1) Iiquid cooling

(Ar)s = 18938  _ g2,
L)s (26.2)(156)

L, Zone 4

(1) Vapor cooling

(A)s = 4137 = 290.0 £t2 .
(10.4)(1.57)

(i1) Condensing

- %115 | o800 2 .
(b ) (10.4)(130) %

8h



(111) Liquid cooling

17,971 _ 2
A ), = —E0ITY o170 pe2
(8)s (10.4) (156)

5. Total tube area required

Zone 1
Vapor cooling 38.2 ft2
Zone 2
Vapor cooling 111.1 ft2
Condensing 41.8 rt2
Iiquid cooling 1.0 ft2
Zone 3
Vapor cooling 1744 £t2
Condensing 36.1 £t2
Iiquid cooling 4.6 £t2
Zone 4
Vapor cooling 290.9 ft=2
Condensing 28.9 ft2
Iiquid cooling 11.1 ft2

Total area 738.2 ft2.

6. Safety factor

S.F. = 1020 _ 1.38 .

738.2

This condenser has a safety factor of 1.38, but since this unit is a
vent condenser the excess tube area is desirable.

g. Pressure drops

1. tube side

Woye = 2876 + 898 _ g7 1b/hr

2

or __(1887)(.0k) _ 2
G e = 053)(.3019) = 0.577 1b/(£t2)(hr) .

From Figure 61

APy = (0.0033)(12)(1.51)(1.58) = 0.09% 1b/in.®

Call pressure drop 0.2 psl to include box loss.
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2. Shell side

(a) From Figure 67 cross flow--use a safety factor 2.2

(0.82)(2.8)(2.2)

AP, I = 5.043 1b/in.2
(b) Longitudinal flow
From Figure 69
AP, = 1;952%£§§l 0.53 1b/in.2

(c) Total shell side pressure drop

Longitudinal 5.043
Cross .53
Total 5.575 1b/in.?

Summary of Exchanger Design

Hot Fluid Cold Fluid
Specifications (Tube Side) (Shell Side)
Material hexane vapor, water vapor, cooling water

Inlet temperature
Outlet temperature
Duty

IMTD

U-Clean

Fouling Factor
U-Fouled
U-Required

No. of passes/unit
No. of units
Surface/unit
Total surface
Shell size

Shell type

No. of tubes/unit
Total number of tubes
Tube length

Tube size

Tube pitch

Baffles

Pressure drop
Special modifications

air
127F
65°F
467,049 Btu/hr
20.6°F
30.5 Btu/hr x ft2 x OF
0.8

22 Btu/ft2 x hr x °F

1

1

1029 sq ft

1029 sq ft

22 in. OD

Expansion joint, fixed
tube sheet

5 in. pitch, cut 9 rows
past Ci
0.2 psi

60°F
70°F

0.8

433
433
12 ft
3/4 in. OD, 16 BWG
15/16 in triangular V
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Problem No. 4 - Design of a Falling Film Evaporator

1l. Statement of the Problem

It is required to evaporate 1800 1lbs/hr of 22.5% A1(NOs)s solution to
a concentration of 30%. This evaporation is to be carried out in a falling film
type evaporator. Steam is available at pressures up to 40 psig. The feed stream
is to enter the evaporator at T5°F.

Information on the evaporation of A1(NOs)s in a falling film evaporator
was determined by running solutions of A1(NOs)s through a small test unit. This
evaporator contained three one-inch, 0D, 16 BWG condenser tubes, 8 feet long.

These tests indicate that the best overall results are obtained when
the steam pressure in the jacket is 10 psig. At this steam pressure, and at
feed rates of 30 1b/hr/tube of 22.5% A1(NOg)s, overall heat transfer coefficients
of 200 Btu/hr/ft2/OF are obtained. The concentrated product leaves the evapora-
tor tubes at a temperature of 2250F.

2. Glven Data

a. Cold Fluid - Tube Side.

A1(NO3 )5 feed rate 1800 1b/hr
Inlet temperature 75°F
A1(NO3 )5 composition (inlet) 22.5%

A1 (NOgz)s composition (outlet) 30.0%
Outlet temperature 2250F
Boiling point at feed composition 2180F
Specific heat 0.75 Btu/(1b)(°F)
Density 75 1bs/ft3,

b. Hot Fluid (Steam) - Shell Side.

Shell Side Pressure 10 psig
Temperature 24QCF
Latent heat of vaporization 950 Btu/lb .

3. Solution

a., Heat Ioad. 1. Preheating Section: Amount of heat required = W Cp

At = (1800)(0.75)(218 - 75) = 193,050 Btu/hr.

ii. Evaporating Section: Amount of 30% A1(NOs)s produced

_ (1800)(.225)
0.3

= 1350 lbs/hr .

Therefore,
Amount of water evaporated = 1800 - 1350 = U450 lbs/hr .
Quantity of heat required = (450)(950) = L27,500 Btu/hr .
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b. Calculated IMID. i. Feed Preheating:

240CF «—— 24OCF
2180F 5 T5°F

220F 1650F .
Therefore,
oo - 165 - 226 _ 143 - T1°F
2.3 log 2535 (2.3)(.875)

ii. Evaporating Section:

2UOOF «—— 5 24OOF
2250F 5 218°F
150F 200F

IMID = 22 - 1522 - I - 18°F
2.3 log 1= (2.3)(.164)

c. Calculated Unit. Since an overall heat transfer coefficient was
obtained from the test run, the coefficient as given is used with the appropri-
ate IMID for the boiling section and the preheating section in calculating the
required transfer surface.

i. Surface Required for Feed Preheating:

A o= 19,050 _ 136 pra
(71)(200)
ii. Surface Required for Evaporation:
A = HRT,500 | 98 7 g2
(18)(200)

iii. Total Surface Required:

Preheating section 13.6
Evaporation section 118.7

Total 132.3 ft2 .

iv. Calculation of the Number of Tubes: Use 1 in. OD, BWG 16 conden-
ser tubes. Since the optimum evaporation rate occurred at a feed rate of 30
1b/(hr)(tube), this figure is used as a basis for design.

No. of tubes = -cotal flow —_ 1800 _ ¢4 tives .

flow rate/tube 30
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Choose a shell size of 12 inches, with 1 in. 0D, tubes on a l-l/h in.
triangular pitch. The unit is a one-pass, fixed-tube sheet exchanger. The tube
sheet layout table, Section (2), Table III, Part V, shows 68 tubes in this size
shell. This unit would be satisfactory.

v. Calculation of Tube Lengths:

Surface area for 1 in. 0.D., 16 BWG tube = 0.228 ft2/ft (Table II,
Part V).

Tength of tubes required = 132'2 - 580 £t .

@]
ny
n

Length of each tube = =< = 8.52 ft long .

Choose a tube length of 12 feet, since this is the closest standard tube length
avallable.

vi. Calculation of Vapor Velocity in Tubes: Since 7.5 1b per hour of
water are evaporated per tube, the maximum vapor velocity obtained per tube is

(26)(7.5)(14%)

W = 13.12 ft/sec .

This velocity is much less than the allowable velocity of 30 feet per second.

vii. Feed Distribution: The feed distribution system is to be made
as follows:

1. A distributor plate is to be mounted parallel to,
and 3/4 inches above the tube sheet.

2. Holes are to be drilled in the distributor plate
so that their centers will be directly above the
corners of the hexagonal pattern around each tube.
This will allow the feed to be distributed to
each tube from six points.

3. Depth of feed on distributor plate is to be greater
than 1/4 inch.

viii. Calculation of Hole Size for Holes on Distributor Plate: Hole

pattern shows that there are six distributor holes for each tube. Therefore,
the number of distributor holes 1is

(6)(68) = 408 holes.

Since the amount of feed to the distributor is 1800 1b per hour, each
hole on the distributor 1s fed at the rate

- 1800 55410 1b/sec .

(408)(3600)
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Dodge,61 suggests that the discharge coefficient for a sharp-edged
orifice discharging liquid into a gas space should be approximately 0.6. Since
it 1is 1mperative that the liquid level on the distributor plate remain at least
1/4 inch, a coefficient of 0.8 is used. This is a conservative assumption.

The equation for an orifice is

2 MHO?

= CO as —.__-.._:_5_._
- (5

Dy

Since the value of (Do/Dt)4 in this case is very small, the equation

W = CO ag p\lggA_ﬁ'

becomes,

which can be rearranged to give

W

a-s '———'—_———'_g" .
Co pN2g AH

The area required in order to discharge the correct amount of feed is
now calculated.

-3
ag = 1.2 x 10 = 1.7% x 1075 £t .

(0.8)(75) ¥ (6%)(0.0208)

8,2 = hag . (LT3 x107%)(4) | o5 06 x 1076 .

7

Therefore, the required hole size is
d, = 4.7x10"% ft .

or
d, = (%.7x 10°%)(12) = 0.047 inches .

Therefore, the distributor plate feed holes are made with a diameter
of 0.1 inch.

1. Pressure drop through tubes

From part (vi) the maximum vapor rate through each tube is 7.5 lbs/hr.
The average vapor rate is

== = 3.5 1b/hr .

or

T%%%%%% = 685 W/ (nr)(et2)
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or

306 - 0.19 1b/(ft2)(sec) .

Assume an average vapor temperature of 220°F. At this temperature
the average viscosity is 0.025 C.P. Figure 61, Part V gives a pressure drop of
0.002 1b/(in.2)(ft). Assume that vapor flows through the entire length of tube,
and that the thickness of the liquid film on the tube wall is negligible.

Pressure drop AP, = (12)(0.002) = 0.024 1b/in.2 .
t

Summary of Exchanger Design

Hot Fluid
Specifications (Shell-Side) Cold Fluid
Material Steam (10 psig) A1(NOg)s solution
Inlet temperature 24 0OF 75°F at 22.5% conc.
Outlet temperature 240CF 2180F at 30.0% conc.
Duty 427,500 Btu/hr

»&Teheating zone T1OF

IMTD 'Evaporating zone 18°F
U-Clean 200 Btu/ (hr) (£t2) (°F)
Fouling factor

U-Fouled

U-Required

No. of passes/unit
No. of units

Surface/unit 132.3 sq ft
Total surface 132.3 sq ft
Shell size ) 12 sq ft

Fixed tube sheet
Shell type {Expansion Joint
No. of tubes/unit ) 68
Total no. of tubes 68
Tube length 12 ft
Tube size 1 in. OD, 16 BWG
Tube pitch 1-1/4% in. triangular
Baffles
Pressure drop 0.024 psi

Special modifications: +tubes are to be groud flush with top tube sheet.

Feed distribution: Feed is to be distributed to the tubes by putting a dis-
tributor plate parallel to and 3/4 in. from the tube
sheet. Distributor plate is to be made from 1/8 in. thick
plate drilled with 408 holes of 0.1 in. diameter. These
holes are to be positioned such that their centers will be
directly above the corners of the hexagonal pattern around
each tube.
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Problem No. 5 - Design of a Thermosyphon Evaporator

1. Statement of Problem

In a pilot plant recovery process, a dilute solution of a mixture of
salts is produced which has a specific gravity of 1.01. It is required to con-
centrate this solution to a specific gravity of 1.350. This solution is pro-
duced at the rate of 235 liters per day. It is required further that a thermo-
syphon evaporator be used.

2. Summary of Given Data

a. Cold Fluid - Tube Side.

Salt solution feed rate 235 liters/day
Inlet temperature T5°F
Outlet temperature (boiling point) 220CF

.00 Btu/(1b)(oF)

-]

Average specific heat (approximate)

Other properties are assumed to be
the same as those of water at 2120F

Concentrated solution outlet rate 6.5 liters/day

b. Hot Fluid (Steam) - Shell Side.

Shell side pressure 35 psig
Temperature 281cF .
3. Solution

a. Heat Ioad. 1. Quantity Evaporated:

(235)(1010) _ 59 .78 1p/nr .

Feed rate
(2k ) (454
Product rate = £0:2)(1350) _ 4 805 1p/nr .
(24 ) (45k)

Amount of water evaporated = 21.78 - 0.805 = 20.97 1b/hr .
ii. Required Sensible Heat:

= (feed) Lt

Cp
= (21.78)(1.00)(220 - 75) = 3158 Btu/hr .
iii. Required Latent Heat:
= (water evaporated)(latent heat/1b)

= (20.97)(970) = 20,350 Btu/hr .



iv. Total Heat Ioad:

Sensible heat 3,158
latent heat 20,350
Total 23,508 Btu/hr .

b. Required Heat Transfer Surface. Since this unit is to be used in
a pilot plant to insure flexibility of operation, the evaporator is designed to
handle twice the above heat load, i.e., 47,000 Btu/hr.

1. Calculation of At: The holdup in this type of evaporator is large
enough so that the temperature of the solution entering the bottom of the tubes
1s practically at the boiling point. Therefore, the temperature of the solution
throughout the tube length is assumed constant.

N = 281 - 220 = 61°F .

ii. Assumed Unit - Trial (1): Assume an overall coefficient of 300
Btu/(hr)(£t2)(°F). The required surface will be

o _BT,000 | 5 s g2
(300) (61)

Use 3/4 in., 10 BWG tubes 4 feet long. The area of 1 foot of tube is
0.1963 square feet. The number of tubes required is

Tji%égérﬂj = 3.2 tubes .

Call 5 tubes.

iii. Calculation of Condensing Steam Coefficient: The quantity of
steam required is
Load _ k7,000

Btu/Ib of steam  ~ 925 50.8 1b/hr .

Since there are five tubes, the quantity of steam condensing on each
tube is

208 16.16 10/ (hr) (tuve) .

Properties of water at 281°F:

Viscosity 0.13 centiposes
Sp Gr 0.927 g/ce
Thermal Conductivity 0.44k Btu/(hr)(£t2) (OF/ft) .

Use Figure 34, Part V, for finding the coefficient. From this figure

h = 250
F,o= 5.6
Fg = 1.k
Fgs =  0.90 .
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and

hy = (250)(5.6)(1.44)(.90) = 1814 Btu/(hr)(£t2)(°F) .
Using a fouling factor of 0.8
hye = (0.8)(1814)
= 1451 Btu/(hr)(£t2) (°F).

iv., Tube Wall Coefficient:

kA 26 x 0.54 o
hy = =¥ = 222 27 - 1265 Btu/(hr)(ft2)("F).
o = b S0:2 5 Bt/ (nr) (£6%) (°F)
38 v. Boiling Coeffilcient: From Figure 171, of McAdam's Heat Transmis-
sion,”” a boiling coefficient of 2,000 is chosen. This is a conservative value,

and is valid for a low recirculation rate in the evaporator.
Using a factor of 0.8 to allow for fouling

h (2,000)(0.8) = 1,600 Btu/(hr)(ft2)(°F).

if =
vi. Overall Transfer Coefficlent:

Up = 1 = 1485 Btu/(hr)(£t2)(°F) .
1,1 .1
1451 1265 1600

This value is much larger than the assumed coefficient; therefore the
size of the Unit is adequate.

c. Design of De-entrainment Section. A de-entrainment factor of 10-6
is required. Robinson and Gilliland,0> give a number of plots which show the
amount of entrainment in bubble plate columns for various plate spacings and
types of liquids and vapors. Since the top of this evaporator is similar to the
top plate of a distillation column, these data should be applicable.

Using a 4-inch layer of crinkle type mesh, 99.9% of any entrained 1liq-
uid is removed, or 0.1% is carried out with the vapor. In order to insure only
one part of liquid to be entrained for every 1,000,000 parts of vapor, an en-
trainment of 0.001 1b liquid/lb of vapor must be realized in the vapor de-entrain-
ment section above the liquid-vapor deflector. From the above data va°-5 equals
0.45, based on an 18-in. plate spacing for steam and water.

From steam tables, p, at atmospheric pressure = 0.0373 1b/ft3, or

Vv = ____QLEQ___ = 2.33 ft/sec .

(0.0373)(5)

Since 20.97 pounds of water are evaporated per hour, the volume of vapor pro-
duced is

(20.97)(26.80) = 562 ft3/hr .
o



The required diameter for the de-entrainment section of the evaporator is

2 - 4 (562)
x (3600)(2.33)

= 0.0852 .

dg = 0.292 ft, or (1.292)(12) = 3.5 in.

To insure an adequate margin of safety, use a 5-inch diameter de-entrainment
section. A liquid-vapor deflector is mounted three inches above the open ends
of the evaporator tubes. The metal crinkle mesh is mounted in the top of the
de-entrainment section, and an 18-inch space 1s provided between it and the
liquid-vapor deflector.

The de-entrainment liquid runs from the de-entrainment section into a
standpipe. The bottom of the standpipe is connected to the bottom of the evap-
orator tubes, and thus the liquid to be evaporated circulates from the stand-
pipe to the less dense .boiling column in the evaporator tubes.

Hot Fluid Cold Fluid
Specifications (Shell side) (Tube Side)
Material Steam at 35 psig Dilute soln.
(spigs 1.01)
Inlet temperature 281°F T5°F
Outlet temperature 281°F 2200F
Duty 23,508 Btu/hr
IMTD 59°F
U-Clean
Fouling factor 0.8 0.8
U-Fouled 397 Btu/(hr)(ft2)(°F)
U-Required
No. of passes/unit 1 1
No. of units 1 1
Surface/unit 53.93 sq ft
Required surface 2.00 sq ft
Shell size 5 in. (?)
Shell type
No. of tubes/unit 5
Total rpumber of tubes 5
Tube length 4 £t
Tube size 3/4 in. 0D, 10 BWG
Tube pitch 1 in. sq
Baffles
Special modifications:
Diameter of de-entrainment section 5 in.
Thickness of metal crinkle mesh 4 in.

Distance between crinkle mess and vapor-liquid deflector 18 in.

Distance between vapor-liquid deflector above top of tubes 3 in.

Entrainment 1 1b liquid/
108 1b of
vapor .
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V. TABLES AND CURVES

Heat Transfer Curves.
Tables.

"Net Free Area" Curves.
"Pressure" Drop Curves.

Proforme Heat Exchanger Specifications Sheet.
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