Modeling and Development of
Compact Onboard Fuel Processors for
PEM Fuel Cell Applications

by

Amit Dhingra

A dissertation submitted in partial fulfilment
of the requirements for the degree of
Doctor of Philosophy
(Mechanical Engineering)
in The University of Michigan
2012

Doctoral Committee:

Professor Hong G. Im, Chair
Professor Katsuo Kurabayashi
Professor Phillip E. Savage
Professor Margaret S. Wooldridge



Amit Dhingra

2012
All Rights Reserved



This dissertation is dedicated to my parents,
Capt. N. L. Dhingra
and
Dr. B. Dhingra
for their everlasting love and support.



Acknowledgements

| am in deep debt and am very grateful to my advisor Professoigts. Im for his invalu-
able guidance of my doctoral study. His constructive comtsiand criticism has definitely
left a mark on me and this work. He has been very accessiblgiamtbor has always been
open no matter how trivial or immense the issue.

| am thankful to the amazing people | worked with in the Meagbalhand Chemical De-
partments. Dr Sujit Srinivas, Dr Andrew Tadd, Dr Gap Kim and@hang Kim to name a
few. This thesis would have never seen the light if it had eetrbfor you all. Many thanks.

My long hours in the office would have been quite dull had itlmen for my lab mates.
| would like to thank the students in the research group feirthdvice and support and all
the fun we had. Dr Sankaran, Dr Yoo, Jingjing and Songtao. e been an amazing
company all these years.

| am also very thankful to the rest of my doctoral committegcf&sor Wooldridge,
Professor Kurabayashi and Professor Savage for their sigped patience.

A big thanks to all my friends who have made my life in Ann Arlaothoroughly en-
joyable and fulfilling experience. You have been my familg &iome away from home.

This thesis would have never seen the light of day withoutuheonditional support
and love of my parents. | dedicate this thesis to them for wveaanding behind me and
never doubting me.

The final and most important appreciation is due to my wifaiS8he wielded the stick
when it was required most to finally get the thesis written eachpleted. In-spite of all
the frustration | cause her, she continues to sternly arahsdly stand behind me and prod
me on. Her collaboration with my parents has finally yieldesuifts with getting the work



done. | am but a small cog in the works.

| would also like to acknowledge the Department of Energyti@ir financial support
for this work.



Table of Contents

Dedication ii
Acknowledgements ii
List of Tables Vil
List of Figures IX
List of Appendices Xii
List of Symbols Xili
Abstract XV
Chapter 1 Introduction 1
1.1 Motivation. . . . . . . . 1
1.2 ScopeofWork . . . . . . . . . ... 6
Chapter 2 Fuel Processor 9
2.1 Layoutofafuelprocessor. . . . .. .. .. ... .. ... .. .. ..., 10
2.2 Micro-reactors for fuelprocessing . . . . . .. ... ... ... ..... 14
Chapter 3 The Counterflow Micro-reactor 18
3.1 Modeldescription . . . . . . . ... 20
3.1.1 HeatExchangerModel. . . ... ... ... ... .. ...... 20
3.1.2 ReactionModel . . . . ... ... 24
3.1.3 Completemodel. . . ... ... ... ... .. ... ....... 26
3.2 Model performancemetrics. . . . . . . .. ... ... . 27
3.3 Parameterlistand selection . . . . .. .. ... ... ... L. 27
3.4 Modelresults. . . . . . . . 28
3.4.1 Parametricresults. . . . . . ... ... L 29



3.5 Control stream for thermal management . . . . . . ... ... .....

3.6 Expansionto multiplereactors. . . . . . . ... ... ... 41
Chapter 4 Silicon Micro-reactor 44
4.1 Introduction. . . . . . . . . .. 44
4.2 Micro-channel reactor fabrication . . . . . .. .. ... ... ... ... 46
4.3 Masstransferanalysis. . . . . . . . ... .. . o 47
4.4 Catalystpreparation. . . . . . . . . . .. .. 48
4.5 The preferential oxidationreaction. . . . . .. .. ... .. ... .... 49
46 CFDflowanalysis . . . . . . . . . . . . . . . e 50
4.7 Mirco-reactor redesign and CFD flow analysis . . . . .. .. ... ... 52
4.8 Experimentalwork. . . . . . . ... 55
4.9 Thermalsimulation. . . . . . . .. .. ... 56
410 Results . . . . . . . e 57
4.10.1 Comparison to packed bedreactors . . . . .. ... ... ... 57
411 Scaleup. . . . . . 60
Chapter 5 Silicon Micro-reactor with an Integrated Platinum Heater 61
5.1 Introduction. . . . . . . . . . e 61
5.2 Platinum heater design and fabrication . . . . . . ... .. ... .. .. 62
5.3 Thermalmodeling . . . . .. .. . .. .. ... .. ... 65
5.4 Reactionmodeling. . . . . . . ... 68
Chapter 6 Design and Prototyping 75
6.1 Generationl . . . . . . . . . .. 75
6.1.1 Design . . . . . . . . 75
6.1.2 CFDandthermalanalysis . . .. .. ... ... .. ....... 76
6.2 TheGenllprototype. . . . . . . . . . . .. . ... 79
6.2.1 Generation II: System integration . . . . . . ... ... ... .. 83
6.3 Generationlll. . . . . . ... 86
6.3.1 Changesinthe Generationllldesign. . . . ... .. ... ... 86
6.3.2 Idealconcept . . . . . ... . . ... ... 87
6.3.3 Description of the Generation Il design. . . . . . ... ... .. 88
6.3.4 Prototype of Generationlll. . . . .. ... ... ... ...... 89
6.3.5 Thermal simulations of generationlll. . . . .. ... ... ... 92
6.3.6 System operation and experimentalresults . . . . . . ... .. 93

Vi



Chapter 7 Summary and Recommendation for Future Work 96

7.1 Directions for Future Work . . . . . . . . ... ... 99
Appendices 101
Bibliography 124

Vil



List of Tables

Table

2.1 Heat duty of an 500W iso-octane fuel processar. . . . . .. ... ...

3.1 Parameter values for PrOx Counterflow model

viii



Figure
2.1

3.1
3.2

3.3
3.4

3.5

3.6
3.7

3.8

3.9

List of Figures

Schematic of an iso-octane fuel processor . . . . . .. .. ... .. ..

Model configuration: Concentric counterflow reactor. . . . . . . .. ..
Counterflow model parameter tree. The selected parasretemarked in

blueandlistedinTable3.1 . . . . . . . . . . . . . .. .. ... .....

Temperature and reaction rate profiles for the counterflodel . . . . . .
Efficiency, CO conversion and reactive length versugimachannel flow
rate . . . . .
Efficiency, CO conversion and reactive length versugigachannel inlet
temperature. . . . ...
Efficiency, CO conversion and reactive length versusrobfibw rate . . .
Normalized sensitivity of efficiency, CO conversion aedadative length

versus control flowrate . . . . . . . .. ...

Efficiency, CO conversion and reactive length versusrobihbw inlet tem-
perature . . . . . . . . e
Normalized sensitivity of efficiency, CO conversion aedadative length

versus control inlettemperature . . . . . .. ... L L

3.10 Efficiency, CO conversion and reactive length versustivatmal conduc-

tVILY . . . e

3.11 Efficiency, CO conversion and reactive length versus C6&srfraction in

theinletstream. . . . . . . . . . . . .

3.12 Efficiency, CO conversion and reactive length versusmbgsatalyst . . .
3.13 Efficiency, CO conversion and reactive length versiecseity(S) . . . . .
3.14 System Design for counterflow based reformer system. . . . . . . ..

4.1 Silicon substrate based Preferential Oxidation(Pr@igjo-reactor. . . . .
4.2 The original design of the silicon PrOx micro-reactor. . . . . . .. ...

4.3 SEM images of the PrOx catalyst

iX

20



4.4
4.5
4.6
4.7
4.8
4.9

4.10
4.11

5.1
5.2
5.3
5.4

5.5
5.6

5.7

5.8

6.1

6.2

6.3
6.4

6.5

Mesh of a portion of the central part of the micro-reaetmploying peri-

odic boundary conditions . . . . . .. ... 51
Contours of flow in the micro-reactor channels. . . . . . .. ... ... 52
Entrance region flow pattern with alternate inletsafiose . . . . . . . .. 53
The redesigned micro-reactor with inlet and exit mddgduilt-in . . . . . 54
Contours of flow in the redesigned micro-reactor chanrexirance(left)

and interior(right). . . . . . . .. . ... 54
Silicon micro-reactor housing assembly. . . . . . . ... ... ... .. 55
Temperature profile in a section of the micro-reactaisingg assembly . . 58
Comparison between packed bed-and the silicon mietoe. . . . . . . 59
Platinum thin film heater deposited on a pyrex 7740 wafer . . . . . . . 63
Glass fritbondingscheme . . . . . . .. .. .. ... .......... 64
Comparison of predicted and experimentally measurefddeatures at the
center of the top glass plate of the micro-reactar. . . . . . ... .. .. 66
Temperature distribution: Glass silicon interfaceniAt heater. The dotted

line shows the location of the micro-channel over the heater . . . . . . 67
Temperature distribution: Center plan of reaction zon&@-channel). . . 68
Temperature distribution: Glass cover plate. The doitee shows the
location of the micro-channel beneath the glassplate. . . . . . .. .. 69
Comparison of predicted and experimentally measured @@ecsions for
different flow rates at constant heaterpower . . . . . . . ... .. ... 72

Comparison of predicted and experimentally measured @@ecsions for
different heater powers at constantflowrate . . . . . .. .. ... ... 73

The first generation micro-reactor. The dashed red litienes the metallic

foam coated withthe catalyst. . . . . . . . ... ... ... ... .... 76
Flow field inside a single channel of the Gen | micro-readtigh veloc-

ities are seen near the inlet and exit with small recircatationes in the
OPPOSItE COMEIS.. . . . . . o o e e e e e e e e e e e e 77
Model of a single channel with mesh of the Gen | microd4®ac. . . . . . 78
Mesh of multiple channels for thermal simulation of thend micro-
reactor. The red channels carry the hotter fluid, the bluemmbia carry

the cooler fluid in the opposite direction . . . . . . .. .. .. ... ... 78
CFD prediction of the temperature profiles within the Genoltotype re-

actor. Two figure show the reactant (top) and coolant (bottbow tem-
perature fields of a counterflow-type reactor. . . . . . . . .. ... ... 79



6.6 Exploded view of the second generation micro-reactioe assembled ver-

sionontherightshow25layers . . . . . ... ... ... .. ...... 80
6.7 Gen Il predicted temperature profiles in a cross-segéifthand the mid-

planes(right). . . . . . . . . . .. 81
6.8 Gen Il predicted temperatures in the quarter section. . . . . . ... .. 82
6.9 Genllsystemflowchart. . . ... .. ... .. ... .. ......... 83
6.10 Genllassembledsystem. . . . . .. .. ... ... ... ........ 84
6.11 Genllspeciesplot. . . . . . . . . . .. .. 85
6.12 Anidealized concept of an integrated fuel reformetesys. . . . . . . . . 86
6.13 Exploded and assembled view of the Gen lll concept. . . . . . . . .. 87
6.14 Genlll cross-sectionalview. . . . . . . ... .. ... ... ....... 88
6.15 Schematic and thermal conductivity of the initial beuip on the Gen Il

SYSteM. . . . e e 89
6.16 Picture of the assembled Gen lllsystem . . . ... ... ... ..... 90
6.17 Flow characteristics in the preheat chambers and tlie iATthe Gen IlI

SYSteM. . . . e 91
6.18 Temperature profiles in the Gen Il system due to ATRihgafThe ATR

is used a source of heat and the heats up the rest of the system. . . . 92
6.19 Genllltemperatureplot. . . . . . . . . . .. ... ... . 93
6.20 Genlllspeciesplot . . . . .. . . . . . .. ... 94
B.1 Model configuration: Concentric counterflow reactor. . . . . . . .. .. 106

Xi



List of Appendices

Appendix
A  System datasheet for a 400W fuel processar. . . . . .. .. ... ... 101
B  PrOximplementation for Counter-Flow Reactormodel . . . . . . . .. 105
C Matlab code for the counter flowmodel . . . . . . ... ... ... ... 110
D  UDF Code listing for local heat transfer coefficient. . . . . . .. .. .. 122

Xii



<

N

List of Symbols

Species concentration

Surface species concentration

Inlet species concentration
Specific heat at constant pressure
Reaction channel diameter

Control channel inner diameter
Control channel outer diameter
Activation energy

Heat of reaction

Convective heat transfer coefficient
Rate constant for CO oxidation
Thermal conductivity of wall material
Length of the reactor

Atomic weight

Mass flow rate

Partial pressure

Rate of reaction

Universal gas constant

Selectivity of CO oxidation

Temperature

Xiii



To Room temperature

Vv Volumetric flow rate
Vo Volumetric flow rate at room temperature
v Flow speed

w Weight of catalyst

a, f Rate law exponents for CO oxidation
Q Molar reaction rate

X Dispersion of catalyst

mea  Packing density of catalyst bed

0 Weight fraction of metal in catalyst
P Surface-to-volume ratio
K Mass transfer coefficient
Subscripts
W Wall
R Reaction channel flow
C Control channel flow
oo Ambient
0 Room temperature

Superscripts

0 Left hand side boundary condition

L Right hand side boundary condition

Xiv



Abstract

Liquid hydrocarbons are high energy density fuels, and oareactor based fuel proces-
sors are viable alternatives to generate hydrogen for Iplerfael cell applications. Micro-
reactors have high mass and high heat transfer rates dueitaiimall length scales. How-
ever, they suffer from thermal heat retention problems duarge surface area to volume
ratios. This thesis attempts to explore methodologies tkenmaicro-reactors thermally
efficient. The approach is by use of a counterflow heat exaraswnfiguration for heat re-
cuperation, and quantifying parameters by which operatfahe system can be controlled
and optimized.

In the first part, a simulation of the preferential oxida{ierOx) catalytic reaction is
setup in a cylindrical channel. The channel is containedhiwit. counterflow heat ex-
changer to recuperate excess heat. Performance of thensisstvaluated by using the
concept of reactive length and thermal efficiency. The ratithe channel used for 95%
of net conversion of CO is defined as reactive length. Theriffialescy is defined as the
ratio of heat recuperated to the total heat available. TRePeaction model is verified by
comparing simulation with experimental data.

A parametric study then is performed using parameters ssichass flow rates, inlet
temperatures, thermal conductivity, PrOx selectivitysmaf catalyst and inlet concentra-
tions. Significant parameters by which the system can beatad effectively are identi-
fied. Parameters such as the inlet temperatures that gliedfgtt the systems enthalpy are
found to be the most effective. The remaining parameters hamaller effect, but can be

used to fine tune the operation of the system. The control flfagsate can be used as an

XV



active control during operation.

In the second part, simulation is employed to understandlaiaeand thermal charac-
teristics of two types of micro-reactors: silicon based ahdnnel based micro-reactors.
For silicon substrate micro-reactor, it is found that thevflmixes and redistributes it-
self due to high mass transfer limits. The temperature ifotmiin the substrate due to
high thermal conductivity of silicon. CFD simulation is albtepredict these temperatures
within the silicon micro-reactor to 5% accuracy. The siliamicro-reactor is compared
against a packed-bed reactor and is found to operate cobipahae to similar length and
time scales. A 1-D reaction model is also able to predict treversion trends in both the
packed-bed and silicon micro-reactors. Collapsing a 2D &atpre field to an average
temperature underestimates the reaction rates and canvsisce the Arrhenius kinetics
are exponential with temperature.

The channel based micro-reactor design consists of threerggtons of fuel proces-
sors that are constructed and demonstrated by the Univerfsilichigan fuel processor
team. The first generation is a proof of concept for channel flacro-reactors, while
the second generation uses discrete reactors(ATR, WGS & HoDEach processor stage.
The second generation processor performed to specifisdiigtrequired external power to
maintain operation. The third generation fuel processortmoes these separate stages into
a single physical package giving a thermally integratetijugcessor with internal heat re-
cuperation. A continuous self-sustaining operation oftttied generation fuel processor
is demonstrated over extended periods of time. Thus shothimiga thermally integrated
iso-octane fuel processor can be built with self-sustgigi@pabilities. There are potential
applications for such micro-reactor based fuel processeisortable electronics, military

hardware, quick recharge devices and more.

XVi



Chapter 1

Introduction

1.1 Motivation

Energy is what makes the world go around in our current speratl lifestyle. It drives
everything from growing our food, to processing it, fromnsgaortation to entertainment,
from heating our homes to recreation. It sustains the ecangrowth and the commerce
of the world. Every energy crisis in the past century has sha# our dependence on
energy. Without energy everything will come to standstilis of little surprise, that the
world uses an enormous amount of energy. The United Stasesrfthannual energy costs
of more than 1 trillion dollars. Non-renewable sources oiven such as coal, oil and
gasoline provide about 90% of the electrical power with galiding almost halff, 2].
Renewable sources such as hydro-electric, wind, etc. dodaa@vsizeable portion of our
energy requirement and are growing, however non-renevgabices of energy are limited
and will not be able to satisfy our every increasing needsefgy and power.

Over time as we have increased our energy usage, the scafc¢tg non-renewable
power sources(coal oil, natural gas) has driven the cost@fgy higher and higher. Peak
Oil is near or has happened depending on whom you3askhp either case it is fairly
clear that the costs of energy are on a ever upward spirahgAtath the higher costs of
fossil fuels based energy, these are also inherently diittgy are notorious for pollution

of earth and burning them produces pollutants such as catioxde, sulphur dioxide,



nitrogen oxides(NOXx) and particulate matter along with ynaiersf.

In our energy budget, transportation and automobiles coaghe largest share of non-
renewable fossil fuels. They contribute towards a majotiporof the worlds emissions
and fossil fuel usage accounting for almost 30% of our enesgge along with 95% of
global oil consumptiorf]]. Transportation based on oil using internal combusticetigut
20% efficientp]. If we take into account the well to wheel efficiencies, trag even
lower[6]. Automobiles and other engines the worst polluters. Eveugh emission reg-
ulations exist, the better method would be to replace thgirai power generated though
combustion with alternate sources and methods. Thus teexeneed to develop cleaner
and efficient methods of alternate power sources of autematnd mobile applications.

With our power consumption rates following exponentialvgito we simply cannot
satisfy our needs for a long period of time. At some point dedna&ould outstrip sup-
ply. Clearly we do need to develop alternate sources of eneipng with developing
renewable sources of power such as wind, hydro-electric, we also need to improve
our current systems of deriving energy from fossil fuelst bidy do we need to increase
the efficiency of our current systems, we have to also ovédwauenergy extraction and
conversion systems to make them non-polluting by desigmanby use of after-treatment
systems. The after-treatment systems impose a cost assaedffi@ency penalty.

In the new millennium, there is a strong research interegterdevelopment of power
generation devices based on hydrogen. Hydrogen is believidve a great potential to
provide high energy density with more improved efficiencg atmost zero emissiong|

Fuel cells are a promising technology to generate clearggriem oxidizing hydrogen
into water. Since only pure water is produced as a productésyaclean method of gener-
ating power. Solid-Oxide fuel cells have existed from qaitehile, however, they need a
high temperature of 500—10800 to operate efficiently. Proton exchange membrane(PEM)
fuel cells operate at around 70-=80[8, 9] and combine hydrogen gas at the anode, with

oxygen at the cathode to generate useful electric power ghadificiency. Since these



are electro-chemical systems, they avoid the thermodynamechanical cycle losses en-
countered in conventional power generation, while engtanly water as the exhaust. This
technology thus helps to conserve fossil fuels and provade®re environmental friendly

exhaust emission than the existing internal combustiomengystem. The use of proton
exchange membrane fuel cell systems to obtain clean andeaffgower for stationary as

well as mobile applications has gained prominence overasigféw yeard]].

In automotive applications, hydrogen can be utilized asrectlifuel for the internal
combustion engines or as a source of electricity using fe#llsystems. In particular,
fuel cells have attracted attention from industries, siet virtually every major automo-
tive manufacturer currently explores a research progradet@lop fuel cell systems for
automobiles[q].

It may be noted that the ultimate goal in the development@btinboard fuel cell power
system for automotive application is to reduce emissiores @mparable, or better, effi-
ciency as the state-of-the-art internal combustion ersgivith after-treatment systems. The
conventional hydrocarbon engines produce a significanuainaf NOx and particulates,
thereby facing a serious challenge in meeting the ever ntiongent emissions regulations.
In comparison, the fuel cell system is inherently free ofrscembustion-generated pollu-
tants. It is also anticipated that the fuel processor caselently reduce the pollutant
formation by efficient and better-controlled catalyticaan processes.

One of the major challenges in the development of hydrogeickil technology is the
on-board storage of hydrogen; its low density requireseexély high pressure or low tem-
perature or other expensive means to store a practical ambturel[7]. Various methods
for effective hydrogen storage are being explored, suchedalhydride, carbon nanotubes
and glass micro-spherdd] 12]. As an alternative, a viable option is the on-board gen-
eration of hydrogen by reforming other conventional hydrbon fuelsL3]. This can be
accomplished by catalytic reactors places in series whishladvinclude desulpherizing,

reforming(ATR), water-gas shift (WGS) and CO clean up(PrOx).



Proton exchange membrane fuel cells are hindered from thehfay require very low
CO concentration in the feed to operate properly. Conceatrati the range of tens of
ppm is requiredl4, 15]. Any excess CO in the feed will poison the render the fuel cell
in-operative. To this effect, many technologies can bézetl to oxidize CO into harmless
carbon dioxide. These range from pressure and temperatung absorption(PSA/TSA),
methanation, membrane separation and preferential exi®rOx) among others. The
former methods, PSA and TSA are energy intensive and exmendgiethanation converts
each mole of CO into methane utilizing three moles of hydrogereferential oxidation
oxidizes the CO using oxidation catalysts. Some hydrogengats oxidized in this process
and hence selectivity of the chosen catalyst is very impartBreferential Oxidation also
uses small amounts of oxygen and hence PrOx is the prefacbddlogy. PrOx is being
widely implemented in fuel processor systems for CO clealf)p[

For automotive and mobile applications, there is an obviowsstraint on size and
weight for fuel reformers due to packaging reasons. GerModbrs recently did a pro-
totype where the complete carrier trunk in a truck was fittéith & fuel reformer system.
Since this would not be feasible economically, it is impott#at we reduce the size of the
system to as small as possibly while still retaining the fioms as well as the system effi-
ciency. Keep in mind that for automotive applications, wealddhave to beat the efficiency
and economic costs for a regular internal combustion ertgibe economically viable.

Micro-reactor technology is being used more and more to atunize conventional
reactive systems while providing the same through-outpuat efficiency.L7]. Several
micro-fabrication techniques are available which can bedu® fabricate different de-
signs most suited for a particular applicatib8f The advances in micro-reactor tech-
nology has been very promising. Various research grougsasitnstitut éir Mikrotechnik
Mainz (IMM)[19], Forschungszentrum Karlsruhe GmbH (FRJ], Massachusetts Insti-
tute of Technology (MIT)21, 22], The University of Michigan23] and Pacific Northwest

National Laboratory (PNNLR4] have all been very active in micro-reactor development



over the past many years.

Additionally the micro-reactor design yields a reductidrddfusive transport limita-
tions. This gives high heat and mass transfer rates and wedldcharacteristics of the
fluids within[17, 25]. With the physical scales being so small, heat transfexsratithin
separate channels is enhanced to high rates such that at itinsedifficult to maintain
a temperature differential between neighboring featu@sating the walls of the micro-
reactor with catalytic materials lets us make catalytictes. Compared to packed-bed
reactors, a wash-coated micro-reactor has a much smadissyme drop for the same cata-
lyst amount.

Scale up of micro-reactors is much simpler with a simple neinmg up of the reactors
instead of redesigning a higher capacity reactor. Reactorde chained either in serial
or parallel to achieve the configuration required. Micraater technology is maturing
very quickly. Based on the above advantages and availablefatacation techniques,
widespread use of micro-reactor based systems is a reality.

Although the basic catalytic reforming process for commygarbcarbon fuels has been
developed, its application to on-board systems involvesynaaditional constraints of size
and weight limitations. This implies that the on-board frefbrmer must be compact and
light-weight, which necessitates high efficiency and redllseat loss via careful packag-
ing. To achieve this goal, it is thus necessary to undertaggnargistic research effort
toward development of better catalytic material, bettacter component design, and care-
ful integration of the components for optimal thermal masragnt. This thesis attempts to
further understand and achieve these goals by analytichtiewvelopment and prototyping
micro-reactor based fuel reformer systems.

The University of Michigan fuel processor group is a muisdiplinary consortium of
research groups with diverse research expertise in thisamoed The objective of this re-
search is to develop a compact fuel processor system thaedellkW/kg, yet is small

enough to be incorporated as an on-board power generatiwcedel he success of such



a miniaturized design relies on effective catalytic matsrand micro-channel based reac-
tor designs to maximize the hydrogen yield, and efficientrttad integration that allows

recuperation of excess heat from exothermic to endotheromgonents within the system.

1.2 Scope of Work

The scope of this dissertation is primarily focused on th&iglte modeling, and thermal
integration of a fuel processor system. The attempt is omyt@mhd use micro-reactor
systems to develop a compact fuel processor capable of gergeclean hydrogen that
can be utilized in a PEM fuel cell for electric power generati The aim is specifically
to model, predict and construct a thermally efficient miozaetor based fuel processor
system and demonstrate its operation over a substantiatpefrtime.

In Chapter2, the workings of a fuel processor are discussed. The chiabksrabout the
layout and working of a general fuel processor which geesraydrogen from iso-octane.
The steps required to convert iso-octane into hydrogen arssed one by one. This
is accomplished by a series of catalytic reactions inclgidiirel desulfurizaion, steam/au-
tothermal reforming, water gas shift and residual CO clgan@O clean-up is an impor-
tant step to protect the PEM fuel cell membrane. This can bymeed in a number of
ways including pressure swing adsorption (PSA), methanatnd preferential CO oxida-
tion (PrOx). However, PSA is energy intensive and expenswde methanation involves
hydrogenation of the CO which consumes three moles of hydrémeevery mole of CO
that is cleaned up. Hence, PrOx is the primary technologyrefiepence26]. Typically,
PrOx catalysts contain an active metal such as Pt, Au, Cupetan oxide support such as
aluminap6-28].

Chapter3, discusses a comprehensive modeling strategy that wéasaaitby the need
to model various components at different levels of detail.géxeralized modeling ap-
proach prevents repetition and redundancy among varioupaoents, thereby achieving

more effective design and development processes. In tsgdation, two types of model-



ing efforts are undertaken concurrently: (a) simplifiedth& integration models, and (b)
detailed three-dimensional simulations of individual gaments. While it would be ideal
to combine both detailed and system level models into omge letegrated modeling tool,
this is cost-prohibitive and is not necessarily the mostative way. Therefore, a practi-
cal and reasonable option is to pursue both paths indeptydamd provide feedback and
guidance to each other. Hence in Cha@tea one-dimensional counterflow heat exchanger
model will be presented as a canonical configuration to aedlyermal interaction between
two components. Since catalytic reactions are very sgaditi temperature, it is critical
to maintain the desired temperature level within the flowlaviieat is transferred from
exothermic to endothermic reactors. Heat has to be recwere exothermic reactors for
better thermal efficiency. Studies are performed to idgmftimal design conditions that
satisfy the target. One of the main challenges in this taskddack of knowledge of the
detailed chemical kinetic rates associated with individaactions in the reactor compo-
nents. Thus, a significant amount of effort is put into extrarthe kinetic data based on
the experimental measurements, resulting in semi-enapkioetic rate constants used in
the component models. The PrOx reaction is then chosen tpgéed to this model.
Chapter4, underlines the suitability of micro-reaction technoldgy the development
of compact fuel processing systems as compared to packedebetor technology which
does not scale down in a feasible manner. A micro-channetoess fabricated in sili-
con using standard micro-fabrication tools. A 2% Pi(@J catalyst is wash-coated on the
micro-reactor channel walls. Preferential CO oxidationydrogen is chosen as a model
reaction and the results were compared with those obtainadd conventional packed-bed
micro-reactor. Issues of scale-up and efficient heat iategr have also been addressed.
In Chapter5, the concept of scalable silicon micro-reactor demoretrat Chapted
is extended with an integrated thin-film platinum heater.isT¢etup is again modelled
and developed for preferential CO oxidation. The perforreaoicthe micro-reactor is

assessed and compared to a packed-bed reactor model. Cemalisnexperimental and



modeling efforts are made to identify the optimal thermalige parameters. Experimental
measurements using the fabricated reactors are compatiedhsi simulation results in
order to assess the overall performance of the new micieredesign.

In Chapter6, three-dimensional computational fluid dynamics (CFD) soate used to
simulate the flow and thermal characteristics of variousziddal components as well as an
integrated fuel processor. The Fluent CFD package is usegstgrdand simulate a detailed
geometric configuration of the individual reactors compgghe fuel processor system. In
all, three successive generations of the fuel reformerglasgned, modelled, built and
studied. The effective use of modeling results to suppa@tetkperimental developments
has been demonstrated in detail in this chapter. Resultswandary from each of the
builds is detailed.

Finally, in Chapter7, the findings are summarized along with some recommendation

for future work.



Chapter 2

Fuel Processor

Hydrogen has been hailed as the clean fuel for the comingmmibm. Not only does
hydrogen posses a very high calorific value, it also burneeextly cleanly to generate
only water as its byproduct. Fuel cells utilize hydrogen émerate electricity efficiently
and cleanly. However, hydrogen has problems of its own teatirio be addressed. Being
a very low density gas, hydrogen requires either large témkgs storage or very high
pressure tanks which reduces the overall efficiency of tis¢eay and pose an explosion
risk. Furthermore, transportation of hydrogen requiregdaand pressurized containers as
compared to liquid fuels for the same energy which lowersefifective use of hydrogen.
Hence, to store hydrogen effectively, innovative methaddaing developed such as metal
hydrides storag@P), carbon nanotube3(], on-board hydrocarbon reformirigff], etc.
Instead of storing hydrogen, an option is to generate hyslv@m-board to meet the fuel
demand on a need to basis. Hydrogen can be produced on-incartlimber of methods.
One of the most viable method is breaking down of liquid hgdrbon fuels into hydrogen.
Converting higher hydrocarbons to hydrogen can be doneghratnumber of processing
steps in a fuel processor. A gasoline fuel processor canrgneydrogen by utilizing off-
the-shelf gasoline. It uses sequential reactors to firstige@ hydrogen and then cleans the
reformate removing excess carbon monoxide(CO). The clepragess is important since
excess CO poisons the membranes of a PEM fuel cell, rendéwntyel cell inoperative.

The cleanup can be accomplished by use of water gas shift(\ia8jors and preferential



10

oxidation(PrOx) reactors. For PEM fuel cells the CO contarnits hydrogen supply must
be below 10-50 ppm. Alternatively, a PEM fuel cell can beaept with a solid-oxide fuel
cell(SOFC) which is not susceptible to CO poisoning. Hence)atively compact SOFC

fuel cell can be designed by eliminating the CO cleanup psoces

2.1 Layout of a fuel processor

Generally, the fuel processor system comprise of many iicdal reactors linked sequen-
tially to form a complete system. Ideally, the complete sgsshould be packaged in a
small integral manner, so as to reduce the physical weightae. Furthermore, this re-
duces the surface area to volume ratio, decreasing theds=aahd increasing the overall
efficiency of the system. However, the startup and contraluch integrated systems is a

challenging task leading to simpler designs with indivicgeguential reactors.

CgHyg,25°C

20W >
I 25 © P20W] 245W
Alr, 25=C
A\ . > > > = -115W -80W
i e ATR — WGS1 | WGS?2
200W H30,25 °C X 600 °C 20W 290°C
’ r
MWWV Y.asw
Vaporizer
——<— PROX 2 < PROX 1
190=C 9“7 220°C

Figure 2.1: Schematic of an iso-octane fuel processor

Figure2.1shows a schematic of a typical fuel processor. The systesisisrof a series
of components: a Desulpherizer/filter, a combustor/vagoria reforming reactor, a water
gas shift reactor, and a preferential oxidizer. First, thed Is filtered in a Desulpherizer/fil-
ter. The filtered fuel is then mixed with water and air whick aupplied to the vaporizer
in which the mixture is then vaporized. Depending on theglesif the system either a

separate vaporizer for the water might be utilized or watedd be fed directly into the
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reforming reactor. In either case, the feed is then fed imaéeforming reactor where most
of the fuel gets converted to hydrogen. The reformate costaiconsiderable amount of
carbon monoxide, which needs to be cleaned as it contamsitfaeanodes in a PEM fuel
cell. The desired level of the CO concentration for a PEM fedll is below 10 ppm. To

meet this target, the next two components, a water gas $WHS) and a preferential oxi-
dation (PrOx) reactors are utilized. WGS reaction lowersG@econcentration to around
500 ppm, and PrOx subsequently reduces it closer to theede$® ppm. The resultant
stream is fed into the fuel cell to generate electricity. €ibaust from the fuel cell con-
tains some amount of hydrogen which is recycled into the napoas a fuel for generating
heat to vaporize water and fuel in the feed stream. The vagsrutilizes a Platinum based

oxidizing catalyst to combust hydrogen and to generate heat

Fuel filter/Desulpherizer Depending on the fuel used, there are various impuritiegeh f
which needs to be removed before the fuel is reformed. Fanple gasoline com-
prises of a number of compoun@g] such as sulphides, thiophenes, thiols, etc. To
remove these impurities the fuel is passed through a Destfan which reduces the

sulphur content by adsorption through sorb@2sp4].

Reformer Reformer is the main component in the fuel processing systeihwonverts
most of the fuel into hydrogen. There are three main fuelrrefiog techniques:
steam reforming, partial oxidation and autothermal refognThe steam reforming
technique converts fuel by reacting it with steam in the @nes of a catalyst, as
shown in Eqn2.1 This method is a highly endothermic reaction with the hgjhe
hydrogen yield from fuel. The conversion in this reactiopeleds on the temperature

and heat supplied to the reactor.

CsHys + 8,0 — 8CO + 17H,  AH = 1274 kJ /mol (2.1)

Partial oxidation method provides combustion of fuel in @l fiich regime as shown
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in Eqn.2.2 This method is self sustaining and exothermic with low loggm yield.
However, controlling this reaction is difficult and can puoeé localized hot spots due
to uneven fuel distribution in the reactor. Itis also pramedking and soot formation

due to operation in the fuel rich regime.

The next technique to generate hydrogen using a reformaxgaeis a combination
of the previous two methods known as autothermal reformdidr}[35]. Combining
Egns.2.1 and 2.2 in various ratios to operate in different regimes is desin
Eqn.2.3

CsHis + 209 + (8 — 22)H0 — 8CO + (17 — 22)H, (2.3)

For a value ofr closer to zero, the reaction tends towards the steam rafigrreac-
tion and for a value closer to four the reaction is a partialation reaction. Hence,
autothermal reforming lies between the two techniques dnieafeed streams are
mixed together in a single reactor. Some fraction of the fielxidized to provide
heat for the steam reforming reaction and the remaining nserbed to hydrogen.
Hydrogen yield from this method lies between steam refognaimd partial oxidation.
This autothermal reforming reaction can be controlledatifely by controlling the
amount of fuel, air and water streams entering into the neiilog reactor. Hence,
by varying the steam to carbon ratigf®/C) and oxygen to carbon ratio(O/C), the

reforming reactor can be used in different applications.

Water Gas Shift Reactor (WGS) WGS is a preferred technique for CO reduction and in-
creasing hydrogen yields. The reaction for WGS is descrilydfigm.2.4. However,
WGS is an equilibrium limited reaction. The rate of reactisrinigher at high tem-
peratures, but the equilibrium is shifted towards the CO s&l¢he reaction reaches

equilibrium quickly, but a large amount of CO remains unredctAt lower tem-
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peratures, the equilibrium is favorable to full CO convensibowever the reaction
rates are slow. Thus, to achieve high conversion of CO, the W@&ion is gener-
ally divided into two stages: a high temperature shift(H&8) a low temperature
shift(LTS). The HTS converts the major amount of CO todi higher reaction rates

and the LTS drives the CO conversion rates higher.
CO + HyO — CO5 + Hy AH = —41kJ/mol (2.4)

Care must be taken for the high temperature shift reactiocesimgher tempera-
tures, can lead to reverse WGS reaction and production ofsinatdée products like

methane.

Preferential Oxidation (PrOx) As mentioned earlier, for PEM fuel cells the CO in the
reformate stream should be below 10 ppm. The PrOx reactdized the remaining
amount of CO entering from the previous reactor in presence Bfatinum cata-
lyst while trying not to oxidize the hydrogen in the reformatream. The process

consists mainly of two reactions:

1
CO + 50y = CO; AH = —280 kJ/mol (2.5)

1
Hy + 5 Oy = Hy0 AH = —240 kJ /mol (2.6)

An efficient oxidation catalyst can reduce the CO levels agreldsbut it is very

difficult to prevent the hydrogen from getting oxidized ®nihie concentration of
hydrogen in the gas stream is much higher. In practice, ashatinin catalyst can be
called good if it oxidizes less hydrogen than CO on a molar ©a3éis selective
efficiency of the catalyst is known as selectivity and is gathedefined for the PrOx
catalyst as number of moles of CO oxidized divided by the tot@hber of moles of

CO and hydrogen oxidized together. The efficiency of the Pexctor is sensitive
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to the amount of CO in the inlet gas stream.

2.2 Micro-reactors for fuel processing

The technology for fuel processing of liquid hydrocarboaléunto hydrogen exists and is
used by industry to produce bulk quantities of hydrogensTHyidrogen is then bottled in
cylinders and distributed. However, storage of hydrogencsmbersome process requiring
large cylinders at very high pressure. The compression dfdgen during the storage
process requires work and lowers the overall efficiency efsystem. Thus, the concept of
on-board generation of hydrogen by employing catalyticrotreactors is advantageous.
Catalytic micro-reactors are well suited as components rtapte fuel processors for
hydrogen production in a variety of mobile applicatiohg,[36]. Compared to conventional
packed-bed reactors, their high mass-transfer liBitfdnd compact size offers numerous
advantages in terms of efficiency and ease of scale-up. Omteeafain challenges in
micro-reactor designs is increased heat loss due to thige kurface-to-volume ratios. An
external heat source is required to maintain high tempegatn the reactors, which leads
to a bigger system size as well as decreased thermal effyciénding the advantages of
the overall concept. However, recognizing that a typical farocessor system consists of
both endothermic and exothermic reactor components, grebéems may be significantly
overcome by recuperating excess heat from one part of thersyend utilize it in another.
Table2.1shows the approximate heat duty for various components anugses for a
500 Watt iso-octane fuel processor. While some heat will bewered from the combustion
of the waste Hydrogen from the exhaust of the fuel cell, thisber is difficult to estimate
since it depends on the efficiency of the fuel cell. Positistugs denote heat required
by the reactor or function and the negative values show extest that can be recovered
from the various components or functions. Kabal.[37] demonstrate a workingk3V
iso-octane fuel reformer system. They employ concurreat texovery for the WGS and

PrOx reactors and also between the ATR and WGS reactors. Howéweactors in the
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Process Heat Duty (W)
Vaporize fuel 20
Vaporize water 220
Heat Air 16
Heat to ATR inlet(650C) 220
ATR -245
Heat recovery before WGS -115
HTS reactor -20
Heat recovery before LTS -80
LTS reactor -9
Heat recovery before PrOx -15
Prox reactor -9
Combustion recovery

Total -32

Table 2.1: Heat duty of an 500W iso-octane fuel processor

system are discrete and external heat input is providedeft heating and vaporization.
Even though the heat duty of the system is slightly exothersystemic heat losses to
the ambient surroundings causes the system not to be st#fhsing. Hence external heat,
either in form of preheating the feed, or heating the deuv&sfineeds to be used.

In order to make the system more efficient, thermal integnatif all the devices is a
necessary step. Bess&] proposes a cylindrical methanol reformer with all the camp
nents in a single physical package. The hottest reformeaced in the middle with the
other reactors layered around. Hence, the system needsdeskgned in a very compact
and integrated manner so as to reduce the surface area toevodion of the system. Not
only will the thermal integration allow for higher thermdfieiencies, the compactness will
lower the weight of the system, making it lighter and cheapéduild.

The challenging aspect in an integrated design is complihe heat flow from one
device to the other while achieving good reaction rates.chioeae this goal, it is necessary
to develop a systematic integration strategy to determmeptimal design under various
different operating conditions. This goal of coupling tweparate reaction channels, one

exothermic and the other endothermic is described in Ch&ptélorthropet al.[39] de-
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signed a prototype methane reformer using a counterflomgeraent to recuperate heat
from WGS and PrOx sections using heat of vaporization of wadea control. The ATR
was not used to recuperate heat from. Similar prototypeesyshave been designed and
operated§0-42] where heat is recuperated by use of heat exchanger beteaetor com-
ponents to increase thermal efficiency.

As with any system, micro-reactors has its own set of adggstand limitations when

compared to other systems.

Advantages of micro-reactors

Micro-reactors with wall coated catalysts have a much Enplessure drop as

compared to packed-bed reactors.

» Higher mass transfer and mixing characteristics then eathonal packed bed

reactors.
* They are compact and portable.

» They can operate for longer periods between refueling&ggng as compared

to battery based systems.

» Easy scale up by increasing the number reactors in thersyate setting them

up in parallel.
» Micro-reactors operate much cleaner with low emissionsesthe reactions are
catalyst based and have no flame front.
Limitations of micro-reactors
* They have lower power densities (power/weight) as contpréC engines. In
smaller devices the micro-reactor based fuel processdrtrbigfavorable.
* The hydrogen yields are lower as compared to full sizedrneiftg plants.

» They have higher thermal losses due to high surface to v@hatios.
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» They have large startup and shutdown times.

« Startup sequences might be complicated to prevent congion of down-

stream stages.

» Complicated manufacturing and sealing at the high temperstdue to the

small size.

To be feasible in the market, a micro-reactor based fuelgqasar needs to achieve
efficiency levels of at least that of conventional on-boaod/@r generation methods. For
example, to power an automobile, the fuel processor needstoh the efficiency of an
internal combustion engine. For smaller portable appbeoat a penalty on efficiency might

be acceptable for increased portability and a higher powesitly.



Chapter 3

The Counterflow Micro-reactor

A micro-reactor has the main advantage of being a portablieelebut it suffers from its
inability to retain heat due to its low heat capacity anddasgrface area to volume ratio.
This results the micro-reactor systems to have a high heatdind a low thermal efficiency.
There are a few techniques using which thermal efficiencyiofarreactor system can be
increased. The easiest method would be to increase thersizeapacity of the system.
This decreases the surface area to volume ratio making gtersysustainable. However
this constraints the systems portability which is undésg&ra Hence in order to design a
fuel reforming system by the use of micro-reactors, a na@hnique to make the micro-
reactors self-sustaining is required.

As noted in Chapte?, a typical fuel processor consists of both endothermic aother-
mic reactor components, heat might be recuperated fromxibide&mic reactors and pro-
vided either to the endothermic reactors or utilized to petlthe input feed streams to the
system. Hence even though there are endothermic reactssmiin the system, the over-
all system can be self-sustaining without the need of angreat heat. This necessitates
thermal integration between the components of the fuelgesar. This has the further
advantage that the system will be compact is size.

This Chapter will focus on the technique technique to recéwat and preheat feed
streams in order to improve the thermal efficiency of theeystin case of reactive sys-

tems, such as a fuel processor, care needs to be taken taneiiléhe heat recuperation

18
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strategy with minimal effect on the chemical conversioncedficies. Towards the aim
of increasing the thermal efficiency, this chapter discsissgystematic modeling approach
developed as a tool to undertake a parametric study to fg@nticial design parameters. A
reactive counterflow heat exchanger system is studied adelex The effects of key sys-
tem parameters, such as reactant, control flow rates, entgteratures, rate of conversion,
and reactive length are investigated. The model is devdlapea system of coupled ordi-
nary differential equations which are integrated numdsicallowing a parametric study
to assess various system design concepts.

In the following sections, the formulation of the matheroakimodels for the heat ex-
changer and chemical reactions is described. As a specgicagpon example, the model
is applied to a thermal integration between a preferentiadation (PrOx) reactor and a
control feed. Various aspects of the system performancactaistics are examined, such
as flow rate and the inlet temperature. Do keep in mind in angab-reactor system, there
are far too many parameters to do a full parametric studyaFoll modeling analysis of a
micro-reactor device, a full 3D CFD simulation is still recoranded. This method tries to
implement a first principles fundamental model that is iregive to model and can gen-
erate results in quick time. Similar work for the water gast@8VGS) reactions has been
performed by Kimet al.[43)].

To get the maximum conversion efficiency out of a reactiveesys initial thought
point towards an optimum isothermal reactor temperatuosvéyer, this is wasteful from a
thermal standpoint and is difficult to achieve. It would bethavhile to relax the isothermal
requirement and examine the overall impact of temperattoBlgs on the product yield
and thermal efficiency of the device. The derived tempeeagradient might even be
advantageous in a reactor like the water shift reactor wtierdnigher temperatures give
higher reaction rates and lower temperatures shift thdibgum favorably. Thus the HTS
and LTS reactors might even be combined into a single reaetioicing size and weight of

the system.
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3.1 Model description

The model is developed in two steps. First the counterflow évezhanger model is devel-
oped. The reactive kinetic model is then further added dmdieat exchanger model and

integrated to give the complete model.

3.1.1 Heat Exchanger Model

The heat exchanger model adopts a concentric counterfloncdnlilguration. The reac-
tants flow through the inner channel(left to right) and thetoa stream flows in the outer
concentric channel in the opposite direction(right to)lefihe temperature in the reactants
and control flows are denoted BBy (=) and7(z), respectively as a function of the location
down the length of the heat exchanger. The two channels pegaged by a wall of finite
thickness. The wall temperature on the reactor side suigagigen by7y r(x). Similarly

Tw.c(z) gives the temperature of the wall on the control flow on side.

d2 < <— T (x) < Mmc A

ms —> —> TR(X) 0

\\\i\\\\\\\\\\\\\\\\\d&k\\\\\\w\\\\\\\\\\ N

To(x) < mc|
* hoo,Too

Figure 3.1: Model configuration: Concentric counterflow teac
For setting up the equations for the model the following ag#ions are made:
1. 1-D model in the axial direction, with no radial variatsgaxi-symmetric)
2. Constant specific heats of the fluid$:¢ andCpc)
3. No heat conduction axially in either of the reactant ortoarfluids

4. No phase change
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5. The wall separating the reactant flow and control flow isrttaly thin:

TR —Tc>»Twr — Twe

6. The convective heat transfer coefficient between thaantfuid and the walls on
both sides as well as the heat transfer coefficient betwemedhtrol fluid and its

walls is assumed to be a constant and is denoted by

Reasoning for the above assumptions are explained below.

The flow in the channel is laminar at Reynolds number on therati800. For the
thermal radial gradients, since the flow is laminar a patalpsbfile for the radial thermal
gradients will exist. This is captured in the model by the ofsthe correct Nusselt number
correlations§4] to account for the correct heat transfer rates. For the égatpre at which
the reaction occurs in the reaction channel, the averageaeature of the channel is then
utilized.

The 1-D counterflow PrOx micro-reactor model is developea gdug flow model.
The plug flow model is applied to both temperature gradiestwell as the concentration
gradients in the axial direction. The therma&dket number for a typical case is calculated
to be around 60. Hence conduction of heat in the axial dowaatan be neglected. For
species concentration the typicaédPet number is calculated to be around 900. For these
large Feclet numbers the diffusion of species in the axial directtan be neglected. In
other words the dependency of the flow on downstream locai®aiminished and the
temperature and concentration variables are ‘one-wayen@s. Thus the simpler plug
flow model is employed.

For gas mixtures, the specific heat can be calculated bygakie weighted average
of the component gases. In the current model, the maximumgehen composition can
approach 1% when conversion approaches 100%. In other woethsat complete conver-
sion, the CO composition will change from 1% to 0%. For this lbetaange, the change
in specific heat will be very small. For partial conversioarttchange in composition will

be even smaller. Hence the specific heat for the gas mixtutigeimeaction channel and
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control channels can be taken as a constant.

In the model, the temperatures simulated in the reactionretiaare in the range of
380K to 470K. In this range, all the species, including water are prilmamithe gaseous
state. Hence the assumption that only the gaseous phaseisxsasonable.

For the counterflow model, heat is transferred from the reaathannel to the con-
trol channel. In order to do so, heat must pass through thetioeachannel-wall in-
terface(convection), the wall itself(conduction) andrtiitee wall-control channel inter-
face(convection). For a typical case, the thermal reststgmovided by the fluid-wall in-
terfaces comprises of 98% of the total thermal resistanoeth&r, given the heat transfer
rates, the temperature drop over the wall is in the rangelofahile the total temperature
drop from the reaction channel to the control channel is ertinge of 100. Thus the
wall is denoted to be thermally thin in the modH]].

For long channel with constant flow conditions, the Nussathber is a constant. Given
Nu = hD/k and the diameter is constant along with the conductivityhefftuid which
varies only slightly, the local heat transfer coefficientaken as a constant over the length

of the channels.

Deriving the energy conservation equations for the wa#l,rbaction channel and the con-

trol channel over a small control volume in the x co-ordiflaigure3.1), we get:

k d?Ts
%(d% - d%)?y = —di(Tr —Twr) + do(Tw,c — Tc), (3.1)
mpCpr dT;
WthFl)Rd_; - _(TR - TW,R)? (32)
nicCpc d1¢ hoods
— = —(T — T To—T.). .
Thdy dz (Tw.e = Te) + =5 7=(To = Tx) (3:3)
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Following Ronney 45|, adding and subtracting Eqng&.2) and @.3) yield:

mROpR dTR X mCCpC dTC o

mhd, dx whdy dx
(Twr + Tw.e) — (Tr + Tc) + h;;dlz?’ (Te — Tho), (3.4)
mrCer ATk micCpodTc
mhd, dx mhdy, dx
(Twr —Twe) — (Tr — Tc) — h}‘;j?’ (Te — T (3.5)

Using the thermally thin wall assumptiofy — 7c > Twr — Tw c, the first term on the
RHS of Eqgn. 8.4) simplifies to2Tyy, and the first term on the RHS of EqrR.§) can be
neglected. Therefore, Eqn8.4) and (3.5) are rewritten as:

mRCdeTR I mCCpC dTC o
whd, dx whdy dx

hood
2T — (T + Tc) + 75 -(Te = Twc), (3.6)
2
mRCpR dTR . mCCpC dTC .
mhd, dx whdy dr
hood
—(Tr — Te) — —=(Tc — Twe). (3.7)

hdy

Adding and subtracting Eqns3.6) and @.7) yield a form similar to the original equations.

The final set of equations is then reduced to:

K d*T
T — A = —di(Ti — Tw) + dao(Tyw — To), (3.8)
mRCdeTR
— = —(Ix — Ty 3.9
7Thd1 dx ( R W)a ( )
micCpc dTc hoods
== = —(Tw—T. To —Ts). 3.10

These equations are then numerically integrated to olt@imxial temperature variations

in the reactant and control flows and the wall.
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3.1.2 Reaction Model

The heat exchanger model from the previous section is egtetalintegrate a preferential
oxidation (PrOx) model. The PrOx reactor is used in a fuetpssor after the water gas
shift reactor(WGS) to further reduce the amount of CO (belod05ppm) for PEM fuel
cell applications 46]. First the PrOx reaction mechanism is described, follolwgdhe
reduction of the mechanism to a simplified form and then appbn into the reaction
model.

Pth-Al,O5 catalyst is written as:

CO + % 0, — CO, AH = —280 kJ /mol (3.11)
H, + % 0, — H,0 AH = —240 kJ /mol (3.12)
CO + H,0 — CO, + H, AH = —41 kJ /mol (3.13)
CO + 3H, — CH, + H,0 AH = —210 kJ /mol (3.14)

Of the above equations, the water gas shift reaction (B4® and the methanation reac-
tion (Eqn.3.14) occur in trace quantities and are neglected. The remaimingeactions
are reduced to a single unified reaction by employing CO Seiigct.S), which is defined

as:
[moles of Oy consumed for CO oxidation]

CO Selectivity = (3.15)

[total moles of O consumed]
Experiments have showd§] the CO selectivity to be nearly a constant over the tempera-
ture range of 140-22Q’ in which the PrOx reactor operates. With this simplificatithre

overall mechanism is reduced to:

1-5 1 1-5

Simplifying a standard species transport equation, thedststate distribution of the CO
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concentration is given as:
d(CcoU)

= Qco. (3.17)
dx

The molar reaction rate for the CO oxidation is adopted fromm ki.al.[47] as:

: Wror 0-x
Qo = 3.18
CO = I'Cco|TOF X (LAC) X Mp,’ ( )
where the turn over frequency (TOF) is given by:
— rcojror = kco T Pl 'p&. (3.19)

The flow controllers are calibrated at room temperatfiyreHence, the reactant flow speed
v needs to be corrected with the local temperature in theimgachannel, 7;. Equa-
tion (3.17) is then combined with Eqn3(18) to give:

d(CcoTR) To Wror 0 -x

dz :rCO|TOF70 I Mpt'

(3.20)

A similar conservation equation can also be derived for thygen species by relating the
stoichiometry in the overall reaction (EqB.16):

d(Co,Tr) 1 d(CcoTr)

dx - 28 dx (321)

The heat released by the PrOx reactions leads to an addit@meat generation term to

the reaction channel equation (E@).
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3.1.3 Complete model

Combining the heat transfer and reaction model equatioasytstem of equations is then

written as:

d?Ts 4h

da? kw(d3 — d3)’
dTR 7Thd1 d(CcoTR) AH% Vb
% = (Te —T -
dz ( R W) mRCpR * dz 7Thd1 To '
dTC 7Thd2 Whoodg
— = —(Tw - T Te —Ty),
dx ( W C) mccpc mccpc ( ¢ )
d(CCOTR) - E WTOT 0 - X
dx CO|TOF ‘/E) I MPt7
d(Co,TR) 1 d(CeoTr)
—_— = = 3.22
dx 25 dx ( )
The boundary conditions for above system of equations aengs:
(
Tw = (diTg + d>T¢)/(di + do)
T = T3
z=10 i t
CcoTr = [CcoTr]
\ Co, T = [Co,TR]"
Tw = (T +doTE)/(dy +d
. w (TR + doT5)/(di + do) (3.23)

Te = T

The above system of equations constitutes a coupled boundare problemj8]. The
Matlab [49] boundary value solvesvp4c is used to solve the system. The solver uses the
Lobatto IIIA collocation formula to obtain the solution.

Prior to performing extensive parametric studies, the mmguof the kinetic reaction
model was validated by comparing the calculation resultk experimental data by Srini-
vaset al.[46] for an isothermal reactor. The agreement was found to bepagble as shown

in figures5.7and5.8.
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3.2 Model performance metrics

Employing the model described above, three quantities mnmeaply examined as perfor-
mance metrics. First, the most important metric is the netersion of CO that the system
can achieve. For maximum conversion, since the kineticf\atgenius, the temperature
should be kept as high as possible throughout the reactavety, maintaining the tem-
perature requires an external heat source and is found teefeient.

Instead of keeping the temperature constant, it can be eflaw decrease over the
length of the reactor. This loss in the overall enthalpy & baction channel can then be
recuperated into the outer control stream, which in turesdseat to the ambient. There-
fore, the outer channel serves as a buffer stage that catieecgignificant fraction of heat.
As a second performance metric, the overall efficiency is thefined as the ratio of the net
heat gained by the control channel to the total heat recdroea the reaction channel. In
other words, it is the measure of the heat recuperation flemraaction channel. Finally,
the reactive length is defined as the ratio of the length ofé¢laetion channel where up to
95% of the total CO conversion takes place. This metric toepiantize the part of reactor
used for CO conversion. Ferg., if 95% of the reaction occurs in the first half of the reac-
tor, the rest of the reactor is not contributing significard the reaction, but mainly acts
as a heat exchanger(as shown in Figu®. The reactive length parameter is normalized

with respect to the total length of the reaction channel.

3.3 Parameter list and selection

To identify optimal operating conditions and obtain thectean characteristics within the
channel, a variety of design parameters are consideredseTihelude geometry (length,
wall thickness, construction material), the mass flow ratesl the inlet temperatures
among others. The full list of parameters considered argvsho figure 3.2 The pa-

rameters which then selected for further study are higkdigim blue.
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Figure 3.2: Counterflow model parameter tree. The selecteshpers are marked in blue
and listed in Tabl&.1

Some of these parameters are rather fixed by the specifiodesggets and constraints.
For example, the reactant mass flow rate is determined byethieed output of the system,
and the geometry and dimension are often limited by the smigakion. In this study,
the inlet for the PrOx reaction channel is set with a mixtufé&@% H,,1% CO, 1% Q
in Argon, with the flow rate at 0.0186 gm/sec. This flow rate ypdfogen is expected to
produce approximately 40 W of power in a 100%-efficient fual stack. The amount of
catalyst is determined by fixing the weight hourly space igfo(WHSV) to be approxi-
mately 120,000. The control stream is taken to be water. Tve fate of 0.005 gm/sec
for the control stream is the net water requirement for aroigt@ane fuel reforming system
for the numbers given above. Based on these operating comslitive explore the selected
parameters and examine their effects on the three perfaenaetrics discussed above.

The base high and low values for the selected parametersvareig table3.1

3.4 Model results

Figure3.3shows a typical behavior of the temperature and reactienpratfiles within the

PrOx reactor model. The entry part of the reactor is highctiwe due the high temper-
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Parameter Symbol Low Value Baseline High Value Units
Reactor channel mass flow rate nig 0.009 0.0186 0.036 gm/sec
Reactor channel inlet temperaturd}y 468 471 473 K
Control channel mass flow rate  nic 0.0026 0.005 0.015 gm/sec
Control channel inlet temperaturel; 300 300 330 K
Thermal conductivity Ky 2 12 127 W/m-K
Initial CO mole fraction Xco 0.01 0.01 0.05 -
Mass of catalyst Wror 0.4 0.8059 0.88 gm
Selectivity S 0.45 0.5 0.55 -

Table 3.1: Parameter values for PrOx Counterflow model

atures, after which the reaction channel temperature dingghe reaction rate decreases
exponentially. The latter part of the reactor thus funcipnimarily as a heat exchanger.
For the entry region, since the temperature is high, thetijracate is fast which gives a
high heat release rate. This in turn raises the temperatdrenaintains a high reaction rate.
Once the temperature drops further downstream, the reaetie and the heat release rate
decreases with the depletion of the reactants which aatetethe temperature drop. In a
fuel processing system, where each subsequent reactoribasraemperature, the latter
heat exchanger part of the reactor can thus be designedspravide the inlet temperature
of the next reactor. Despite the lower temperature, therlgiart of the reaction channel

can be beneficial for reactions with a favorable equilibramtower temperatures(.

3.4.1 Parametric results

Figure 3.4 shows the effect of the mass flow rate in the reaction chamnglon the

CO conversion, reactive length and efficiency. As mass flovhenreaction channel in
increased, the reaction channel is able to hold the higinepeeature much better. How-
ever the coolant channel does not correspondingly incrieagemperatures. Even though
heat transferred to the control channel increase with taeti@ channel mass flow rate,
the increase in heat recuperation is comparatively lowéis Takes the efficiency drop

guite substantially as the mass flow rate in the reactionretlas increased.
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For the reactive length, since the temperature in the @acthannel stays higher for
longer of the length in the reaction channel, more of thetr@achannel accounts for the
net reaction. Hence the reactive length increases. Iiileghs conversion is flat. Even
though the temperature are higher and the reactive lengthases giving higher reaction
rates, the flux of incoming CO also increases. This causetihecsion of stay fairly flat
as the mass flow rate in the reaction channel is varied.

Figure3.5shows the effect of the reaction channel inlet temperafigjegn the CO con-
version, reactive length and efficiency. The results due¢hetion inlet temperature are

similar to the previous reaction channel inlet mass flow exteept that the flow rate had
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Figure 3.4: Efficiency, CO conversion and reactive lengtiswgreaction channel flow rate

diminishing effect as the rate went up, while the inlet terap#re has an increasing effect
as the rate goes up.

The inlet temperature directly effects the enthalpy goimg ithe system. It does in-
crease the temperature of the reaction channel consiger&t#nce the conversion in-
creases noticeably since this time the incoming flux of CO megike same. The reactive
length has similar characteristics due to the increasegeaeature and it increases as well.

For efficiency, both the heat transferred and heat recugzbiatrease, however the
recuperation does not increase as much as the heat traasfamerefore, the efficiency
decreases as the reaction channel inlet temperature sesreamilar as before.

From a control standpoint, changing the reactor channet teimperature beyond a

limit not be desirable since certain unwanted reactionditigcomes prominent at higher
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temperatures. An example is the formation of methane aehiggmperatures in the PrOx
setup.

Figure3.6shows the effect of the control flow rate() on the CO conversion, reactive
length and efficiency of the system. Increasing the conto flate does increase the
efficiency as it retains more heat, but this comes at a dragpense of lower conversion
rates. A higher flow rate increases the effective heat cgpatthe control flow, thus the
temperature rise is reduced and it draws more heat from #wioa channel. This results
in a reduced temperature in the reaction channel and heweesa tonversion rate. By the
same reasoning, a reduced control mass flow rate resultsigharhCO conversion at a

lower efficiency. Therefore, it is clear that there is a traffdbetween the CO conversion
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Figure 3.6: Efficiency, CO conversion and reactive lengtlsweicontrol flow rate

and the efficiency (or the heat recuperation) as the contessnflow rate is varied. At
higher flow rates, all the curves tend to level off to an asytiptvalue. The flow rate is
thus effective within a certain range of low flow values.

Figure3.7 shows the normalized sensitivity coefficients of the thredgyrmance met-
rics to the control flow rate. Consistent with the results i Bi6, it is clearly seen that the
performance of the reactor is more sensitive at lower cofiow rates. The results clearly
suggest that the control mass flow rate can be a conveniemsteadjust the reactor op-
eration at desired conditions. An excessively high rateocoftiol mass flow may lead to a
total turn-down of the system, in which case an externalihgatnit may be required to

maintain the system operation. For similar reasons, anredtsource of heating may be
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needed during start-up until the catalyst becomes actlvate

Figure 3.8 shows the effect of control inlet temperatufg on the same performance
metrics. The overall effect is similar to that of the contilolv rate in that a higher inlet
temperature of the control flow promotes reaction, therabyeiasing the conversion and
decreasing the efficiency. Compared to the control mass fheneffect of the control inlet
temperature leads to a wider range of variations in the pedace metrics. This is because
the control inlet temperature has a direct effect on theapyhof the system. Figure.9

shows the normalized sensitivity of the metrics to the antiet temperature. It can be
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ature

seen that the sensitivity of all three quantities is considly higher than the sensitivity
to the control flow rate. Therefore, it is concluded that thieti temperature is a more
effective means for the control of the system, while the a@rftow rate is suitable for

smaller adjustments.

Figure3.10shows the effect of thermal conductivity of the constructioaterialy)
on the CO conversion, reactive length and efficiency. Theedfieconductivity is generally
very small except at the low values where the material behiagee like an insulator. Any-
thing above a value of 20—30 W/m-K, the system effectivelyhvegsout the temperature
in the wall and it behaves like a very thin wall. In that scémathe main heat resistances

are the convective resistances between the fluids and the wabetween the fluid in the
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Figure 3.9: Normalized sensitivity of efficiency, CO conversand reactive length versus
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reaction channel and the wall and between the wall and theatahannel. The material
then has minimal effect on the operation of the system.

At the low values of thermal conductivity the material bedgmwmore like an insulator
and provides substantial thermal resistance betweendlk&or and control channels. This
may or may not be helpful since it also impedes the transfdreat from the reaction
channel to the control channel. A low resistance is bettehé&at recuperation while at
the same time it might lower the temperature of the reactltannel more than what is

required. Hence the material is an important design fadtat tan be used to set the
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Figure 3.10: Efficiency, CO conversion and reactive lengtiswgwall thermal conductiv-
ity

operating point of the system.

A thing to note is that in SectioB.1.1 the assumption was made that the wall is ther-
mally thin and hence the model is not valid at these low vabi¢sermal conductivity.

Figure3.11shows the effect of mole fraction of CO in the inlet streaig{) on the
CO conversion, reactive length and efficiency. The mole ivacdf CO in the system is
a very interesting parameter. As CO mole fraction is incréagee corresponding Argon
mole fraction is decreased to ensure that the effect of treiabhof CO is isolated from the
other species in the system.

As the CO mole fraction increases, the raw amount of CO thersyisés to remove also

increases. Even though reaction rates slightly increasealnigher CO concentration, the
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Figure 3.11: Efficiency, CO conversion and reactive lengtisue CO mass fraction in the
inlet stream

oxygen(and other species) levels remain the same limitiageéaction rate. Further the of
oxygen available to drive the CO oxidation reaction is alsogame as before while the
amount of CO has increased. Hence the conversion of CO falledslet CO concentra-

tion increases.

Keeping the above paragraph in mind, as the conversion @fbps the CO inlet mole
fraction is increased, the reaction rates also drops offgghaimilarly and hence the reac-
tive length decreases also as the CO inlet mole fraction reased.

Figure 3.12 shows the effect of mass of cataly$t(or) in the reaction channel on
the CO conversion, reactive length and efficiency. Mass dlysit has a direct effect on

the reaction rate. The more amount of catalyst in the systieenfaster the reaction and
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Figure 3.12: Efficiency, CO conversion and reactive lengtisw& mass of catalyst

better CO conversion is obtained. Thus with increasing thesmécatalyst in the reaction
channel, the conversion and reactive length both increase.

The heat generated and transferred from the reaction chalsweincreases as mass
of the catalyst is increased. However the control channdkfintough to hold onto the
transferred heat and looses most of it to the ambient. HdmcEfficiency dips sharply as
the amount of catalyst is increased.

Figure 3.13shows the effect of selectivityS) on the CO conversion, reactive length
and efficiency. The parameter of selectivity is a very samsdne. The reason is that how
selectivity is defined and how the parametric study is uaderi. Selectivity is defined
as the rate of oxygen used to oxidize CO to the total oxygen.ugekich also includes

oxygen used to oxidize hydrogen).
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Figure 3.13: Efficiency, CO conversion and reactive lengtiswe selectivityf)

For the parametric study, the CO oxidation rate is calculéitedhe Arrhenius rate.
Then based on the value of selectivity chosen, the hydrogelation rate is determined.
This when we vary the selectivity value, what we are changgnthe rate of hydrogen
oxidation. As selectivity is decreased, the hydrogen diodarate actually increases. The
rate of CO oxidation meanwhile changes based on the tempe@td the amount of CO
and oxygen available and not on the selectivity value chosen

Keeping in mind the heat of reaction for hydrogen oxidatisrgieater then that of
CO oxidation, as we decreased selectivity the hydrogen tigidancreases, causing the
heat to be released in the system to increase. This causeher lemperature in the
reaction channel and bumps up the CO oxidation rate whichdurhcreases the hydrogen

oxidation rate and so on. Thus we a get a better conversierarat reactive length. The
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efficiency as usual moves in the opposite direction and dsereas selectivity is decreased.
This work is performed with a PrOx reactive system which iklipiexothermic. Other
systems that are more exothermic will generate a larger atmaftheat that can be recu-
perated with a smaller expense of conversion efficiency.eMdgo that the present study
employed free convective heat loss on the outer surfaceeotémtrol channel without
any insulation. Further improvement in the system perforreas thus expected with an

additional insulation on the outer surface which will redineat loss to the ambient.

3.5 Control stream for thermal management

The parametric work was done to look at the effect of varicaiameters to study their
effect on the operation of the system. One of the main chgdlerwith running a counter
flow reaction system is control of the system. Too hot and yetwgwanted reactions, too
cold and the reaction ceases. Most of the parameters lodlezd ixed once the design of
the system is finalized or are very difficult to change oncestrstem is running.

However two parameters that are easier to manipulate amtiteol stream mass flow
ratefic) and the control stream inlet temperatdrfg). These effectively are inputs to
a running system and can be changed as needed. As shown bgrtmagbric studies,
the control stream inlet temperature has a bigger effecttla@diow rate a smaller but a
significant effect on the operation of the system. Hence tmrol stream flow rate and
temperature can be used as the primary controls when thensystrunning. The control
channel inlet temperature could then be utilized as a caansiol while the flow rate as a

fine control.

3.6 Expansion to multiple reactors

The current work is concentrated on the response of a siegletor. Based on the de-

veloped model, an integrated system of multiple reactonsbeadesigned such that each
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Figure 3.14: System Design for counterflow based reformstesy

reactor unit is represented by an assembly of counterfleasts of reactants and control
streams. The flow rates of the control stream and its temeraan be adjusted to control
the individual reactors in the system. Fig@@4show one possible design based on such a
concept. In this method, the feed is preheated as it flowseasathitrol stream through reac-
tors in the order of increasing temperature. This incretdsesontrol streams temperature
stepwise through the reactors. Before every reactor, theat@mtream can be augmented
or curtailed to suit the requirements of the subsequentaeadhe reactors themselves
need not be discrete, and can be placed next to each othenavjthysical separation to
avoid heat loss from the connecting pipes.

Taking the concept one step further, instead of packagmgegictors sequentially with
all the reactors exposed to the same ambient temperatersysitem can be designed into
a layered structure wherein the hottest reactor is burisléenthe structure. The other
reactors are then layered on the outside to form a gradugleeature gradient from inside
with the coolest reactor on the outside. This will reduce hess from the system because
only the coolest reactor will loose heat to the ambient. Tiame of system design is
expected to provide better performance and conversionegftig. However control of such
a design, especially the startup phase is not an easy tasoultl demand some creative

thinking like control of resident time of the flows and the@sated heat transfer rates by



using channels of varying cross-sectional area.
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Chapter 4

Silicon Micro-reactor

4.1 Introduction

Micro-reactor technology is a relatively new concept whingts offered the possibility of
miniaturization of conventional macroscopic reactorslevproviding the same throughpa].
By using the tools of micro-fabrication, several novel reactonfigurations can be fab-
ricated allowing different designs that would not have bpessible with conventional
packed beds. Such systems, referred to as micro-chanmgbrear micro-reactors, typi-
cally have dimensions in the sub-millimeter range, theattieing a reduction in diffusive
transport limitations. This translates into rapid heat arass transfer rates and short re-
sponse timed[7, 25]. The walls of the micro-channels can be coated with catatgaterial
by a number of methods including sputtering, evaporatibnyryswashcoating and solgel
coatings. For a given catalyst loading, the pressure droaifcoated micro-channels
is substantially lower than that in packed-bed reactors;ltisses in wall-coated micro-
channels would be primarily skin frictional losses, whilgoacked beds the form frictional
losses around the packed particulates would be dominadtliti@n to skin frictionpl, 52].
For example, considering the Ergun equation for a packedabne the equation for pres-
sure drop in a wall- coated micro-channel of identical cresstion and catalyst loading,
the pressure drop in the packed-bed is found to be approsiynd®0 times greater than

that in the wall-coated channel. Note, however, that thd-eadted channel needs to be

44
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longer than the packed-bed to obtain the same catalystigasiich that a careful system

design and integration is necessary.

Figure 4.1: Silicon substrate based Preferential Oxid@#0Ox) micro-reactor

Micro-reactors also facilitate integration of differetigtural features (manifolds, static
mixers, etc.) as well as functional elements (flow and tertipee sensors, etc.). The scale-
up is much simpler since it does not involve a conventiondbtgplant” based scale-up.
Instead, the number of micro-reactors is increased anddtegetup to operate in paral-
lel to achieve the desired throughpdd]. Large scale packed-bed reactors incorporating
powder or pellet type catalysts pose problems such as exteiffusive limitations, large
thermal gradients across the catalyst bed and flow disiibgiroblems. These issues are
much easier to handle in micro-reactors because of the fligxiim reactor engineering,
their small size and ease of scale-up. Micro-reactor teldgyahus seems ideally suited
for fuel processing reactor design as it provides quickis@rcompact reactors capable of
being taken on-board.

Recent efforts in the area of micro-reactor technology h&asva promising results.
An example would be micro-reactor fabricated in silicon |tdite with integrated sen-

sors and Platinum catalyst. The catalyst is deposited byemtren beam evaporation for
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ammonia oxidation, where conversionselectivity data gmitipn-extinction behavior are
exploredRl]. A micro-fabricated differential packed-bed reactor &veloped and demon-
strated for CO oxidation and is successful in providing kimahd mechanistic informa-
tion, for use in catalyst screenir&f]]. However, scale-up issues of packed-bed reactors
pose difficulties—the main one being high pressure drop. btame-based micro-reactors
incorporating zeolites and palladium have also been fatettand demonstratéd, 54.
Pioneering efforts in developing micro-fabricated reactsystems are being carried out
by various groups including Instituiif Mikrotechnik Mainz (IMM)[19], Forschungszen-
trum Karlsruhe GmbH (FKH0], Massachusetts Institute of Technology (MIZ}] 22],

The University of Michigan23] and Pacific Northwest National Laboratory (PNN24].

4.2 Micro-channel reactor fabrication

Micro-reactors are fabricated in silicon substrate usie] ktnown micro-fabrication tech-
niques such as photo-lithography and deep reactive ionngtclgilicon is chosen as the
substrate material because of its well-established psoug$echniques, excellent thermal
properties, and suitability for catalyst coating1].

As an application to PrOx reactors, a silicon micro-chameaktor is originally de-
signed by Srinivas and GulaBif] as shown in Figur&.2 The dimension of the silicon
chip is 32.5 mm long, 32.5 mm wide, and5 um thick. To prepare the chip, a primary
etch of20 um is made. The channels are then etched #@um depth. The channels
have squar800 wm x 500 wm pillar shaped obstructions to facilitate mixing of the refo
mate stream. An 8 mm recess is left on both sides of the chip. PFdx catalyst is then
washcoated onto the chip.

The chips are designed such that multiple layers can beedackbuild a crossflow
heat exchanger. Alternate chips can be made to carry diffesteeams which interact
only thermally. One set of chips would be aligned in one diogccarrying one of the

reformate streams while the other set would be aligned irctbgs direction. This system
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Figure 4.2: The original design of the silicon PrOx micragtor

can be applied to an endothermic reactor coupled with arhexiic reacto5] for better

thermal recuperation and efficiency.

4.3 Mass transfer analysis

The mass transfer analysis provides an estimation of the @frdiffusion through the
micro-reactor which would be used further as an input to threfmutational simulation of
micro-reactor. Consider the diffusion of the gaseous reést@ the micro-reactor walls.
The one-dimensional species conservation equation carbthevritten as

2
&

=P *-1)

whereC' is the species concentratioh), the gas diffusivity, and: the dimensional co-
ordinate for diffusionp6]. Using this equation, we can obtain an order-of-magniteste

mate of the characteristic time needed for the gas to diffoghe catalyst surface at the
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micro-reactor walls to bé?/D, whereL is the characteristic length for diffusion ari
the gas diffusivity. Considering a representative valuéhefdiffusion lengthl, = 400 um
in the micro-channel and = 0.1 cm?/s [57, 58], the characteristic diffusion time is es-
timated to be approximately 16 milliseconds. Under the afeg conditions used, the
typical residence time in the micro-reactor is approxinyale8 seconds. Therefore, it is
clear that the time for diffusion is much smaller than thedesce time, such that external

mass transfer effects should not play a significant roleeréaction.

4.4 Catalyst preparation

The catalyst preparation is done by Srinivas and G@aijising the slurry-sol hybrid
suspension methdd, 60]. An alumina sol is prepared with a particle size®% pm,

at an appropriate pH level to create a stable alumina suspg6%]. A solution of Di-
hydrogen hexachloroplatinate is added to the suspenstbe sppropriate amount to give a
2 wt.% Pt on AL O3 loading. The walls of the micro-reactor are primed to fornadherent
layer[27] and the catalyst suspension is then introduced into tieailmicro-reactor.

The coated micro-reactor is then dried for approximatelyr@@utes at 100C to form
a porous washcoat layer on the walls. The coating and dryiepgssare repeated in or-
der to build the catalyst washcoat layer until a desiredlgsttédoading of approximately
150 mg/cm is obtained. Figuret.3 shows SEM pictures of the washcoat layer on the
silicon walls. The thickness of the washcoat is approxifgelté mm.

In another setup, the catalyst suspension is prepared imisasimanner, dried and
calcined in a ceramic dish and then ground to 230 mesh sizen{@2 particles. This
powder catalyst is used in a conventional tubular packebrbactor (4 mm ID and 8 mm
bed height) for the purpose of comparing the results witls¢hobtained using the wall-

coated silicon micro-reactor.
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Figure 4.3: SEM images of the PrOx catalyst

4.5 The preferential oxidation reaction

In this study, PrOx is chosen as a model reaction and is daotiein a wall-coated micro-

reactor fabricated in silicon chip, as well as in a converdlgacked-bed reactor for the
purpose of performance comparison. The test gas used tookas1:1 CO:@ mixture in

a large excess of Hwith argon as the carrier gas. The catalyst used is a 2% Pt gD Al

washcoat. The equations below give the reaction set for @& Reactions:

CO + % 0, — CO, AH = —280 kJ/mol (4.2)
H, + % 0, — H,0 AH = —240 kJ /mol (4.3)
CO + H,0 — CO, + H, AH = —41kJ/mol (4.4)
CO + 3H, — CH, + H,0 AH = —210 kJ/mol (4.5)

In the above set of reactions, the oxidation reactibi2sand4.3 are the primary reac-
tions that take place in the PrOx reactor. The watergasetpifliorium reactiort.4would
occur to an extent governed by the amount gOHpresent in the system. The methanation
reaction4.5 typically occurs at very high temperatures. Reactidhand the forward re-
action in4.4 are desired as they consume CO. Reacth3s4.5 and the reverse reaction

of 4.4are undesired as they consume BO levels must be reduced to well below 100 ppm
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to avoid poisoning of the PEM fuel cell Platinum electrodes.
The following parameters are used to evaluate the perfarenahsilicon micro-reactor

and the packed-bed reactor:

) moles of CO consumed
CO conversion = oles of CO fod x 100 (4.6)

moles of Oy consumed
i = 1 4.7
O, conversion olos of O, fed x 100 4.7)

. moles of Oy consumed for CO oxidation
PrOxselectivity = totalQmoles of Oy comsumed x 100 (4.8)

_ 1/2 moles of CO converted to COq 100 (4.9)

total moles of O5 consumed

4.6 CFD flow analysis

In addition to the thermal integration of the reactors usangimplified plug-flow model,
3D CFD is also used extensively to predict the flow and heataciaristics of the reac-
tors. These efforts provided valuable guidance to the ldetathe design of the compo-
nents. Throughout the fuel processor project, several coets and assembly designs
have directly benefited from the CFD modeling predictionsesenwill be described in this
chapter.

A computational fluid dynamics (CFD) simulation to obtain fleev pattern for a gas
(argon) in the micro-reactor is performed using FLUEBZ][ The Reynolds number under
the range of operating conditions is calculated to be batgegnd 10. Therefore, the flow
within the channels of the reactor is laminar in nature. Qu#hée symmetric nature of the
micro-reactor design, the flow is modeled for a single infethe manifold with periodic
boundary conditions. Pressure at the outlet is assumedatrmespheric. The flow pattern
near the inlet is seen to spread out rapidly, giving a mixergth within 2% of the total
reactor length. Therefore, the flow is considered well mitkedughout the micro-reactor.

Modeling the entire chip in a 3D simulation is still a veryfuitilt task. This would

require an untenable number of grid points and also very tong to calculate. However,
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due to the repetitive pattern of channels on the chip, onragd the chip can be simulated
by employing periodic boundary conditions. To further slifiypthe simulations without
causing any significant loss of accuracy, 26aum precut in the silicon substrate is ignored.
Figure 4.4 shows the computational grids representing a segment ofmtbe-channel
reactor. To resolve the fine-scale behavior near the bounawer, the grid patterns have

finer mesh near the solid surfaces in the streamwise directio
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Figure 4.4: Mesh of a portion of the central part of the micgactor employing periodic
boundary conditions

The following operating conditions are employed throughaoall simulations:

Flowrate = 80-100,000 reformate ml/Hr/gm of catalyst
Temperature = 25%
H,O:MeOH = 1.5:1 (Molar)
O, :MeOH = 0.3:1 (Molar)

0.00583 mg/nim

Loading of catalyst

Catalyst loading 5 mg/chip



52

Figure4.5shows a typical result of the CFD simulation. The flow pattsratiown for
the middle plane of the chip. The flow is maximum at the centeéh® channel between
the two solid surfaces, reproducing a laminar channel flonat®r. The main goal of
studying the flow pattern is to resolve the dead spaces neantinance section of the chip.
The area in which the flow velocity is too low is a dead regiarth@ catalytic reaction and

thus adversely affects the overall performance.

M
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Figure 4.5: Contours of flow in the micro-reactor channels

Another concern is channeling of the flow in the reactor clesinr he flow pattern may
develop thin boundary layers near the solid wall such thebtlik of the flow simply passes
through the channel without sufficient contact with the lgditasurface. To ensure that the
overall mixing length at the entry of the reactor, a modifigdwuation is performed by
blocking alternate inlets into the chip. The results arexshim figure4.6 and confirm that
the flow returns to the original flow pattern within two pattéengths. Thus channeling is

not considered a serious concern in this reactor configurati

4.7 Mirco-reactor redesign and CFD flow analysis

During the development process, flow leakage is also fourita serious problem near
the entry and exit manifolds. To overcome this problem, thig ¢ redesigned into the

inlet manifold built into the chip itself, as shown in figuder. Instead of feeding directly
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Figure 4.6: Entrance region flow pattern with alternatetgtdosed

through the full face of the chip, fluid now flows down a commahetand then distributes
in the chip through eight inlets. These inlets are made matooprovide a back pressure
into the feed system. This ensures an even flow into every inle

The redesigned micro-reactors are 6 cm x 6 cm and have aligdioaded pyrex cov-
ers with inlet and outlet holes. Flow manifolds are providethe micro-reactor itself. The
active region of the micro-reactor also had staggered réviiltars” for efficient mixing.
The etch depth is approximately 200 mm and the charactedstiension (hydraulic di-
ameter) is approximately 400 mm. Pictures of the fabricatézto-reactor are shown in
Fig.4.7.

The obstruction pattern is also changed from the earlicausgpattern to a much smaller
oval pattern. As a result of this change, the void area in thg increases and results in a
drop in the peak velocity (Figt.gright]). Peak velocity in the modified design is found to
be slower by an order of magnitude(approximately 1 cm/s agpemed to 10 cm/s earlier),

allowing a longer residence time for the flow.
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Figure 4.7: The redesigned micro-reactor with inlet and evanifolds built-in

Figure 4.8: Contours of flow in the redesigned micro-reack@anoels: entrance(left) and
interior(right)
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To visualize how the flow spreads out from a thin inlet, a manitaining just one
inlet is constructed. Results from this simulation can be& seéigure4.gleft]. Some dead
areas observed on either side of the inlet. However, the ftt\nsnages to spread out
rapidly, yielding a very small entry length of approximat2s of the length of the reactor.

The flow is thus considered well mixed throughout the mi@aetor.

4.8 Experimental work

The silicon micro-reactor experimental set-up consises@istom built aluminum housing
(8cmx 8 cmx 1 cm upper and lower blocks) with inlet and outlet Swagelaknetions.
High temperature silicone rubber is used as a hermetic gaskerial. External heating is
provided using cartridge heaters placed in the lower alumiblock. Fig4.9shows details
of the micro-reactor housing assembly. For the packed-bedbe reactor studies, the
powder catalyst is packed in a quartz U-tube using glass awadlheated using a ceramic

box heater.
Inlet Qutlet

Thermocouple
A

-

Aluminium

Microreactor
/V blocks
\ Cal-u-jdgc /

heaters

Figure 4.9: Silicon micro-reactor housing assembly

The catalyst is pre-treated by reduction indd 250 Cfor 4 hours. The reaction mixture
is then passed through the wall-coated silicon micro-mraand the temperature is varied
between 150 and 28Q in steps of 20C. It should be noted, however, that the thermo-

couple used with the temperature controller is placed iratheinum housing just below



56

the bottom surface of the silicon micro-reactor. This is aoactual representation of the
temperature of the catalyst coating inside the micro-cbhrirherefore, an attempt is made
to correlate the catalyst temperature with the thermoeorgading.

The PrOx reaction is carried out under dry conditions antiauit any CQ in the inlet
stream, which had a composition of 60%,H% CO and 1% Q(stoichiometric coefficient,
A = 2) in argon. Parameters defined in equatidrés4.9are used as before to evaluate the
performance of the reactors.

Weight hourly space velocity (WHSV) is calculated by diviglithe volumetric flow
rate under normal conditions by the weight of the catalystiu3he WHSV is maintained
at 120000 cm*h~'g-cat™! for both reactors. Thus, the reactant flow rate, normalizitd w
respect to the weight of the catalyst used, is used as the fiaeaineter to evaluate and
compare the performance of the two reactors. Reactant addigiroompositions are ob-
tained using a dual channel Varian CP-4900 micro-gas chagregph employing a thermal
conductivity detector. Temperature measurements are oedg K-type thermocouples.
Reactant flow rates and pressure are controlled via PORTER fimas controllers. A

schematic of the experimental set-up is shown in &i§.

4.9 Thermal simulation

A simulation of the silicon micro-reactor and the aluminuwuking under steady state
heating is undertaken using FLUENSY]. Standard ambient heat loss are assumed from
the outside surfaces of the heating block. Note that, afhd@rOx is an exothermic re-
action, the heat generated by the PrOx reaction at the fle® tatder consideration (100
cm?/min with 1% CO) is approximately 0.2 W, which is negligiblengpared to the am-
bient heat loss which is estimated at 35-40 W. The silicom lodshe micro-reactor with

its excellent thermal conductivity, coupled with the alaonin block, behaves like a heat
sink and washes out this small amount of heat generated.efiney for simplicity, the

system is modeled assuming flow of an inert gas such as argaddition, the modeling
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is performed assuming a flat horizontal enclosed channelewhreality the silicon base
has vertical pillars which behave as fins, further contriiguto the heat sink.

The simulation results are shown in F§.10 The lower aluminum block and the
silicon base are approximately at the same temperaturethane is hardly any gradient
in the vertical or the horizontal direction. This is readoleasince both these materials
have excellent thermal conductivity. However, there isaghemperature drop within the
micro-channel of approximately 20. The interface between the channel and the glass
cover also sees a drop of approximately@0Obeyond which there is not much decrease in
temperature throughout the upper aluminum block. Notetti@tatalyst has been coated
not only on the silicon surface of the micro-reactor; it atewers the entire inner surface
of the micro-channel reaching the glass surface. For thitcpkr model results shown
here, the temperature within the micro-reactor varies fi&®-170C. Therefore, a rea-
sonable approximation of the catalyst temperature woultibaverage temperature inside
the channel which is approximately X0lower than the temperature read out by the ther-
mocouple placed in the lower aluminum block. This correci®applied in reporting the

catalyst temperature for the wall-coated micro-reactor.

4.10 Results

4.10.1 Comparison to packed bed reactors

For comparison of the micro-reactor to a packed-bed reasitarlar experiments are con-
ducted using a U-tube packed-bed reactor. As in the case ofal-coated silicon micro-

reactor, the catalyst is pre-treated in the same mannerthanekaction mixture is passed
through the packed-bed reactor. A key parameter is the textyse. The temperature con-
trol used is the same as the earlier case. For matching theetatnre a thermocouple is
directly placed within the packed-bed reactor, inside thalgst bed touching the power

catalyst. Hence, no temperature correction is needed épd#cked-bed setup. For the
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Figure 4.10: Temperature profile in a section of the miciacter housing assembly

micro-channel, temperatures were corrected using CFD ationk as described in Sec-
tion 4.9. Also, the micro-reactor and packed-bed reactor chalatiter are matched as far
as possible. The GHSV for both reactors is kept the same,ntioiiat of catalyst in both
reactors is also matched.

The diffusion length scale in the micro-reactor from Satdd3is 400 wum while par-
ticle size in the packed-bed is given to be arodfad um from Sectiord.4. These similar
diffusive length scales mean that the diffusion time scateson the same order of around
20 milli-seconds. The residence time in the reactors is ri@e one second such that any
external mass transfer effects would not have an effectlamddw can be taken as fully
mixed in both packed-bed and micro-reactor setups. Thenaltenass transfer effects are
taken to be the same since the catalyst and the flow chasiteare the same.

Figure4.11 shows a comparison of the,@nd CO conversion obtained from actual
experimental runs performed on the wall-coated silicorraareactor and the packed-bed
reactor. The results obtained from both types of microtmacshow good agreement with

each other. This validates the fact that there are no extarass transfer limitations that
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Figure 4.11: Comparison between packed bed-and the siliecno+reactor

arise in using the wall-coated micro-reactor as comparekegacked-bed micro-reactor.
For both reactors, the L£conversion showed an increasing trend with temperature and
reached 100% conversion at approximately 210 The CO conversion increased with
temperature until about 210 and then begins to fall.

Figure4.11also shows the measured selectivity of the PrOx reactionsrewconsistent
behavior is observed for both micro-reactors over a widgeasf temperatures. The selec-
tivity to CO oxidation is fairly stable near 45% until about®C, beyond which it begins
to decrease. Selectivity implies the competition betweera@®H, oxidation in the PrOx
reaction process. In the absence of CO, the oxidation,@dr Pt is instantaneous, even at
room temperature. However, when CO is present in the mix@@epredominantly covers
the Pt catalyst surface and inhibits the oxidation ef As the temperature is increased, the
rate of CO oxidation increases and hence we see an increasthi@® and @ conversion.
However, at the higher end of temperatures (beyond@)@O begins to desorb from the
catalyst surface resulting in partial coverage of the sertay CO, thus allowing the oxida-

tion of H, to proceed at a faster rate. Hence, oxidation ghldw becomes dominant and
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we see a sharp fall in the CO conversion as well as the selgdivCO oxidationfi7]. No
methane formation is observed in either case.

Examining equation8.18and3.19we do see that the temperature has an exponential
effect on the reaction rate in these reactors and is the nwsinént effectB5]. Since
both reactors operate in the (fully mixed) regime and theigtarameters(diffusion length,
GHSV, etc.) and especially the temperature is kept the sagrsee/similar conversion rates
and efficiencies. Thus as long as the operating regime oethaars is similar along with
other parameters, a packed-bed and micro-channel readtorield similar conversion

rates.

4.11 Scale up

Based on the results obtained from the single micro-reag&ies, a prototype scale-up
method for the micro-reactors can be developed. The metivadves stacking the micro-
reactors and bonding them using glass frit bonding. By thithotkthe capacity of the
system cab increased while at the same time reducing hesatddbee ambient due to the
decreased surface area to reactor volume ratio. The reartalso designed to be discrete
so that separate reactors can be coated with separatestatatg carry different reformate

feeds.



Chapter 5

Silicon Micro-reactor with an Integrated

Platinum Heater

5.1 Introduction

In the previous chapter, silicon micro-reactor was desigared fabricated for preferential
oxidation of CO that forms through the reforming of hydro@artio hydrogen. It was
shown that micro-reactors could be used for selective COatixid at a level comparable
to that of packed bed reactors without the negative effdqisassure drop and mass transfer
limitations. Compared to the macro-scale, packed-bed tgpetors, micro-reactors have
many advantages of better thermal management and magsargmdlowing more precise
control of chemical reaction3f]. They can also be scaled up more easily and provides a
flexibility in the design to achieve compact and efficientthal integration] 7, 25].

One of the main design challenges of micro-reactors is tota@ a desired tempera-
ture within each reactor component with minimal heat loghéosurroundings. To achieve
this goal, a careful thermal integration among varioust@ammponents is the first critical
step. Even with the most effective thermal integration, &asv, it is sometimes necessary
to provide additional energy into the reactor via an extieneating device. In the previ-
ous chapter, this was achieved by use of cartridge heatdvedsiad in a bulky external

aluminum housing. To further improve on this preliminangidg@ and to fully utilize the

61
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benefit of the micro-reactors, it is necessary to integra¢ehieating system with the re-
actor into a more compact package. In this chapter, a platiheater embedded on a
glass wafer(Fig5.1) is utilized to make the whole assembly smaller. The newgnatied
heater/reactor design thus allows a more thermally effiéiad compact reactor system.
This chapter presents a description of the modeling andrignpetal processes used in
the design and fabrication of a thin-film platinum heateegmated with the silicon micro-
reactor for preferential CO oxidation. The modeling effotludes an analysis of thermal
characteristics of the system using FLUEIGZ], as well as the reactor performance using
POLYMATH]I63]. Experimental measurements using the fabricated remaatercompared
with the simulation results in order to assess the overafbpmance of the new micro-

reactor design.

5.2 Platinum heater design and fabrication

In this study, a thin film of platinum was chosen as a resishigater. To design the
platinum thin-film heater (Fig5.1), an estimate of the deliverable power was needed.
The silicon micro-reactor measures 6.5 ¢cm6.5 cm and its thickness wals 00 um
(i.e. a 550 um thick silicon wafer with a550 um thick pyrex wafer on top). The heater
was integrated with the micro-reactor by employing a glagsbbnding method. The
effective thickness of the micro-reactor system with thiegnated heater was therefore
1650 um. To obtain the heater design parameters, the micro-reagstem was modeled
as a 6.5 cnmx 6.5 cmx 1650 um heated plate held horizontally in ambient air.

To obtain the heater power rating, the plate was assumedhedted uniformly. Heat
losses from the thin vertical faces of the plate are assumée negligible compared to
those from the larger horizontal faces. Since heat gewoerdtie to the PrOx reactions is
small, at steady-state, the total heat loss from the desiassumed to be the power deliv-
ered by the heater. It was assumed that the plate was reqaibedheated to a maximum

temperature of 40@. This therefore yields the maximum power generation by tae p
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Figure 5.1: Platinum thin film heater deposited on a pyrexJAvédfer

inum heater to be approximately 40 W. To account for radididsses and an over-design
safety factor, it was decided to operate on AC line voltail@(f RMS AC) with a heating
value of 60 W. This suggested that resistance of approxign2@2 €2 would be required.

The cross-section of the deposited platinum is 2 mm widebah@m thick. Using the
electrical resistivity of platinum, the required lengthtio¢ heater is found to be 390 mm. To
accommodate this length on a small chip, the heater is theigrkdd as a single meandering
platinum line in the center region of the bottom pyrex wafer.

An important consideration in designing the thin-film heasethat it needs to deliver
the required power without electro-migration of the heditezs. Electro-migration is of
particular significance in the case of thin films carryingctie current. If the current den-
sity in the film exceeds a certain threshold value calledsdemigration limit, it can lead to
a failure of the thin film. It is known that the electro-migaat limit for platinum is approx-
imately 10° A/m?[64, 65]. The maximum possible current through the thin-film heaer

found to be 755 mA when the AC voltage reaches the peak valuwe cdrresponding cur-
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rent density is 3.7%&10° A/m?. This value may seem to be close to the electro-migration
limit. However the heater was designed for a temperatureyn280°C higher than its
operating temperature and the heater design wattage wasaguéntly increased as well.
This ensures safe operation of the heater.

Another factor to be considered is dielectric breakdown. KVaalielectric material
or insulator is subjected to a potential difference thatexis its breakdown voltage, the
dielectric properties of the insulator are lost. For pyréasg, the dielectric breakdown
voltage is on the order of 10 kV/mm. Since the potential défece between the heater and
all ground planes in the micro-reactor is significantly lé#ssn the dielectric breakdown
voltage, dielectric breakdown is not expected to be a proltethe this design.

First, the heater pattern was created by electron-beanoeaiagn, and was transferred

to a550 um thick Pyrex 7740 wafer by photo-lithography. A thin layetitdnium was first
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deposited in order to facilitate adhesion, an@l apum of platinum was subsequently de-
posited. Acetone lift-off was carried out to delaminate uiheleveloped photoresist, which
also removed the Ti-Pt film from unwanted areas. The glasemwaith the deposited Pt
heater was then integrated with the silicon micro-reacyoemploying glass frit bonding.
Inlet and outlet ports (3 mm Pyrex tubes) are also bondedetonilero-reactor using glass
frit bonding(Fig.5.2). Glass frit tape was applied to the surfaces to be boridethe lower
surface of the silicon micro-reactor and the upper surfd¢beoglass wafer. This was fol-
lowed by multiple curing steps in a furnace. Under heat aegsure, the glass molecules

melt to form an intermediate sealing layer which solidifiescooling.

5.3 Thermal modeling

A 3-D CFD simulation with a full thermal model of the micro-ar was performed using
FLUENTI[62]. Since the reactor itself was unmodified, the flow pattemghis system
are the same as that shown in ChapteHence, in this chapter focus is on the thermal
aspects of the system. We look at the prediction of the teatyer profiles from the CFD
simulations and verification through experimentation.

The 3D simulation included the micro-reactor itself alonghwhe top and bottom
pyrex glass covering layers. Since the thickness of theehésd.1 pum, its thickness was
neglected and was incorporated as surface heating at thdaice of the bottom pyrex
glass and silicon layers. Non-reactive PrOx reactant flévQ0O, 1% Q and 60% H in
Ar) within the silicon layer was also considered. The irdtee pattern etches in the silicon
was not modeled similar to last time.

For calculation of the heat loss from the exterior surfaBeag/leigh and Nusselt number
correlationsp6] are used to obtain overall ambient heat transfer conveaoefficients
for the upper and lower horizontal surfaces on the micratmasystem. These are then
developed into a local form so that they could be used in tmeilsitions as user defined

functions. Due to buoyancy, different local convectionretations for natural convection
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for upper and lower surfaces are calculated as:

hupper = 4.2218 (TS — TOO)O.2773 (51)

Power = 2.1109 (T — To) 27" 5:2)

The emissivity of pyrex glass is 0.82 and hence radiaticecésfare also taken into con-
sideration for the simulation. The FLUENT simulations pd®ad detailed 3-D temperature

distributions for different heater power densities pr@ddas an input.
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Figure 5.3: Comparison of predicted and experimentally mresstemperatures at the
center of the top glass plate of the micro-reactor

On the experimental side, the silicon micro-reactor systéth the platinum heater
was placed on three glass rods arranged in a triangle formdier 0 mimic suspension
in ambient air. The thin-film leads are soldered to a coppee @wnd connected to an AC
line through a variac. The variac is adjustable to providsvben 0-100% of line voltage.
The temperature at the center of the pyrex cover plate wasured using a K-type wire
thermocouple. Care was taken to ensure that the thermoctpipi@s in intimate contact
with the pyrex cover plate. This was achieved by taping it mlawth high temperature

Kapton adhesive tape. A milli-ammeter was placed in the-titnm heater/variac circuit to
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obtain the current flowing through the heater at differemlieg voltages. The product of
applied voltage and current (both RMS values) through théehémthe power dissipated
by the heater. For different applied voltages and poweestgmperature at the center of
the cover plate was noted and compared with the values peedior this location by the
FLUENT thermal simulation.

A plot of experimental and predicted temperature valuebatenter of the top glass
plate for different heating powers is shown in F3g3. It is shown that the FLUENT model
predicts the experimental data within 5% over a wide rangleeater power. The results
confirm the model validation and predicts the overall terapee distribution in the micro-

reactor system.

FLUENT 6.1 (3d, dp. segregated, lam)

Contours of Total Temperature (k)

Figure 5.4: Temperature distribution: Glass silicon ifgee with Pt heater. The dotted line
shows the location of the micro-channel over the heater

FLUENT simulations are then performed to examine the sptimperature distribu-
tion on the reactor surface. A sample result for a heater pdgsipation of 15 W is shown
in Fig. 5.4through5.6. The temperature distribution in the reaction zone is searaty

within 15°C, with a majority of the zone within 5=T(Fig.5.5). Due to the narrow temper-

ature distribution in the silicon micro-reactor, it contdés that the reactor operates under
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FLUENT 6.1 (3d, dp, segregated, lam)

Contours of Total Temperature (k)

[

Figure 5.5: Temperature distribution: Center plan of resctione(micro-channel)

reasonably isothermal conditions, the reaction tempeydiging the average temperature

in the micro-channel reaction zone.

5.4 Reaction modeling

In Chapted, the performance of the silicon micro-reactor was foundgsimilar to that of
a packed-bed micro-reactor of comparable characteristiermsions. A simplistic packed-
bed micro-reactor model as a means to predict the perforenafrtbe silicon micro-reactor
is thus developed. The aim of this model is to provide a reasiendesign basis to deter-
mine the micro-reactor sizing and performance estimafldm following assumptions are

made:
1. The system operates at steady state.
2. Convective transport is in one spatial dimension(axialbng the gas flow).

3. The reactor is isothermal.
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FLUENT 6.1 (3d, dp, segregated, lam)

"
. Contours of Total Temperature (k)

Figure 5.6: Temperature distribution: Glass cover platee dotted line shows the location
of the micro-channel beneath the glass plate

4. Reactions are primarily the CO and Bixidation on a Pt/-Al, O3 catalyst. Metha-
nation and reverse water-gas-shift reactions are neglekieetic rate constants for

the CO oxidation are obtained from Kiahal.[47]

5. Selectivity of H oxidation based on experimental evidence is assumed toistecu

and equal to 50%9=0.5).

6. Thermodynamic and transport properties are determiasddon the mixture of

excess Hand Ar, since CO and Qare in trace amounts.

The net PrOx reaction over RtAl,O; with both the CO and K oxidation together is

written as:
1-S 1 1-5
—H — — H,O. .

The species conservation equat@ri[for CO is then given by:

d(V . Cco)

T Phed gy~ Kco - (Coo — Céo)s (5.4)
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where the right hand side represents the rate of CO trangpantthe bulk to the catalyst

surface. A steady state is reached on the catalyst surfacie tisat

(—Tco)* -Opy, * XPt * Poed

kco Y- (Ceo — Cop) = 7
t

(5.5)

The right hand side of equatidn5 represents the CO consumption rate on the catalyst
surface. A semi-empirical reaction rate was taken frommditae(Kimet al.[47]) in units

of turnover frequency (TOF,3) per number of Pt sites.
(=rco) = keo el FT) -pio p,. (5.6)

Following this the Pt loading in the catalyst and its dispersvas included in the expres-
sion. Since the micro-channels have a small charactedsnension, the external mass
transfer limitation was also neglected. Therefoaf®,, ~ Cco, such that(—rco)* ~
(—rco).

Furthermore, since Qs present in trace amounts (1%), the volume change in tlotioea
can be neglected so that the total volumetric flow rate in the&ra¥reactor is approxi-
mately constant. The mass flow controllers are calibrateocah temperature. Combining
Egn. 6.4), (5.5 and 6.6) we obtain the conversion equation for CO as a function of the

mass of the catalyst:

dXco  kco Opi xpeTo- (R-T)*F (752) s
e - . . a . 5.7
W My Vo T-Cig O CoCo, (5.7)

From the PrOx reaction stoichiometry, the conversion egndor O, is then derived as:

dXO2 1 kCO 'HPt *XPt 'TO . (R 'T)O‘Jrﬁ (;Ea) P
=33 - 1) Ce - 5.8
AV 25 Mp Ve T Coy O CloCosn (5.8)
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and similarly for H as:

dXu, 1—Skco Opc-xpe-To-(R-T)*P (722) 5
= - T)-Cgo *Cop, - 5.9
dw S M Vo T-Cig 01 CioCo, (5.9)
This gives a set of three ordinary differential equationsiclv are subjected to the boundary

condition:

XCO = )(O2 = XH2 = 0, for W = 0. (510)

The set of the above differential equations are integrasagiguMatlabg9] to obtain the
final conversion numbers.

Experiments were conducted, where a mixture of 1% CO, 1% 60% H in Ar
was introduced in the silicon micro-reactor. Exit gas coniions were measured using
a Varian CP-4900 micro gas-chromatograph. The temperafuleanicro-reactor was
varied by adjusting the variac power. Due to the narrow tewatpee distribution in the
silicon micro-reactor, as inferred from the FLUENT 3D thatreimulations, it is assumed
that it operates effectively under an isothermal regimee &werage temperature in the
reaction zone of the micro-channel reactor is taken to bedhetion temperature for the
reaction model.

The temperatures required for the reaction modeling aratbeage core reactor tem-
peratures. However these could not be measured directipcdHELUENT simulations
are used to determine the core reactor temperatures gieewuter surface temperatures.
From experimentation, the surface temperatures measuardtedop of the glass plate are
measured and simulations are performed in FLUENT so as &orotite same temperatures
at the same locations. Heat generated by the Platinum hsatiso check for consistency.
Using these simulations, the average temperatures fordieeregion of the reactor are

calculated. These temperatures are then used in the neawbideling.
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Figure 5.7: Comparison of predicted and experimentally mmeasCO conversions for
different flow rates at constant heater power

The experimental CO conversion was determined by gas chogmagth measurements
for a set of different heater powers (and hence for diffeaeetage reaction temperatures).
The isothermal packed-bed reactor model predicted a set @io@@ersion values for these
different reaction temperatures. The heater was found toficient to sustain temper-
atures over 19@. Thus comparisons at higher temperatures and converdies cauld
not be made. Figures.7 and5.8 show a comparison of the experimentally observed CO
conversions with those obtained from the packed-bed nrieagtor model.

Figure5.7 shows CO conversion as a function of flowrate of reformate énntticro-
reactor at 190C. The reaction model captures the experimental trend of C@ersion,
however it consistently underestimates the conversiamegalArrhenius reaction rates are
exponential in nature. Hence taking an average of a 2D teatyrerfield would generally
underestimate the reaction rates since higher than avesageeratures have an exponen-

tially higher effect as compared to lower than average teatpees.
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Figure 5.8: Comparison of predicted and experimentally mreasCO conversions for
different heater powers at constant flow rate

To understand the underestimation a sensitivity analysidone using the reaction
model. Results are generated at various temperatures aimavérage temp of 190.
The temperatures used are 192, 194, 196, 198 antC200sing this analysis we find
that the temperature in the reaction model is underestarateabout 6-8C. The higher
temperatures are able to able to match the CO conversion membe

Figure5.8shows CO conversion as a function of heater power (or temperatbm the
reaction model). Similar to before, the model is able to wagpthe trend but underestimates
the CO conversion values. To confirm the above hypothesieathrage temperature un-
derestimating CO conversion, the reaction model was rerbigher power levels so as to
increase the average temperature by 7 degrees. It is foahtyhncreasing the tempera-
ture by 7C, the model results match the experimental data within 3%s tdonfirming the
hypothesis.

Collapsing a 2D or a 3D temperature field to an average temperistfound to under-

estimate the reaction rates since the Arrhenius kinetesgponential with temperature.
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A better methodology is to utilize a weighted temperatureraging that would be bet-
ter suited to Arrhenius kinetics in order to increase theueaxy of the reaction model.
However, it is clear that the packed-bed model describepénrmance of the silicon
micro-channel reactor in a satisfactory manner, thus bshafg the validity of using such

a model as a design tool for micro-channel systems.



Chapter 6

Design and Prototyping

This chapter describes the development and prototypindpefuniversity of Michigan
fuel processor design. Based on the collective knowledgeeapdrience, the University
of Michigan fuel processor team set an aim of designing a imgrkrototype of an iso-
octane/gasoline fuel processing system. A total of thretopypes were designed and
built. This chapter will describe each generation of fuelgassor built and the results of
operating the fuel reformers. The author will describe itadehe modeling work per-

formed to support the fuel processor development process.

6.1 Generation |

The Gen | design was the stepping stone which further ledéoGan Il micro-reactor
design. The Gen | design played a key role to gain further tstaeding of layered coun-
terflow micro-reactors. The Gen | design utilized a countarfscheme of alternate en-

dothermic and exothermic reactions for recuperative djpera

6.1.1 Design

Figure6.1 shows the prototypes for the Gen | micro-reactor. The Gerctonieactor is a
layered micro-reactor. There are multiple thin plates sacited between two thick plates.

The inner plates of the micro-reactor hold the metal foarlnetween two plates. The metal

75
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foams are subsequently washcoated with the desired datalys

The layered structure in the Gen | prototype is used as a Reharger in the counter-
flow or coflow modes. Separate reformate feeds are chanriebedh alternate plates/lay-
ers in either the opposite direction (counterflow) or the samection (coflow). This cre-
ates an arrangement where heat exchange takes place béiveereighboring channels
thus creating a reactive channel along with a heat exchangéar to the model described

in Chapter3.

Figure 6.1: The first generation micro-reactor. The daskedine outlines the metallic
foam coated with the catalyst

6.1.2 CFD and thermal analysis

The central plates in the Gen | design contain a trapezomwmlidvia section where a rectan-
gular metal foam is seated. Each of these foams is washcwitted suitable catalyst and
located near the site of the catalytic reactions. To en$atetihere were no dead spaces or
flow channeling issues in these trapezoidal regions andtrag, a FLUENT flow simula-
tion is performed to predict the flow pattern. The FLUENT slations do not account for
the effect of foam in the flow conditions due to the model latitins for porous media. Itis
anticipated that the foam would only mix with the fluid betd thus modeling without a
foam would give us a worst case scenario. The flow analysigumd6.2 show the velocity
profiles at every quarter length down the axial directione feshing for this simulations

is shown in figures.3.
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Figure 6.2: Flow field inside a single channel of the Gen | ov@actor. High velocities
are seen near the inlet and exit with small recirculatioreszan the opposite corners.

The higher gas flow velocities through a channel of the Gencdrarieactor design
were observed near the inlet and exit regions. The smalltegzelocities in the top left
and the bottom right corners, indicates the existence afadation zones, although they
appear to be of minor significance. Furthermore, the presefimam in the real prototype
would mitigate these recirculation zones. Thus via a FLUEMalysis it was shown that
the Gen | mircro-channel design would not have any malthsition of gas flow.

To assess the performance of the prototype as a heat exchBbhg&NT thermal sim-
ulations are performed for the geometry shown in figuee The alternating four channels
consist of two high temperature streams (red-%23and two low temperature streams
(blue-400K). The mass flow rate in both the reactor channel and the codfemnel was
taken to be 0.4 gm/sec. Under these conditions, the heaférdnetween the two sets of
channels was found to be significant. Figé.® shows the simulations results and plots
the temperatures. The top plot shows the coolant entry sidettee bottom plot shows

the reactant entry side. Within a few millimeters of the irdad the outlet the two flows
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Figure 6.3: Model of a single channel with mesh of the Gen Iraasreactor

reached an equilibrium temperature. The results were coedirby the experimental ob-
servations, thus the Gen I prototype was found to be inadedoiathe present application.
The ability of the design to adequately separate the teryreraf the two feeds is the main

requirement and the Gen | design could not achieve.

Figure 6.4: Mesh of multiple channels for thermal simulated the Gen | micro-reactor.
The red channels carry the hotter fluid, the blue channety ta cooler fluid in the oppo-
site direction

In summary, the Gen | design acted as a large heat sink ancetheedcould not be
heated up to operational temperatures. An alternativegdetiie Gen Il is developed to

overcome the limitations Gen Idesign.
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Figure 6.5: CFD prediction of the temperature profiles witthia Gen | prototype reac-
tor. Two figure show the reactant (top) and coolant (bottoow temperature fields of a
counterflow-type reactor

6.2 The Gen Il prototype

The Gen Il prototype is designed considering the limitagiohGen | to lower the surface
area to volume ratio and retain heat better in the systens ddmcept is designed consid-
ering the feasibility and manufacturability. The overallwume of the reactor was reduced
by a factor of 25 while keeping the core reactor and catalytrae the same. This gives a
favorable surface area to volume ratio. In this particuksign the individual reactors are
linked together in a serial manner with a temperature cdlatrfior each reactor.
Recognizing that many problems with the Gen | prototype wearesed by the large

surface to volume ratio, the Gen Il prototype is designedh\aitmore compact package

while maintaining the metal foam size for the catalyst a®teef Figure6.6 shows the
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modular components and the assembled reactor. Heatersséaéled in the reactor for

startup and temperature control.

Figure 6.6: Exploded view of the second generation micewt@. The assembled version
on the right show 25 layers

The design consists of metal plates placed in layers. In the IGlesign, the inner
plates were milled to form the trapezoidal groove in thegdathere the metal foam was
placed. This process was time consuming and costly. In thelGaesign, each inner
plate is replaced by two separate plates. One is a complete while the other plates a
full depth hole cut in it. By placing these two plates togettiner trapezoidal grove similar
to the Gen | design was obtained. Since these plates areclaiséhey cost much less to
produce. Gaskets are introduced around the foam to prexaking and to hold the foam
in place.

In the Gen | reactor, startup of the system was found to betiaadrissue. Even after
starting, the reactor could not sustain its operating teatpee. Thus, in the Gen Il design,
heaters were incorporated into the reactor to initiate heghperature for startup. For
startup, the Gen Il prototype requires heating up to a teatpe¥ of about 300C. To check

whether the system would start up and achieve a stable tatopemwithin a few minutes,
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high wattage heaters were incorporated into the design. dBasealculations done with
500W of heating per reactor, the startup time was estimatdeetaround 1.2 minutes.
These were used as startup heating devices and also tol¢bettemperature of the reactor

during the operation.

FLUENTS

Figure 6.7: Gen Il predicted temperature profiles in a ceesgion(left) and the mid-
planes(right)

One of the concerns with this design is that these heatergeragrate hot spots in the
reactor. The hot spots can not only cause a drop in reactfmneety, but also cause ex-
cessive thermal stresses in the reactor leading to leakabfdure. With uneven heating
present in the reactors, the temperature distributionenréactors could be very uneven.
This would lead to hot or cold spots in the reactors which wdead to thermal stresses,
warpage, leakages and even failure of the reactors. Thusderstand the temperature
distribution in the reactors, a FLUENT thermal simulatisrundertaken. The ATR being
the hottest reactor in the system is chosen for the simulattoom the heat loss calcula-
tions, it was estimated that about 80 W of heating would beired to keep the ATR at
a steady state temperature of close to 700 In the model, 4 heaters of 20 W each were
used. This system is solved for steady state with conveatigeradiative heat loss to the
atmosphere. Figuré.7 shows the temperature distribution obtained from the satmans
in the Gen Il reactor. The four bright red spots are the heateihe reactors The corners of
the reactor were found to be the coldest. Nevertheless,itieeethce between the hottest

and the coldest spots in the core region of the reactor istftaitve less than 25C. This
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core region is where the catalyst washcoated metal fornasmdihence the reactor is found

to be fairly isothermal under operating conditions.

Figure 6.8: Gen Il predicted temperatures in the quartdicsec

Thermal stresses are expected to be maximum in the ATR, wipehates at a much
higher core temperature(70Q) than any other reactor in the system. A second FLUENT
thermal simulation to predict a variation in temperaturéhi@ ATR was undertaken. For
this simulation the mesh from the previous simulation waslu3 he expected temperature
profile for the ATR was plugged into the reactor model as irutnpoundary condition.
The temperature profile for an ATR rises steeply to its maxmemperature of 900C in
the first 10% of the catalytic metal foam and then reducestiggo 650°C by the end
of the metal foam. This is implemented into FLUENT as a usdindd function with a
predefined temperature as described above.

Due to symmetry of the model of the reactor design, only atguaf the reactor is
required to be modeled. The results of this simulation amvshin figure6.8. On the
inlet side the temperature decreases more thari@@bm the metal foam tip to the outer
surface on the reactor. On the outlet side, this temperadtais less than 500C. Thus

the simulation shows a steeper temperature gradient omteeside This implies that
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the reactor is more prone to warpage and leakage on the idketo$ the ATR. During
experimental work we did observe leakage on the ATR and thestd warpage. As a
remedy, the inlet and exit ports were welded to the reactdy lbor the ATR. Welding of
the ports was not required for the other reactors (WGS and)Ri@se the reactors operate

at much lower temperatures and no leakage was observedydesiing.

6.2.1 Generation II: System integration

With the Gen Il design in place, a complete datasheet is digwi\ppendixA) based on
a 100 W, (electric) system. All the reactors in the systeime, ATR, WGS 1, WGS 2,
PrOx 1 and PrOx 2, are based on the Gen Il layered design asaishdigure6.6.
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Figure 6.9: Gen Il system flowchart

This system flowchart is shown in figuée9. Preheated water from the vaporizer/com-
bustor is mixed with the air and the fuel and fed into the ATROMYGS reactors follow the

ATR to clean up the bulk of the CO. This is followed by two PrOactors which further
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reduce to the CO concentration to below 10 ppm. This hydrogdnstream is fed into the
fuel cell for power generation. Exhaust from the fuel celht@oning residual hydrogen is

then fed into the combustor for heat recuperation.

Figure 6.10: Gen Il assembled system

During startup as the autothermal reformer comes up to teatyre, it produces methane
into the gas stream which might poison the downstream cdtalyTo prevent that from
happening a bypass valve is connected after the ATR whichdsgs the rest of the system
during startup. Once the ATR is up to temperature and funtctgpnormally, the bypass
valve is closed routing the gas stream to the WGS and PrOxarsact

Each component is controlled individually to its operatiblemperature by the embed-
ded heaters totalling 80 W of heating power per reactor. Tumaber of catalytic metal

foams in each reactor is based on the required space vetddibe reactor. Thus while
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Figure 6.11: Gen Il species plot

only 4 layers of the catalytic metal foams were required far ATR reactor, the WGS
and PrOx reactors required on the order of about 20 metaldasanh. For measurement
purposes each reactor has a tap to sample the output to tleigesatograph (GC) for
composition analysis. Figu&10shows the picture of the assembled Gen Il system.
Results from the operation of the Gen Il system over 40 howhkasvn in figure6.11
The system successfully generated over 30% hydrogen ctatien with CO levels be-
low 80 ppm. While the operation of the Gen Il system is as peigdeshe system is not
thermally self sufficient. External heat in the form of eteszl heaters is provided in each
reactor for startup as well as for continuous operation.hEs&t of heaters in each reactor
is controlled by a PID controller to maintain the temperatof the reactor as specified. A
rough calculation showed that the heat input into the systasxmuch more than the elec-
tric power expected from operating a fuel cell by the hydrogeneration by the system.
Even though the system is thermally inefficient, the Gen #teyn demonstrates that
a fuel reformer portable system is feasible to the consttli@ind operated. In the next

generation of the design, the individual reactors will beoiporated in a single design for
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thermal efficiency and self sufficiency.

6.3 Generation Il

Moving from the Gen Il system design of discrete reactorsGlen Il design is an attempt
to integrate the reactors into one physical package. Theasimentioned before is to
further reduce heat losses from the reactors to the amhierdgundings. In the Gen Il

design, emphasis is on combining all the reactive regiorns sngle physical package.
Hence instead of separate discreet physical reactorspthplete system is implemented
in a single metal brick form. This is the first attempt whertiatrecuperation of heat from

the exothermic reactors to the endothermic reactors isatel via conduction.

PrOx air

| — PrOx  —>
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nlet—— —
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\ Outlet
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Figure 6.12: An idealized concept of an integrated fuelmefr system

6.3.1 Changes in the Generation Il design

For each of the individual reactors, the earlier approachweashcoating the catalyst onto
metal foams. Multiple foams are then stacked onto each aitferm a single reactor. This
makes the reactor packaging very bulky which leads to a higbat loss to the ambient
air due to a larger surface area of the individual reactosretiuce the package size of
the reactor, especially for the very hot ATR, the micro-cterapproach was abandoned
and replaced with a packed-bed reactor. The packed-betbraasized as per the flow

and conversion requirements of the reactor. In the Gen Bigiethe system is designed
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for 1 kW, electric output(AppendiA), so the packed-bed ATR was sized accordingly with
the required amount of catalyst. Instead of washcoating#talyst on metal foams, the
ATR catalyst powder is trapped in a cylindrical ceramic aferblocked by wire meshes
on both sides. This gives a very small reactor size with a gefmimate conversiop).

Heat always flows naturally from a higher temperature to dezdemperature with the
rate of flow of heat proportional to the temperature gradidittus, to minimize the heat
loss, one has to minimize the temperature gradients. Rjachot reactor directly exposed
to the ambient air will create a high temperature gradiedtlzance the heat loss will be
large. By placing the hottest reactor in the middle of theeysand layering the other
slightly cooler reactors around the hot reactor, the teatpes gradients and heat losses

are reduced.

Figure 6.13: Exploded and assembled view of the Gen Ill cpihce

6.3.2 Ideal concept

The ideal concept is to place the hottest reactor in the neodtal location of the system
and place successive reactors in a layered fashion outisikde bottest reactor. This would
lead to a spherical or cylindrical design. One such cylcalrdesign concept is shown in

figure 6.12 The ATR being the hottest reactor is placed in the core oktstem. The
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WGS reactor operates at a slightly lower temperature thadTireis layered around the
ATR. The initial part of the ATR can also be used as a heat exggraalong with the latter

half of the WGS to preheat the feed. Finally, the PrOx readduither layered on top

of the WGS reactor. Further insulation and heat sources rbiglaidded to the system for
proper operation.

Controllability and manufacturability of such an idealizegstem is very difficult to
achieve. To maintain the required temperature profilesch eathe reactors while provid-
ing the correct amount of heat transfer from one reactor otheen is a very difficult balance
to achieve. The author attempts to provide a first step irgaddal concept by use of coun-
terflow configurations as shown in Chap&IThe ideal concept is further complicated by

startup concerns.

7 7

I

Figure 6.14: Gen Il cross-sectional view

6.3.3 Description of the Generation Il design

The construction of an idealized concept (fig@d2 is also a very difficult task. To

facilitate the production of a concept where heat recumrdtom one reactor to another
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takes place, the simpler and more familiar box design wigers of metal is selected.

Figure6.13left) shows an exploded view of the Gen Ill concept. The gie$s made
up of rectangular blocks of steel with cavities designedoime layers for the ATR, WGS
and PrOx reactors. The reactors are separated by thinnetssbfesteel with holes drilled
in various locations and layers for providing flow passagestfe flow from one reactor to
the next. The picture on the right shows the complete assshdylstem.

Figure6.14shows the cross-section of shows one half of the Gen Il qundée other
half is mirrored on the top such that the ATR and combustasight in the middle of the
layout. By utilizing this scheme, the hottest reactors, thi&And the combustors do not
loose heat to the ambient, but to the surrounding reactorshwb the WGS reactor and
the feed preheat chambers(HTEX). The other reactors aiadyriayered in the system.
The low temperature reactors now see the hotter reactorseside and actually gain heat
instead of loosing heat from that side. This leads to a mucteri@rmally integrated and

efficient design.
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Figure 6.15: Schematic and thermal conductivity of theiahibuild-up on the Gen Il
system

6.3.4 Prototype of Generation Il

During the construction of the Gen Il reactor system theraNeystem design from the

ATR to the PrOx is laid out as shown above. However it woulddxy difficult to make the
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complete system operational in a single attempt. Hendeligj only the combustors, ATR
and heat exchangers are build. The first step is to get these tbmponents operational.

The following devices will then be added one by one.

Figure 6.16: Picture of the assembled Gen Il system

Figure 6.15 shows the schematic of the initial buildup of the Gen Ill syst The
combustors in the Gen Il are used to provide the heat to jpiethe feed of iso-octane,
water and oxygen entering into the system. The heat exchanigemselves are made
bigger to provide a larger surface area for better heatfeanBurthermore the larger size
allows the feed to flow at a much slower rate in the chamberhwives a larger residence
time and better preheating. The feed then flows into the ATR.

Figure6.16shows the assembled system with the plumbing, insulatidnfe@ncomplete
package between two ceramic plates and then two thick skatelsp The ceramic plates
are used to provide a thermal insulator on the top and botides ®f the system while the
steel plates are necessary to provide rigidity and comjore$s the system. The complete
system is them bolted down by twelve long bolts. The sealinthe operate layers is
done by graphite gaskets and compression from the boltss@®laol is used as external
insulation on the outside of the system. By this method, tistesy is essentially inside

insulation from all side, the ceramic plates on the top arttbboand the glass-wool on the
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sides. Then this complete package is caged inside the s&¢etp

The system was designed not only to maintain good extersalation but also se-
lective internal insulation. Selective insulation withime system is achieved by use of
insulating foam within the reactors by lining the reactorsaertain sides only. For the
hydrogen combustor, the insulating foam is placed on thaboand the sides as shown in
figure6.15 This directs the heat above to the heat exchangers and ingdrheat flowing
below. For the ATR, the insulating foam lining is done on th&édrm and sides to prevent
heat flow to the lower part. The top part is left open so that baa flow from the heat

exchangers to the ATR and vice versa.

Contours of Velocity Magnitude (m/s) Apr 05, 2005
FLUENT 6.1 (2d, segregated, lam)

Figure 6.17: Flow characteristics in the preheat chambetstee ATR in the Gen Il system

Similar to Gen Il cartridge heaters were installed in the Gedesign for startup and
to control the operating temperature. Even though the heare necessary for startup,

during testing the Gen 11l design could self-sustain withaxly external heat.
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6.3.5 Thermal simulations of generation Il

Since the Gen lll design is thermally integrated, it was intgoat to understand the thermal
characteristics and flow of heat in the design. Hence CFD bigmednd thermal analysis

are conducted for the Gen Il system.

Contours of Total Temperature (k) Apr 05, 2005
FLUENT 6.1 (2d, segregated, lam)

Figure 6.18: Temperature profiles in the Gen Ill system dukTi® heating. The ATR is
used a source of heat and the heats up the rest of the system

The CFD domain is setup as shown in fig&d5 with conductivity of the material
including the insulating lining within the reactors. Sirtbe model is symmetric, only half
of the model is simulated. For simplicity, a 2D simulationundertaken instead of a full
3D. The flow boundary conditions are given in Appendifor a 1 kW, system.

Figure6.17show the results for the flow simulation. The flow appears toHamnelized
within the ATR and may cause some mixing issues. Howevehearattual setup, within
the ATR a ceramic block is placed with a single channel. Hamaanelization would not
be a problem. Note that this flow simulations did not conth@a¢eramic block used in the
ATR during testing.

Figure6.18 shows the results from the simulation of the Gen Il initiatug. In this
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simulation, the ATR is defined as a heat source to see how ledtl\wpread in the system.
For the results, we can say that the insulating liners withen ATR reactor are able to

direct heat to the heat exchanger above rather than let itdfédow and away from the heat

exchangers.
I
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Figure 6.19: Gen Ill temperature plot

6.3.6 System operation and experimental results

The system was run continuously for 50 hours with the feegksras shown in appendix
which corresponds to a system power generations of 1 ligure6.19shows the temper-
atures, pressure drop and heat input(preheat) in the systenthe 50 hours of operation.
For the first 10 hours or so the water was mistakenly not tuamedHence the ATR oper-
ated as a partial oxidation reactor instead of auto-therefafming. For the last few hours
of operation, the preheat was turned off to see if the systemdvoperate without any
external heat input. As seen in figuBel9 the system continued to operate with no drop in

temperature. The temperatures within the ATR and combsistéonain stable.
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Figure 6.20: Gen Il species plot

Figure6.20show the results for the species from the system. The plotskite mole
fractions for the various species without the mole fracfimnwater. Hence the totals do
not add up to a hundred. Again for the initial 10 hours, theewatput to the system is
turned off resulting in lower percentage of hydrogen as yfstesn is operating in partial
oxidation mode. As soon as the water is turned on, the hydrpgecentage jumps to about
30 %. The system performance does degrade a little over titmehwdrogen production
lowering to about 20 % at 50 hours. However even when the ptelas turned off the
system continued to operate and generate hydrogen.

The University of Michigan fuel processor team continues abvove work to add fur-
ther stages in the Generation Il design and built an updsystemg8]. It includes the
WGS and PrOx reactors and is able to sustain itself thermalllyclemically over long
periods of time with gasoline as a fuel. The hydrogen flow oufpom the design is 4.1
L/min which corresponds to 73%,,. The hydrogen efficiency for the conversion is 0.7 for

the system and the thermal efficiency is calculated to be. OIbg system was tested for



over 100 hours and found to be tolerant to sulphur in the fuel.
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Chapter 7

Summary and Recommendation for Future

Work

With PEM fuel cells showing great promise as a future podglaiwer sources, the empha-
sis on hydrogen production by fuel processing has increddeelneed for miniaturization
of current reactors to portable levels is also evident byntitere of the applications served
by the fuel cell/fuel processor systems.

In this dissertation, an attempt was made in the developofahermally efficient and
compact fuel processor systems. Work including the dewvedéoy of a basic heat recovery
models to the development of working prototypes was unkenta The following para-

graphs give the overall summary for the work done.

Counterflow reactor A counterflow heat exchanger model for heat recovery withta ca
alytic PrOx reaction channel was developed. Parametraiefuwere undertaken to
investigate the effect of various parameters on the systewas demonstrated that
the counterflow control stream could be used to control trexaimg conditions of
the reactor system. Since heat is recovered from the exoitieeactor to preheat
the cold reactant feed, the heat recuperation may saciifecednversion efficiency
in the reactor. The proposed model provides a conveniehtdadficiently identify

the optimal conditions for initial system design.
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Silicon micro-reactor CFD flow modeling of a silicon substrate based micro-reacts w
performed. A custom mesh to capture the boundary layertsfigas constructed.
Flow characteristics of the micro-reactor were modelledg&LUENT. Effect of
the micro-reactor features on the flow mixing was studied lbging off alternate
inlets and this effect was found to be negligible. The flow Wasd to redistribute

itself in less than two cell lengths.

Thermal simulations of the micro-reactor was done to ptedetemperatures in the
silicon micro-reactor when the complete setup is packagea bulky contraption.
Comparison to experimental and validation of the thermalehpdckaging was done

in Chapterb.

Comparison of the micro-reactor was done with a packed-bstksy The micro-

channel system is found to be comparable to the packed-lséghsgince mass trans-
fer is not a limitation in both systems. The micro-reactds® dave a much smaller
pressure drop and have distinct advantages such as flgxifilieactor design and
integration of structural and functional features. Scal®ithe design by increasing
the number of micro-reactors by stacking was discussed.s€ake-up method can
also be used for fabricating a crossflow heat-exchangergioation using the same
design. The use of such a wall-coated micro-channel reaggtem provides advan-
tages such as customizable reactor designs, integratistmumitural and functional

features, low pressure drop and, possibly, efficient heagement which are very

difficult in conventional packed-bed reactors.

Silicon micro-reactor with and integrate platinum heater The micro-channel reactor was
integrated with a platinum heater which was deposited ontiderside of the silicon
substrate. Thermal CFD simulations of the setup were donesttiqi the hot spots
in the design and the temperature distribution. The themualel was validated by

use of thermocouple data over different thermal dissipatates from the platinum
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heater. The model is able to predict the temperature disioito in the micro-reactor

and its surroundings.

A 1-D reactive model for the PrOx reaction was implementeB@LYMATH. The

reactive model was able to predict the conversion of theavieactor to a very good
degree. The measured data was consistent with the sirmdagsults. Integrating
a heater with the micro-reactor makes a much smaller packébebetter thermal

characteristics.

Design and prototyping Three generations of fuel processing systems were desaed
prototyped. After a first prototype(Gen I) that did not workry well, a complete
micro-channel based working fuel processor system (Gavas)constructed and run
over extended times. The conversion or the reformate inflodgen was satisfactory
at about 70%. Using a micro-channel design has to be donemuitth care, since
the micro-channel necessitates a much bigger physicajm@giich which is prone
to high heat losses to the environment. This generationeofyistem used discreet

packaged reactors with each having their own external gy

As a next step a thermally integrated(Gen Ill) system wagyded. The foam based
reactor approach was replaced with packed-bed ATR desige.initial part of the

system with only the integrated combustors/heat exchareyat the ATR was con-
structed. The system gave good conversion performance asdkle to continue
operation even when external heat supply was removed. Ysioked bed reactors
sized to the design flow requirements instead of using smalinfbased reactors
decreases the package size of the reactors. This makesttersemuch more ther-

mally compact and efficient.
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7.1 Directions for Future Work

In this dissertation we have build and used simplistic m®dslwell as full 3D CFD models
to study and built reactors for fuel processing as well fudllfprocessing systems. Much is
yet to be learned and accomplished and the following are sentanmendations.

The counterflow model as a simplistic model works very welptedict the effect of
varying different parameters. Effect of only a limited nuenlof parameters were studied.
This can be expanded to include numerous other parametdrasiconstruction material,
wall thickness, variable catalyst loading, etc. Expans@omultiple reactors chained to-
gether as shown in figurg. 14 can also be done. However this model cannot predict the
heat transfer and temperatures in thermal integratedmssich as the Gen 1l design. For
the latter, 2D or 3D CFD simulations are still required to getuaate numbers. Extension
of the counterflow model to the other reactors other than @k as the ATR and WGS
can also be undertaken.

Until now, all micro-reactor development have been dondghlly controlled environ-
ments. The temperature of these micro-reactors has bedmlbe by the use of external
heaters. While this system works, in practice any external imput implies a loss of the
overall system efficiency. Therefore, it is necessary togmesicro-reactors with minimal
use of external heat inputs. This requires extensive pdranstudies with various sys-
tem dimensions and configurations, which can be substgntzadilitated by developing
simulation tools with the required fidelity.

In Chapterd and Chapteb, while a silicon based micro-channel reactors has be mod-
elled and demonstrated, the heat losses from such a higbtaape physical package are
excessive. Effects of scaling-up via multiple paralleltess the system to reduce the ther-
mal losses can be studied via modeling. Comparison to a pdm@deactor as the system
is scaled-up should be kept in mind since in the Gen Il dethigne is merit in replacing
the micro-channel based ATR with a packed-bed reactor.

Chapteré demonstrated a working fuel processor system and thelim@&ings of a
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thermally integrated fuel processor with only the ATR anel¢bmbustors. This should ob-
viously be carried forward to included the WGS and PrOx raadtmcomplete the system.
Fuel reforming remains one of the desirable techniquesnerngge hydrogen for portable
devices. However, the Department of Energy’s strategy hdted towards developing
portable fuel reformers based on abundant and renewableduscesf9] such as natural
gas and biomass. With the lighter hydrocarbons, not only dskip the big components
of WGS and PrOx since CO cleanup is not required, but also theatipg temperatures
are much lower at below 200. An iso-octane fuel reformer would need to operate at over

700°C making the design big and heavy.



Appendix A

System datasheet for a 400W fuel processor

System Power (Hydrogen based) - 400 W

Hydrogen feed required for fuel cell 10.66 gm-mal/kbur
(Calculated from DOE Fuel Cell handbook - Page 8-2)
(www.seca.doe.gov/pubs/4-fuelcell.pdf)
(Data from Perry’s chemical engineers’ handb&]

Fuel Modeled Gasoline - (Iso-octane + 300 ppm Sulphur)

Component wise data sheet

Desulpherizer

Number of Devices - 1
Operating Temperature - Room Temperature
Inlet Flow Rates
Modeled gasoline — 0.6406 gm-mGkH;s/Hr
Inlet Sulphur Concentration 300 ppm
Outlet Sulphur Concentration 20 ppb = 0.02 ppm (Worst Casend p
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Auto-thermal reformer(ATR)

Number of Devices - 1
Inlet Temperature 350-40@

Inlet Flow Rates and composition

CgHis — 0.0209 x 12.8665 = 0.6406 gm-mOLH;s/Hr (using Carbon balance)
H,O — 0.3344 x12.8665 =10.2496 gm-mia}O/Hr (usingH,O/C =2.0)
Air — 0.0836 (0,+3.76N,) X 12.8665 = 2.5624 gm-mol),+3.76N>) /Hr (O,/C = 0.5)
Exit Temperature 55850°C
Exit Composition (Wet Volume Basis) Equilibrium Based at 700
H, — 0.2788
N, — 0.3139
CO — 0.0690
CH; — 0.002
CO, — 0.0962
H,O — 0.2400

Total mole flow = 30.65 gm-mol/Hr (Remains unchanged, WGS doésimange number

of moles, in PrOx0,is consumed.)

Water gas shift reactor

(The reactiotCO+H,0O — CO,+H, is assumed to go to completion, leavir§00 ppm CO)
Number of Devices 2 in serial configuration
Inlet Temperature 400C

Inlet Composition (Wet Volume Basis)
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H, — 0.2788

N, — 0.3139
CO — 0.0690
CHy — 0.002
CO, — 0.0962
H,O — 0.2400

Exit Temperature 250C

Exit Composition (Wet Volume Basis)

Hy, — 0.3478

N, — 0.3139

CO — ~500 ppm
CH, — 0.002
CO, — 0.1652
H,O — 0.1700

Preferential oxidation reactor

(Here the changes in concentrations other than CO are nedlehe only change made is
that the CO concentration goes down fresB00 ppm to~10 ppm)

Number of Devices 2 in serial configuration
Inlet Temperature 220C

Inlet Composition (Wet Volume Basis)

H, — 0.3478
N, — 0.3139
CO — 500 ppm
CH, — 0.002
CO, — 0.1652

H,O — 0.1700
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Additional air is also introduced into the PrOX reactor. tésselectivity = 0.5 Moles
of Oyneeded = 2 x 500 ppm x 30.65 /Hr /2(atoms/molecul®gf= 0.015 gm-molO,/Hr
Exit Temperature 180C

Exit Composition (Wet Volume Basis)

H, — 0.3478
N, — 0.3139
CO — 10 ppm
CH, — 0.002
CO, — 0.1652

H,O — 0.1700



Appendix B

PrOx implementation for Counter-Flow Reactor

model

Nomenclature

Reactor channel bulk temperature Tz ()
Length of channel L
Flow rate of CO species Feo
Weight of catalyst Wror
CO generation per gm cat. rco
Kinetic rate TOF TCO|TOF
Active catalyst percentage Op;
Catalyst dispersion X Pt
Molecular weight of active catalystM W p,
Inlet flow rate W
Temperature fol Ty
Pre-exponential factor kco
Activation Energy Ea
Gas constant R

CO Partial pressure Pco
O, Partial pressure Po,

[K]

[cm]

[moles/sec]

[gm]

[moles/sec-gm of cat.]
[sec!]

[gm-Pt/gm-cat]

[]

[gm/mole]

[cm?/sec]

[K]

[L/sec-kP& " for rcoror]
[ergs/mol]

[=8.314e7 ergs/mol-K]
[dynes/cnd], [kPa forrcoiror]

[dynes/cn], [kPa forrcoiror]
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Concentration of species C; [moles/cni]
Selectivity s []
Superscripts

Initial value, att =0 ¢

Assumptions

The total number of moles that flow in the channel do not chafgs is reasonable for
the PrOx reaction since it operates in a very dilute rangeaaydeffects change in total
number of moles due to the reaction is very small. This wowthbe applicable in the

WGS reaction and the equations would have to be changed &uglyrd

ds
d2 < < Tc(x) < Mmc 0
\\\\\\\\\\\\\\\\\\\\\;)&\\\\\\\\\\\\\\\\\\\\\ ¢
mes —» - R(x
AN
< < Tc(x) < INc v
* heo,To
Figure B.1: Model configuration: Concentric counterflow react
Equations
ng;/(x) = rco [moles/sec-gm of cat.] (B.1)
rco = roojror Ope Xer [moles/sec-gm of cat.] (B.2)

M WPt

—rcojror = kco - e T -Pfo - P2 [sec™!] (B.3)
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Also flow rate Foo(x) can be written as a product of the concentratign, (z) and the

flow rateV (z). The flow rateV/ (z) is related to the inlet flow rate and temperature by ...

1%
V(z) = = Tn(x) (B.4)
0
1%
= Foo(z) = Cco(x)-V(x):C’co-TO-TR(x) (B.5)
0
Also
W(z) = WTOT-% (B.6)
= AW = WEOT-dx (B.7)
dfgo(x) _ [Vo L | d(Cco(x)Tr(z)) (B.8)
dW T() WTOT dx .
Putting it all together.
d[Coo(x)Tr(x)]  [ToWror] koo 0pi-xpi-[R-Tr(x)*™’ (75225) . a8
dx Vv, L MWp, eNfTR® ) Cog - Co,
(B.9)
which can also be written as ...
d[Coo(x)Tr(x)] To Wror | kco -OptXpi: (m25) 8
=—|= : @) - P&, - P B.1
dr ‘/O T MWPt € coO O2 ( O)

where the partial pressurés and P, are given in kPa.[ref Kim Lim]

Concentration Relations

PCOV = ncoRTR (Bll)
nco Pco  XcoP
Crp = —2 = = B.12
©CoOT Ty RTn  RTx (B.12)
4 XL P
Ch, = 29— (B.13)

RT},
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PrOx Reaction

Defining selectivity .. .

. Oxygen consumed by CO oxidation (B.14)

total oxygen used

The Preferential oxidation of CO in a hydrogen environmerghigracterized by the fol-

lowing two reactions. ..

O+ % 0y —s CO, (B.15)

For every mole of CO that reacgss mole of G, reacts. Total number of moles that flow are

given by ...
. 1.
[Foo — Feo(@)] = 5-[F6, — Fou(2)] (B.17)
Hence the following holds true.
o 1.
[CeoTr — CeoTr(2)] = 5[Co, Tk — Co,Tr(2)) (B.18)

or

T |
Co, = 72(Co, — 25 Clo) + 25 Co (B.19)
R



Conventional derivation

From KuoHf§g ...
0C 4

5+ V- Cav=VCDap VX4 + Q4

Under steady state conditions with no diffusion, the equateduces to ...

o .
— =0
3x(CAU) A
where
W 0 -
Qa4 = raror X (LZOCT) MI/>I</
o = V. _WIk
Ac  AcTy
Thus

Linking heat generation with Heat of Reaction

, dT’ ] ergs
— mRCde—; — hlﬁdl(TR - Tw) + Ail' =0 {Cmg— S:|
AFCO = —a[CCOV] ALB
Ox
q = HOR x AFCO
HOR Vy d[CcoTg)

mRCpR TQ dx
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(B.20)

(B.21)

(B.22)

(B.23)

(B.24)

(B.25)

(B.26)

(B.27)

(B.28)
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Appendix C

Matlab code for the counter flow model

%% Module for counter flow model with PrOx implementation
% Amit Dhingra
% Incorporating the Kim Lim kinetics

% In dimensional form (CGIl system)

%% INIT

clear all;

close all;

format short g;

disp( 'Beginning’ )

run _number = 0; % used to modify ergs —> Joules only once
%% DATA ENTRY

%% Inlet mass fractions for reactor stream and catalyst prop erties
% Define input volume percentages

% index [CO 02 H2 Ar]

XXi=[0.01 0.01 0.60 0.38]; % Initial mole fractions

Wt=[28 32 2 40]; % Molar weights

TO = 300; % Temperature at which VO was measure, e.g. SLPM [K]

Wtot = 0.8059; % [gm] of catalyst
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22

23

24

25

26

27

28

29

30

31

32

33

34

35

36

37

38

39

40

41

42

43

a4

45

46

47

48

49

50

51

52

53

54

thetaPt = 0.02; % [fraction] mass fraction of Pt in catalyst
chiPt = 0.3; % [] Dispersion of Pt
MWPt = 195; % [gm/mol] Molecular weight of Pt

s = 0.5; % selectivity

%% Single step reaction data — PROX kinectics — Kim Lim
kCO=1.4e8;

HORCO=280000e7; % [ergs/mol]

HORH2=240000e7; % [ergs/mol]

Ea=78000e7; % [ergs/mol]

Rgasconst=8.314e7; % [ergs/mol —K]

a=—0.51; %CO2 coeffcient

b=+0.76; %02 coefficient

%% Geometry and constrction material
d1=0.56; %Reactor channel diameter [cm]
d2=1.29; %lnner coolent channel diameter [cm]
d3=2.89; %Outer coolent channel diameter [cm]
L=4; %lLength of the reactor [cm]

kw=12e5; %Thermal conductivity of the wall [ergs/s —cm—K]

AR=pi/4 *dl*xdl; % Cross—section area of reactor channel [cm"2]

%% Reactor channel
mR=0.00018651e2; % mass flow rate in reactor channel [gm/s]
CPR=1535e4; % specific hear in the reactor channel [ergs/gm —K]

NuR=4.0; % Nussleft number of the reactor channel, diameter based []
TRIN = 198+273; % Inlet temperature of the reactor channel [K]
kR = 0.10783e5; % [ergs/sec —cm-K]

% hR is calculated below

%% Coolant channel
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56

57

58

59

60

61

62

63

64

65

66

67

68

69

70

71

72

73

74

75

76

7

78

79

80

81

82

mC=7.32e —3; %[gm/sec]
CPC=4200e4; %lergs/gm —K]
TCIN=300; % [K]

kC=0.6e5; %][ergs/sec —cm—K]
NuC=7.54; %

%% Ambient Conditions
TINF=300; %[K]
hINF=10e3; %lergs/sec —cm2-K] % Recalculate
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pINF=1.0135e5 =+ lel; % [dynes/cm2] Make sure you convert Pressure to ...

kPa in rCO |TOF

%% END DATA entry, BEGIN data processing

%% Beginning big loop for parameteric study
%% Setting varied variable limits and steps
var _.desc = 'Reactor channel mass flow rate [gm/sec]
var _name = 'mR';
var _base _value = eval(var _name);
var _LB = 0.00009e2;
var _UB = 0.00036e2;
no_steps = 400;
var _space = linspace(var _LB, var _UB, no _steps);
disp( 'Parameteric Study' );
fprintf( 'For %s \n', var _name)
disp( LB UB No of Steps' )
disp(lvar  _LB, var _UB, no _steps])
for k = 1:no _steps
%% Setting varied variable
assignin(  'base' ,var _name,var _space(k))

fprintf( ‘%i of %i : %s is %f \n' ,kno _steps,var

_name,eval(var

_name));
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%%

%%

%
%

%%
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Normalizing the mole fractions and calulating initial ..
concentrations
if abs(sum(XXi)) >1.02; warning(  'Mole fractions do not add up
to 1, Normalizing...' ); end;
XXi=XXi/sum(XXi);
%Calculating the mass fractions and initial concentration S
YYi = (XXi. *WH/(XXi  *Wt);
CCi = XXi. *pINF/Rgasconst/TRIN; %[moles/cm™3]

Calculated Values. Do not modify directly
rhoRO = pINF * XXi*Wt/Rgasconst/TO; % [gm/cc]
rhoRIN = pINF *XXi*Wt/Rgasconst/TRIN; % [gm/cc]
VO = mR/rhoR0O; % [cc/sec]

VRIN = mR/rhoRIN; % [cc/sec]

v_RIN = mR/rhoRIN/AR; % velocity at reactor entrace [cm/sec]
WHSV = VO0/Wtot*3600; % [cc/hour /gm of cat]
C1l = TO/VO * Wtot/L;
C2 = KCGrthetaPt = chiPt/MWPY;
HOR = HORCO + (1/s-1) * HORH2; %[ergs/mol]

hR=kRx NuR/d1; %/ergs/(sec —cm™2—K)]

hC=kG NuC/d2; %][ergs/(sec = —cm™2—K)]

Rthermal=(1/pi/NuR/kR +log(d2/d1)/2/pi/lkW + 1/NuC/kC/ pi); ...
%[sec —cm-K/ergs]

hl=hR;

% End data manipulation, Begin solving.

DAE definitions and Solution

% Variables defination

% y(1) — T.W
% y(2) — T_Wdot
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116 % y@B) — TR

17 % y(4) — T.C

118 % y(5) — T.-R=* CCO

110 % y(6) — T_-R * C.02

120

121 %Solver Initialization and Options, then solution

122 options = bvpset( 'Stats' , 'off ,'RelTol' ,le -5, 'AbsTol' ,le -5 ...

le-5 le-5 le-5 le-5 le-5));

123 if exist( ‘'sol' ) == 1;
124 solinit = sol;
125 else
126 solinit =
bvpinit(linspace(0,L,201),[(d1 * TRIN+d2 *» TCIN)/(d1+d2)

0 0.8 *TRIN TCIN TRIN*CCi(1) TRIN *CCi(2)]);

127 end;

128 sol = bvp4dc(@eqgn _s,@eqn _bc,solinit,options,C1,C2,Ea,Rgasconst,
a,b,s,HOR,V0,7T0,d1,d2,d3,TRIN, TCIN,CCi,h1,kWw,mR,CPR ,mC,CPC,hINF,TINF);

129

130 solk(k) = sol; % Copy sol to a solk variable for post _sens.m

131

132 %% Calculating efficiency terms

133 lastnode = length(sol.x);

134 Isotherm(k) = sqrt(sum((sol.y(3,:) —TRIN)."2));

135 % End Isothermality Block

136

137 Qgen(k) = (sol.y(5,1) — sol.y(5,lastnode)) *VO/TO » (—HOR);

138 Qtran(k) = mR *CPR (sol.y(3,1) — sol.y(3,lastnode)) + Qgen(k);

139 Qgain(k) = mC *CPG (sol.y(4,1) — sol.y(4,lastnode));

140 Qloss(k) = Qtran(k) — Qgain(k);

141 Qloss2(k) = trapz(sol.x,(sol.y(4,:) —TINF)) *pi *hINF = d3;

142 effic(k) = Qgain(k)/Qtran(k);

143 conv(k) = 1 —(sol.y(5,lastnode)/TRIN/CCi(1)); % Conversion ...

and Converting y(2) = C _CO-T_R back into XX
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162
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169

170

[Qgen(k) Qtran(k) Qgain(k) Qloss(k) Qloss2(k) effic(k)

conv(K)]; % There is a semicolon here

% Calculating the reaction rate length
cut _off = le -8;
PCO

sol.y(5,;)  *Rgasconst; % [dynes/cm2]
PO2 = soly(6,) * Rgasconst; % [dynes/cm2]

PCO PCO/10/1e3; % [kPa]

PO2 = PO2/10/1e3; % [kPa]
dCCOTRdx = C%C2xexp( —Ea/Rgasconst./sol.y(3,:))
.*PCO."a. *PO2."b/TRIN;  %This is now positive
reac _index=1; max _index = length(dCCOTRdx);
while  ((dCCOTRdx(reac _index) >=cut _off) &&
(reac _index <max.index) )
reac _index=reac _index+1,;
end;

reac _length(k)=sol.x(reac _index);

end; %for k, the big loop for parameteric study ENDS HERE

%% Post processing.

close all

reac _length2=supsmu(var  _space, reac _length); %Fitting the data

if min(reac _length2) <O; warning( 'Minimum of reac __length2 < 0');
reac _length2 = reac _length2 + eps; % Make sure any term in ...

reac _length2 is not zero for log later on.

dimwrite(  'ecl.dat’ , [var _space' effic' conv'

reac _length21, 'precision’ , '%20.10f" )
%% Sensitivity Analysis — Uses center differencing
for k = 1:no _steps -1

xvar(k) = (var _space(k)+var _space(k+1))/2;

end;
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172

173

174

175

176

177

178

179

180

181

182

183

184

185

186

187

188

189

190

191

192

Isotherm _sens(k) = (log(lsotherm(k+1)) —log(Isotherm(k))) /
(log(var _space(k+l)) —log(var _space(k)));
Qtran _sens(k) = (log(Qtran(k+1)) —log(Qtran(k))) /
(log(var  _space(k+l)) —log(var _space(k)));
Qgain _sens(k) = (log(Qgain(k+1)) —log(Qgain(k))) /
(log(var _space(k+1)) —log(var _space(k)));
Qloss _sens(k) = (log(Qloss(k+1)) —log(Qloss(k))) /
(log(var _space(k+1)) —log(var _space(k)));
effic  _sens(k) = (log(effic(k+1)) —log(effic(k))) /
(log(var _space(k+l)) —log(var _space(k)));
conv _sens(k) = (log(conv(k+1)) —log(conv(k))) /
(log(var _space(k+l)) —log(var _space(k)));
reac _length2 _sens(k)
(log(reac  _length2(k+1)) —log(reac _length2(Kk))) /
(log(var _space(k+1)) —log(var _space(k)));
end;
dimwrite( ‘'ecl _sens.dat' , [xvar' effic _sens' conv _sens'
reac _length2 _sens, 'precision’ , '%20.10f"

%% Plot the main plot

close all

[ax, hlines] = plotyyy(var
var _space', conv',
'‘Conversion'  }) ;

legend(hlines, ‘Efficiency’

%set(hlines(1), 'Color, [1 0 0],

%set(hlines(2), 'Color', [0 0 1],

%set(hlines(3), 'Color, [0 1 0],

axes(ax(1));

xlim _t = get(ax(1), 'Xlim'

axis([xlim t 0 1));

_space', effic', var

{"Efficiency’ 'Reactive Length'

, 'Reactive Length'
‘LineWidth', 2.0)
‘LineWidth', 2.0, 'LineS
'Linewidth', 2.0, 'LineS

_Space’, reac

, 'Conversion' )

tyle', '
tyle', '

_length2,
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194

195

196

197

198

199

200

201

202

203

204

205

206

207

208

209

210

211

212

213

214

215

216

217

218

219

220

221

222

223

axes(ax(2));
xlim _t = get(ax(2), 'xlim' );
axis([xlim t 0 5)]);

axes(ax(3));
xlim _t = get(ax(3), xlim' );
axis([xlim t 0 1]);

%% Plot the sensitivity plot

[ax, hlines] = plotyyy(xvar', effic

_sens', xvar', reac

_length2

xvar', conv  _sens, {'Sens Efficient' 'Sens Reac Len' 'Sens ConV'

legend(hlines,

Conversion' )

'‘Sens Efficiency’

'Sens Reactive Length’

%set(hlines(1), 'Color, [1 0 0], 'LineWidth', 2.0)

%set(hlines(2), 'Color', [0 O 1], 'Linewidth', 2.0, 'LineS

%set(hlines(3), 'Color', [0 1 0], 'LineWidth', 2.0, 'LineS

axes(ax(1));
xlim _t = get(ax(1), Xlim" );
axis([xlim t -2 2));

%set(ax(1), 'XTickMode', 'Auto’)

axes(ax(2));
xlim _t = get(ax(2), xlim' );
axis([xlim t -1 1))

axes(ax(3));
xlim _t = get(ax(3), xlim');
axis([xlim t -2 2));

%% Defining factor and Modifying

var

_space

, 'Sens

tyle',
tyle',

_sens,

b
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224

225

226

227

228

229

230

231

232

234

235

236

237

238

239

(&)

[=2]

9

10

11

modfact = 1; %Changes the display value in the x

if  run _number ==

run _number = 1;

var _space = var _space /mod _fact;

xvar = xvar /mod _fact;

var _LB

var _UB

Qtran =

Qgain =

Qloss =

end;

%% Plotting

disp( 'The E

= var _LB/mod _fact;

= var _UB/mod_fact;

Qtran/1e7;

Qgain/le7,;

Qloss/1e7;

sensitivity of effic, conv and reac

nd )

—axis

_length

function dydx = egn _s(x,y,C1,C2,Ea,Rgasconst,a,b,s,HOR,V0,TO,

d1,d2,d3,TRIN,TCIN,CCi,h1,kW,mR,CPR,mC,CPC,hINF,TIN

% Variables
%

% y(1)

% y(2)

%

%

%

%

defination
Variables defination
- TW

— T_Wdot

y(3) — T_R

y(4)
y(5) — T_.R x CCO

TC

y6) — T_-R » C.O2

12 PCO = y(5) *Rgasconst; % [dynes/cm2]

13 PO2 = y(6) *Rgasconst; % [dynes/cm2]

14 PCO = PCO/10/1e3; % [kPa]
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19

20

21

22

23

EN

(&

11

12

13

14

15

1

PO2 = PO2/10/1e3; % [kPa]

dCCOTRdx =-C1* C2xexp( —Ea/Rgasconst/y(3)) * PCO"ax PO2"b; % Is negative

dydx = [y(2)
—d1 *(y(3) —y(1)) —d2*(y(1) —y(4))) +*4+hl/kw/(d2 *d2-dlxd1l)
(y(1) —y(3)) *pi *h1*d1l/mR/CPR + dCCOTRdx HOR/MR/CPR \VO/TO
(—y(1)+y(4)+hINF  +d3/h1/d2 +(y(4) —TINF)) *pi *hl*d2/mC/CPC
dCCOTRdx
1/2/s *dCCOTRdX] ;

function res = egn _bc(ya,yb,C1,C2,Ea,Rgasconst,a,b,s,HOR,V0,TO,

d1,d2,d3,TRIN,TCIN,CCi,h1,kW,mR,CPR,mC,CPC,hINF,TIN F)

% Variables defination

% Variables defination

% y(1) — T_W

% y(2) — T_Wdot

% y(3) — T.R
% y@4) — T.C
% y(5) — T_-R » C.CO
% y(6) — T_-R » C.O2

res = [ya(l) —(d1=ya(3)+d2 =ya(4))/(d1+d2)

function

yb(1) —(d1 *yb(3)+d2 *yb(4))/(d1+d2)
ya(3) —TRIN

yb(4) —TCIN

ya(5) —TRIN*CCi(1)

ya(6) —TRIN*CCi(2)];

v = eqn _init(d1,d2,d3,kw,mR,CPR,mC,CPC,

hINF, TINF,h1, TRIN, TCIN,qdot)

2 v = [(d1 *TRIN+d2+TCIN)/(d1+d2)

3

0
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10

11

12

13

14

15

16

17

18

19

20

21

22

23

24

25

26

27

28

29

TRIN
TCIN];

%% Sensitivity Post Processor for the Basic CFHE model
% Amit Dhingra

% 01-31-2005

%

% Run this files only after running the mail program.

% It uses the data in the memory.

% Change to write data to a file in main program and read it here

%% Init
% close all;
figure

hold( ‘all' )

%% Plot main plot
plhl = subplot(2,2,1);
hold on;
for k = 1:12:no _steps
plot(solk(k).x',solk(k).y(3:4,:)")
end;
grid on
xlabel(  'Length[cm]' );
ylabel( 'Temperature[K]' );
titte(  'Counterflow HE with axial wall conduction' )

legend( 'Tr' , 'Tc" );

%% Plot Qtran and Qrecup
plh2 = subplot(2,2,2);
plot(var _space,Qtran,var _space,Qgain);

%axes(ah2(1));
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30

31

32

33

34

35

36

37

38

39

40

41

42

43

44

45

46

a7

48

49

50

51

52

53

54

55

56

57

58

59

hold all;

xlabel(var  _desc);

ylabel( 'Heat rate [W]' )
titte(  'Qtran and Qrecup' );
legend( 'Qtran" , 'QRecup' );

grid on

%% Plot Isothermality and efficiency

plh3 = subplot(2,2,3);

121

[ah3,p1,p2] = plotyy(var _space,lsotherm,var _space,effic)

xlabel(var  _desc);

ylabel( 'lsothermality’ );

title(  'Isothermality and efficiency’ )
%legend([pl p2],'Isotherm', 'effic’);

axes(ah3(2));

ylabel(  'Efficiency’ )

grid on

%% Plot others sensitivity of Isothermality and effciency
plh4 = subplot(2,2,4);

[ah4,pl,p2] = plotyy(xvar,Isotherm _sens,xvar,effic
%axes(ah4(1));

xlabel(var  _desc);

ylabel( 'lsothermality’ );

titte(  'Sensitivity of Isothermality and Efficiency'
%legend([pl p2],'Isotherm',effic’);

axes(ah4(2));

ylabel( 'Efficiency’ )

hold on;

grid on;

_sens);



1

2

3

Appendix D

UDF Code listing for local heat transfer

coefficient

In Fluent, one is able to plug in a constant value for the haaister coefficient or a user

defined function(UDF) can be used. By use of published liteedd6|, the local heat

transfer coefficient is calculated for every mesh point anttp and bottom surface of the

silicon micro-reactor assembly in ChapgerThis gives accurate values for the convection

heat transfer from the silicon micro-reactor. The C codaelusemplement equations.1

and5.2in a UDF is shown below.

#include "udf.h"
#define Pl 3.141592654

4+ DEFINE_PROFILE(top _heattrancf, thread, position)

5

6

7

8

9

10

11

12

{
real r[[ND _ND]J;

real Xx;
face _t f;

real our _temp;

begin _f _loop(f, thread)
{

[ * this will hold the position vector */
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13

15

16

17

18

[

9

20

21

22

23

24

25

26

27

28

29

30

31

32

DEFINE_PROFILE(bot _heattrancf, thread, position)

{

our _temp = F _T(f,thread);
F_PROFILE(f, thread, position) = 4.2218

}
end _f _loop(f, thread)

real r[[ND _NDJ;
real Xx;
face _t f;

real our _temp;

begin _f _loop(f, thread)
{
our temp = F _T(f,thread);
F_PROFILE(f, thread, position) = 2.1109

¥
end _f _loop(f, thread)

* pow((our _temp —296),0.2273);

[ * this will hold the position vector */

* pow((our _temp —296),0.2273);
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