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INTRODUCTION

A wealth of information has been obtained in the field of fluidization
in recent years. The most studied area has been that of gas fluidized
solids, principally because of applications in the petroleum industry.
Necessity has demanded that the majority of studies be correlative in
nature. It is the goal of this work to select a specific type of gas
solid fluidization, slugging, and develop an understanding of the basic
concepts which determine the behaviour of such a system.

A slugging fluid bed is a system in which slugs of high solids
density alternate with regions of low solids density. This study is
concerned with linear systems, that is, systems in which there are
practically no variations in the directions perpendicular to direction
of gas flow., All systems will be batch systems, i.e., beds which have
a constant solids inventory. The variabies to be studied are bed
diameter, bed height, gas and gas velocity. The effect of solids
variables is not studied because solids characterizations is a tough
problem in itself and would unnecessarily complicate the problem of
interest,

When one attempts to develop a technique for prediction, or methema-
tical model, there are always several alternative routes to investigate.
It is fortunate if the first attempt succeeds, but discarded approaches
can be quite valuable because of the information gained in the attempt.
In this work three approaches were tried; the third was successful. This
report will begin with a discussion of the two abandoned approaches because
each contains information of value.

1



The remainder of the discussion will be devoted to the construction,
verification and use of a technique for predicting the behaviour of

certain fluidized systems.



PRELIMINARY WORK

Part A, Micrescopic Approach.

One pesgible approach te the behaviour of fluid systems, which was
not pursued in this iﬁvestigatian, is to congider a single partiele and
its immediate surroundings. If one c¢ould predict the motion of one
particle from & knowledge of the properties of fluid surrounding it and
of thﬁ»MﬁcrﬂBcﬂpiﬂ properties of porosity or solids concentration and bed
geometry in 1ts vleinity, s firm basis for a microscopic scale model would
be established. At least one such attempt has been made. Bowman attempted
to describe fluidizatiaﬁ by considering events occurring on the microscopic
scale and applying statistical metheds. Deﬁails of this work are appar—

ently not availablen(z)
The prineiples of statistical mechanicg are unfortunately not

applicable te the motion of & collection ﬂflparticles which move at
ordinary velocities. The»number of>§articlés involved is not great
enough nor is there any‘resenblanﬁe of a fluidized system to an equilibrium
system. Further, the Ergadic hypothesis is not satisfied, that is, the
point in phase spece representing the system does not pass through all
possible states in s short peried of time.

A logical procedure would seem te be to write a force balence con
an individuel particle. The forces to be consldered ere gravity, buoyancy,
impact due to eollislen, viscous drag, and wall friction in the case of
& moving plug section. Such & balance will yleld & second order diffsr-
ential equation. Boundary conditions can most likely be written st the
bed support, the upper bed surface, and the walls of the bed. This equation,
coupled with & continuity squation for the gas, some sort of material

balance equation fer the solid, and the pressure drep equations for the

3



gas should permit solution for solids velocity and concentration; gas
velocity and density. These are four variablesj four equations have been
listed. The force balance on an individual particle will be considered
first.

One of the most Iimportant gquestions to be answered before any
mieroscopic epproach can succeed is the problem of the drag on & particle
under conditions verying from isclation to dense packing. The two
extreme cages have been treated in detail. The exigting correlations for
drag on isolated particles are lacking in only two respects: shape 1s a
variable which still cannot be accurately treated; and drag under accel~
erative conditions still has not been thoroughly investigated. The
question of shape is of concern in all cases where one deals with particles
of irregular shape; unfortunately, this is most often the case with
fluidized solids.

The questien of drag on particles in a fixed bed has probably been
answered more satipfaectorily from an engineering viewpoint. The preblem
of the effect of shape still exists, but the problem of the effect of
acceleration no longer exists. One can, therefére, eliminate & major
objeetion to the use of drag correlations by restricting the materials used
to spherical particles.

The weskest ares of drag theory is the region of hindered settling.
This term is here intended to encompass the entire range of porosity from
zero for isolated particles to some value less than one for the packed
bed. These.are conditions under which an individual particle is partially
regtricted in its metion by the Influence of neighboring particles. However,
sufficient informatien is available to be able to treat this topic

quantitatively,



The following would be feasible correlations to use for determining
drag forces, or pressure dreps which may be converted to average drag

force per particles

1, Isolated spheres (€ = 0.0)
® K= gcm Ap v = 5 Co ¢ Dp Vi
Plot of Cp versus Re.
2. Hindered settlings (€= 0.0 to Egp)
() F = & Copr D,fvﬁ
Plot of (Re/CD)l/ % versus (DpRe?)1/?

(A comprehensive plot Ef:thi? pature appasre on
page 235 of Zenz and Othmer 12))

3, Fixed bed: (€= Eep)
(» 4F = 2 fop /9 Dp
Plot of f versus Re at € parameters
(A comprehgpsivs plot af thi?1g§ture appea#s on
page 181 of Zenz and Othmer(l1<))
These account for the drag force on a particle under all conceivable
conditions. A relative veloelty, vp, between partiecle and fluid,
must be used in computing Fp, Re and AP/L. One force upon & particle
required for writing a force balance is thus determined.
One might next inquire about the impact force upen a particle
when it collides with & neighbor. If one further &ssumes hard particles,
or in other words perfectly elastic collisions, the foree from ong such

ecollision might be regpresented by & Dirase delta function as follows:

(4) F’mpom*" (amv) SEW(t)x)y,zﬁ

— ‘
where (Amv) represents the mementum exchanged between the colliding

particles.



A moment's consideration shows that the form of\r ghould be as follows:

(5) \V: t°+ l/gc <t)x)Y’Z)

f

where ZC (t)x,y,z) = eellision frequency.
This indicates that one must obtain the collision frequency in order
to determine the impact force upon a particle.

It ip apparent that celligion frequency will not depend explicitly
on time and pesition. It will be pome explicit functien of particle
motion and particle concentration ér in other ﬁarﬁs an implicit function
of time and pesition. One can imsgine the veloeity of a particle to
consist of & rendem compenent, with equal meen cartesisn components, and
& non-random compenent due to drag, bouyant, and gravitatlonal forces.
The randem compenent would arise from two sourees, turbulent vortices
of the fluidizing medium and eellisions. A simplified yersion of this
problem, namely the cage where only random componsnts exist, is the problem
treated by the kinetic theory of gases. This theory produces the collision

frequeney for this simplified e‘ass('z*)_a

—
—
——

|
2 -2 —2.5
(6) Zc(t,X,y) z)= Np (t,x,y,2) T Dp (Vl +V,)
where N, (t,Xx,7,%) mumber of particles per unit volume
v% = average veloeity of colliding particle mumbert
v, = average veloelty of colliding particle number?
If vlzvzzi_r or for the cage of similar particles:

(7)

i

. ) A —
Z.(,%Y,2) = Npt,x,y,2)VR T Dy V

However, a partiecle in a fluid bed definitely possesses a non-
random compenent of veleeity. This causes great complicmtion of the

mechanics of obtaining an eversge collision fregueney. One must begin



with an aspumed statistical distributien of individual particle

veloeities. A convenient and reasonsble ssgumption is that the two
horizental compenents of particle veloecity are normally distributed
about & zero mean and that the vertieasl compenent is normally dis-

tributed about & nen-zere mesn which 1s & funetion of time and position.

Thepe distribution functions are: an
I - Q2 % xa

= — C
8 P (\/X ) Tx VQTT N

_ (Vg - W(X)YJE))
a O“za

M
Q
3
=]
0

i

10) P (V) e
(: Z ANCE
where w(x,y,2) is the non-random vertical velocity component.

If one further assumes that
oy = oy, = 0, = 0

Y
one may obtain the distribution of particle speeds:
_(c*+w?)
2cC ~ £

(1) Ple)= === ¢ 3% sinh (%%)

Details of the develspment of Heuation (11) are ineluded in Appendix A,
Geomstrical considerstlons show that the number of cellisions between
a particle moving with speed ¢ with stationary particles of concentration

N, per unit velime Iis:

(12) Z, = Ng(t,x,y,2)T Dpc

Details of the development of Equation (12) are ineluded in Appendix A.
If one is dealing with a set of particlesnormally distributed about a

mean diameter 3; with a standard deviation 0y, an immediate average over



particle diameters yields:
— _— & o)
13 Zo = Np(tx,y,z)Tc[ By +0°/4]

Details of the development of Equation (13) are included in Appendix A,

Thus, if one defined d"p by
2 - 2
(14) dP:EDP+O-/'/4-]
then

— 2
) Z. = Np(tx,y,2)cTdg

Equation (15) holds for a particle moving at a fixed speed ¢
thraﬁgh stationary particles. What is desired is an expression for
eollision frequency of particle whose speed is distributed according
to Equation (11) with particles whose speeds are distributed accord-
ing to Equation (11). Averaging 'Z-c over the speeds of the particles,

one obtains:

(16) Zo = \ﬁ(g‘; {[Q(€+X +3(6+X] erf(ﬁk']
~[ate-0+36- e erﬂa-x)]
+ e‘(&?-f ¥)F CH ]__ - (€-Y¥) [_(6‘ ]
where £ = \[__C_IOJ (dimens:wnless
and § = \r"o’ (dimensionless)

Details of the development of Equation (16) are included in Appendix A



Equation (16) helds for a particle moving at fixed speed c
through particles whose speeds are distributed according to Equation (11).
Averaging'E; over the speeds of the particle under consideration, one

obtainss

—26’
= e =1

+gg;<4x+{§’—> T e f(3 )+ 2 3

where again X - W

= Bo
Details of the development of Equation (17) are included in Appendix A.
The average collision frequency is thus seen to be a function of the
non-random velocity component, the particle concentration, and the
standard deviation of the distribution of random particle velocity
components.

At this point it becomes apparent that the terms involved in
setting up just a force balance on a single particle are complex and
nonlinear to such an extent that there can be no hope of an analytical
solution, Numprical solutions would at best be very difficult.

The microscopic approach was abandoned for these reasons.



PRELIMINARY WORK

Part B. Maerescepic Approach

In the foregoing discussion it was not necessary to limit in
any way the type of fluidization under consideration. Appropriate
equations and boundary conditions would conceivably handle all imag-
insble cages. The macroscopic approach does, however, necessitate the
formilation of certain assumptions concerning the geometry and operation
of the fluidized system to be deseribed. The remainder of this work will
be concerned with systems that:

1. Consist of only two phases, gas and solid.

2. Are batch systems, that is, systems with a constant sollds
inventory.

3. Operate in the slugging regime of fluidization.

L. Are vertical in orientstion.

A slugging £fluid bed is one in which regions of low solids
concentration completely f£ill the bed cross section and alternate
with regions of high solids concentratieon which also completely fill the
bed cross section. A slug is a region of solids concentration in the
range from the solids concentration of a béd at incipient fluidization
to the fixed bed solids concentration. A void space is a region of
lower solids concemtration. A bubbling bed is a fluid bed in which void
spaces exist but do not fill the entire bed cross section.

Let us now consider a system consisting of one slug. Figure 1
will be of agsistance in visualizing the variables to be discussed.

There is some superficial gas velocity in the system, vg. The length

10



P

TUBE CROSS SECTION,A

|_—S0LIOS INFLOW - W, , GM/SEC
VELOCITY- v, , CM/SEC

CENTER OF GRAVITY— /. I 7
' y
svsreu—/ '
X
SOLIDS OUTFLOW - W, , GM/SEC —
VELOCITY-v, , CM/SEC
A
T 2
GAS INFLOW —/
VELOCITY -v, , CM/SEC
====$========#====-!-—-—&-

Figure 1. Physical Description of Terms Used in
Discussing Slugging Fluidization.
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12

of the slug is y. The elevation of the upper surface is x with respect
to some arbitrary reference level. The elevation of the lower surface

is z, so by definition:
(18) X=VY+=Z

The solids density in the slug is assumed to be constant and given

uy,Cg . Consequently the mass of the slug is:
(199 m = pSAy

If there is a mass flow into the top of the slug of wy and a mass flow

from the bottom of wy, the mass balance for the system is:

dm

dt

The monientum balance for the system will be considered next.

(20)

= WI—WQ ::'FSA\./

Its form is:

d (mv)
o= Zex‘ternalforces + MV _ M Vour

(21)
time time

For purposes of a momentum balance, the velocity of the system is

the velocity of its center of mass:

(22) V, ) = 210 - X ==
> at 2/

The gravitational force on the system is:

@) Fq = PsAYyg

The frictional force exerted by the wall should be negligible if

the slug is at incipient fluidization, for at that point drag renders the
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particles weightless and hence they can exert no normal force on the wall.

The momentum carried in by solids inflow is:
(2) Rate of momentum in = w,V,

The momentum transported cut of the system by solids outflow
presents a small problem. When a solid particle leaves the lower
surface of the slug, it leaves at the slip velocity of the slug. The
slip velocity of the slug is the velocity of a particle within the slug
relative to the bed wall. From the moment the particles leave, they
begin accelerating until they reach terminal velecity or encounter another
slug. The slip velocity of the slug may be defined in two ways:
Wo—z M
PsA Ps A

Therefore the momentum transported out with the effluent solids is:

(25) \/S = k"‘

(26) Rate of momentum out= W, (é—»%j): W’(‘—_(Ya-\/j/-\)

Buoyancy will of course contribute a term to the momentum balance.

(27) Fb: /\y (]—w g)Pﬁ

This term is small and may be neglected in comparison to gravitational
forces.

The most importent external foree 1s the pressure differential
across the slug. This pressure dfop 18 the sole sgent tending to
cause the slug to slip inlthe upward direetion. The guestion is that

of predicting the pressurse drop through the plug for varying ges velocities.
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If the slug is agsumed to be at the state of inecipient fluidization, this
pressure drop is a known constant quantity. This is true because the
pressure drap‘at ineipient fluidization is & characteristic and well
defined velue. For batch beds, one may write:

o - (42)

This ig merely a mathematical étatement of the fact that at incipient
fluidization, pressure forces balance gravitational forces.

If the velocity of the fluidizing gas is increased beyond the
point of incipient fluidization, no further increase in the bed pres-
sure drop is observed. This indicates that the same AP prevails from
the ineipient fluidization velocity to some higher velocity, pre-
sumably near the velocity where dilute phase fluidization begins. At
gas velocities below incipient fluidization, the pressure drop relations
for packed beds apply. It is conceiveble that a moving slug could
experience & gas velocity, relative to the moving slug, less than that
required for incipient fluidizastion. Since the fixed bed pressure drop
correlations are not simple in nature, a linear approximation will be
made for purposes of simplicity. Thus approximation will be valid if
physical conditions do not strey too far below the point of incipient

fluidization. The approximation is the following:

AP (V -\/s)
(29) — (= )=K -2 = Ve > Va = Vam?f
( L-) N%mf ) j 3M{
Thus the pressure force exerted on a slug is given by
(30) F. = KAY Vg < Va“ V%M'F

Po KAy (Vg=Vs)/ Vamf Vg > Vg - Vyn
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All elements necessary for a momentum balance have been considered.

The momentum balance is:

(31) t[PSAY(X”;z 2 [ 3]& Ay + W,

e W
- W X ——
(\/3 vam_f\ 3[_ PSA

(32) { dt[() Ay(x 2)’)] |:(~> (\/q vsz(xl’x )] 3()SAY

+ W U, — W, [x-—

Ps
Vs 2 \/6 "Ve)m‘F
The term [K __8] in Equation (31) should be equal to zero,
according to Equatlon (28), if theory were precisely upheld, but this
is not necessarily the cage. It will, therefore be left in Equation (31).

Since FS and A are constant, the momentum balance may be reduced to:

53 Y (X =z y)+y(x-3Y)= (‘(3; ""3))’* w,u,

v Rt
Ve & V= Vame (’s (Os

o0 y(k=£9)+y (X% 5/')=E§—s [(V“"v::f“ ﬂ“ﬁ]y
WM«

ps A (asA [X_(S:A

\/5 ’ Va - V%m‘F
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These two balances, mass and momentum, suffice to describe the
movements of the slug. An energy balance may also be written, but
it is not independent of the mass and momentum balances.

One further assumption may be mede at this point, with no experimental
justification. The solide flow into and out of a slug may be considered
to be equal and the same for all slugs in the system. This seems reason-
able if the rate controlling event is the rate at which particles can
disengage from the slug. Changes in gas velocity relative to the dis-
engaging particles should have but little effect on disengaging rate
since for all velocities in excess of the minimum fluidizatibn velocity,
particles are exposed to interstitial velocities in excess of the terminal
particle veloeity. The particles therefore do not fall until disengaged

from the bulk of the slug. Therefore let:

W) Wa

Ps A (DSA

Equations (33) and (34) then become, upon substitution of

(35) e =

Equations (35):

a0 y (X% ')+y(5{mi§§i)$<-g“s—a>y teu,—o(X-6)

\/ﬁ Vamt
(37) y(knf}z\x’/)fy(X””\/) [(" [Vavﬂizaj‘ﬂ] Y

*‘GM!“‘9<K“9)

Vg > Vg— Vymf

The mass balance, Equation (20), then becomes, for the case of golids

inflow and solids outflow:
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(38) g/ =

There are four separate cases to be considered. Each of these cases could
conceivably exist in & slugging fluid bed. Figure 2 shows each case
schematically. The above equations have been written for case 4. In

all four cases, & set of boundary conditions is required for the sclution

for slug motion. These conditions are specified as:

!
O

!
o

(39 Y= VYo when T =1,
X

(10) = X, when U= ta

wy X X, when T =ta=O

The veleeity, u, is assumed to be the velocity of the particles with
respect te the bed wall and hence will vary with gas velocity. However,
if one remains in a region where particle terminal velocity is far greater
than gas veloeity, & good approximation is that u is constant and equal
to the average terminal velocity of the particles in the stagnant gas.

With these assumptions, all four cases can be solved.

Case 1. No solids inflow or outflow. The equations to be solved are:
The mass balance:
(42) y = o

The two cases of the momentum balance:

(43) y5<' = C%s“‘ﬂ)}'_ Vs

o MK V-X —
W)y X = (s V«am‘F] 3]\/ Vs 7 Vg Vam f
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For simplicity, let |: KK

The solutions of these equations yield:
(45) y = \}/a
. 't C 't 2 _
(46) X = Xo -+ Xa —+ 3 Vs=\/ﬁ—\/ﬂm-f’

- At -
4 X = X,€ (X ,’;AX°)( A) mﬁ—ﬂ—(er‘-/)

Ve > Ya = VamT
where A= K S { ﬁ

V%mfPs

The details of solution mre given in Appendix B,

Casg 2. Solids outflow only.

In this case the mass balance is:
_ [}
(48) y=“9

The two forms of the momentum balance are, upon simplification:

o 1 e?
= + 3 < -

g_[ ] ]+l§f
(50) (JS Vam\c 3 2 y

Vg ? Va - vﬂ mT
The solution of these equations is more diffiemlt than in Case 1,

the solutions being:

(51) y = ‘)/o -
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(2) X=X +(X+E)t+ £t7+ X In
Vsé Va-V%Mf

(53) X=X, -i'[AVg‘@]t +£3 A(\/q XOJ[’Me-AtJ

- [j/—e _]-+—-—— ei(")n(g)n(Y"-yf)

sy |
VS>V<5 me A

The details of these solutlons are shown in Appendix B.

Cage 3. Selids inflow only.
The mass balance becomes:

(54) )/ =

The momentum balances become:

'R 4 eu ’92 v
(55) X2C+—f+§ym§§}< Vsévg“‘\/gmf
ve . 2 ¢
s56) ¥ = A(Va=X+8)-g+ 8% , L 6" ©X
: 1Ty ta vy
V‘s7\/6‘“‘\/am‘f’

The solution of these equations, detailed in Appendix B, is:

(57) Y= yo+et
X=X+ [hgge S yoluadel], g

L :
+ <ﬁ%§_e_) (y-—yo) + 4-952 (\/2—‘ y:;)

Vg € Vg—Vgmf
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. X¥e D¥e 1B _E][ln ¥,
-TZ € (nA,/s).n(y L)] 52 (Y=o 'l‘[:;\- ]Zn%’,—o

Vs > Vg = Vguf

where &= K/Ps Vamf
D= A(\/6+6) 9

5= (4,+30)

Cage 4. Solids inflow and selids outflow.

The mass balance in this case is given by Equation (38). The two
cases of the meomentum balance are given in Equastions (36) and (37).
Again;, Just the final solution of these equations will be presented,
the details to be found in Appendix B.

Selution of the mass balance:

() Y =Y,

Selution of the momentum balance:

VS7V VamT
where }(‘ = A+ .gé; 3
eU JELCL
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These squations should describe the slug in question under all
circumstances. They are to be applied to & system of n slugs in a
slugging fluid bed, However, the extreme complexity of these equations
is discouraging, since there would be 2n of them. Further;, in order
to couple the equations, some asénmptions must be made as to the time
delay invelved in the transfer of material by the raining process from
2 slug to its next lowest neighbor. A further complication would be the
disappearance and appearance of slugs in the systemj the number of slugs
is observed to change with time. And, ag time progresses, the equations
which deseribe & slug ean change in two ways. The first is a change from
- one momentum balance to anether within the seme case. Also, the case
which appliss to & given slug may change.

Thess rﬁaﬁaﬁﬁ meke it extremely doubtful that any realistic and
accurate results can be cbtained from this particular mathematical model.
Any results womld be obtained numerically at the expense of a great
deal of effort. Certainly some gimpler approach would be indicated if
at all pessible. Hence, although this approach is not necessarily the

wrong one, it was abandoned.



PROPOSED MODEL FOR SLUGGING FLUID BEDS

The slug models in the unsteady state case just discussed
appear unattractive for only one reason: the complexity of the math-
ematical description. The term unsteady state is here intended to
mean that slugs accelerate and decelerate. Therefore, before be-
coming lost in the intricacies of mathematical analysis, it was
deemed wise to begin with the most highly simplified version of the
macroscoplic slug model and discard simplifying assumptions as they
proved invalid.

A possible set of assumptions is the following:

1, There are no radial variations in solids concentration.

2. The system consists of well defined slugs separated by "void"
spaces.

3. These slugs do not accelerate or decelerate for any finite
period of time. :

4. There is a known process of slug generatien.

5. There is a unique solids flow rate through the "void" spaces
when such a flow exists.

6. Material falls through a "void" space at a velocity which is
very large compared to all other velocities in the system.

7. Only one system at a time can be dealt with; that is, one
bed, one type of solid, and one gas.

8. There is no friction between slug and wall.
9. There is a negligible gas pressure drop in a "veoid" space.

10. Gas flows through a slug at the velecity for minimum fluidization.

These assumptions will be supported at appropriate points in the
following discussion. Some can be supported a posteriori only.
23
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Let us now examine the implications of these assumptions. First
of all, if the superficial (based on tube cross section) gas velocity
through a slug is the minimum fluidization velocity, the pressure
drop per unit length of that slug must be the pressure drop per unit
length of bed at incipient fluidization., This variable will there-
fore be of interest in any discussion of pressure fluctuations within
the bed.,

Second, if there is a unique solids flow for a given system,
it will be desirable to know it, a priori if possible. This variable
will be of paramount interest in examining fluctuation frequencies
and bed configurations.,

Third, if any or all of the four possible cases of slugs dis-
cussed in the preceeding section are present in a system, one must
know which case exists when and at what location.

Finally, some sort of description of slug generation must be form-
ulated. There must exist some mechanism by which slugs come into
being at the bottom of the bed; otherwise the slugging regime could
not exist in a batch system.

These then are four points which must be investigated experi-
mentally to complement the description of the behaviour of the slugs
in the system. Each will be treated later in turn. Hewever, the
kernel of the overall model is the set of equations describing slug
behaviour. Therefore, these equations will be developed before pro-

ceeding to examine these complementary areas.
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The equations governing the motion of a slug of any of the four
types mentioned preceed very easily from the assumptions. If one
defines:

Vﬂ = total superficial gas velocity
V%mf‘: superficial gag velocity at ineipient fluidization
then one may define an excess Velgcity:

Vys= Vj_vh‘f= gsuperficial gas velocity in excess of that
3 required for incipient fluidization.

This excess velocity is the component of the total gas velocity
which moves through the bed as void spaces or, in large diameter
beds, as bubbles. It follows that a vold space which occupies the
entire tube diameter must move with this excess gas velocity, pro-
vided that there is no solids flow through the void. Consequently,
the solid slug above it will also slip with that linear velocity if
there ig no solide flow inte or out of the slug.

If one now adds & solids flow through the vold space, the velo-
city of the void space will increase proportiemally, but its volume
will remain the smme. The volume lest by the upper bounding slug
will immediately be gained by the lower ~bounding slug. However, the
slug above the veid will continue to slip &t Vys. The upper and lower
boundaries of the slug may have an additional component ef velocity
proportional to the solids downflow rate,

These concepts may be formulated mathematically as follows.

=
H

solids downflow rate, 9m/sec
A = tube eross sectimn, cma

3
density of a slug, 8m /cm

o
i
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Define
o= W
APS

Recalling Figures 1 and 2, let us now describe each slug case.

Case 1, No solids inflow or outflow.

The mass balance, as previously, is:

(63) g/ = O or \/:}/o

The velocity of the variocus surfaces are given by:

€) X=Vys or X=X = Vxs(t-1,)
(65) 2 = \Vys or ZE-Z, = \4s(t-1,)

Case 2. Solids outflow only.

The mass balance is:
(66) \;):— or \/“Ya:“@(?f“ta)

The velocities of the upper and lower surfaces are:

’

(67) X = sz or X““"Xa - sz (‘f"“ta)
(68) Z = Vygt8@ or Z-ZF = (Vys+e)(¢-1¢,)

Case 3. Selids inflow only.

The mass balance is:
® oxme
(69) y = 8 or Y=VYo = 8 (¢-1,)
The velecities of the bounding surfaces are :

(1) X = Vst€ or x-X,= (Ws+O)t-%)

(71) Z = Vys or Z-Z, = Vys (2-% )
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Case 4. Solids inflow and solids outflow.

The mass balanee is:
(72) ? =d or y—-\/o_-:o

The veloeities inveolved are: ,
(13) X = Vygt© or X=Xy = (Wste)t-t,)
(1) 2 = Vg +6 or Z2-Z, = (vxs-rek’t—ta)

These equations represent a complete descriptien of the con-
figuration of each type slug as a function of time. Their ultimate
use will be postponed until the four complementary areas mentioned
above have been investigated. |

The succegs or failure of the model will, as has already been
mentioned, be judged on the basis of how accurately it can predict
two quantities: the pressure profile of the bed as a function of
time and the fluctuation frequencies of the bed. With this goal

in mind, the four areas requiring investigatien were studied.



BED PRESSURE DROPS AT INCIPIENT FLUIDIZATION

A. Equipment

The determination of the bed pressure drop at incipient fluidi-
zation is a relatively easy quantity to measure. The only require-
ments are two pressure taps, one below the bed support and one above
the bed, a means of measuring gas velocity, and a manometer. The
rotameters wged to measure gas flow were Manostat "Predictability"
flowmeters. The calibrations of these instruments is discussed in
Appendix C. The manometer used was filled with tetrabromoethane and
was connected differentially between the two taps mentioned above.

A1l flow rates were measured upstream from a sonic flow orifice
(needle valve) so as to eliminate any fluctuations in the level of
the rotameter float which might arise from fluctuations in the bed.
This means all rotameter readings were taken at rotameter pressures
at least twice the downstream pressure at the sonic flow orifice.
Rotameter pressures were read from pressure gauge C2-174, the calibra-
tien of which appears in Appendix C.

The various tubes used were all preceded by a packed calming
section. The intent was to distribute gas flow to the bed support
as evenly as possible. The diameter of the calming section was, in
all cases, three inches. The packing consisted of a 10 inch lower
section of 3/4" crushed stone separated by a coarse screen from a
two inch deep upper section packed with émm glass beads. Two inches
of free space remained between the top of the packed section and the

bed support.
28
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The bed was supported by a wire cloth with 39/7 mesh openings.
This support was oriented as horizontally as possible. The tube
was aligned as close to vertical as was possible. An expansion
head topped the tube in order to prevent any solids carry over., A

diagram of the mpparatus appears in Figure 3.

B. Procedure.

The bed was prepared by pouring the solid into the tube through
the expension head. Bed height was measured with the solid in the
regulting loose packed state. The tube was then tapped until no
further settling of the solid was observed. The change of bed
height with tapping was less than 5% for all sclids used. The bed
height at minimum fluidization alsoc varied less than 5% from the
poured height.

The remainder of the procedure is completely straightforward.
The rotameter was set at a given reading and & period of a few min-
utes wasvallawed for transients to disappear. The manometer was

then read.

C. Results.

It was assumed at the outset that the bed support contributed
a negligible pressure drop te the measured bed pressure drop. This
assumption was later verified. Figures 4 through 10 show the exper-

imentally determined curves of total bed pressure drop versus linear
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(JT

il

BOTTLE GAS LINE : -

g MANOMETER—,| || ~

PRESSURE
GAGE 2

ROTAMETER SUPPORT

IR

.............

%3] PACKED CALMING SECTION

Figure 3. Experimental Equipment for Measuring Total Bed
Pressure Drop.
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TABLE T

Total bed pressure drop versus linear gas velocity.

System: 1, Air-sand A (100-150 mesh)
2., 2" diameter bed.
3. 74.0 cm., bed height.

Linear gas velocity Total bed pressure
at latm and 609F, drop, inches of tbe,*

cn/sec

0.00 0.00

0,90 243

1.30 5.4

1.85 8.6

2,40 11,0

3.60 14.7

4.80 15.3

6,00 15.5

%] 15.8

10,20 16,2

*tbe, tetrabromoethane. One inch tbe.=0,107 psig.



(0 Sl

*£37°0T9A seD Jeauyl susxs) doxg snesaxd pad TUIOL

O03S/WO “ ALIDOTIA SV9 HV3NIT ¢ A

00682 9 S

.

€

e

6

*f aamBiJ

1HOI3H 038 WO ObZ -¢
_ a38 Y¥3IL3IWVIQ 2 -2
(HS3W 0GI-001) V GNVS-¥IV - |

TWIISAS

g)

"361 NI 'dO¥0 3MNSS3¥d 038 WIOL‘ dV

32



33

TABLE II

Total bed pressure drop versus linear gas velocity.

System: 1. Helium-Sand A. (100-150 mesh)
2, 2" diameter bed.
3., 72.0 cm. bed height.

Linear gas velocity Total bed pressure
at latm and 60°F, drop, inches of tbe.
cm/sec

0.00 0.00

0.30 1.2

1.10 3.7

2.40 9.3

3.90 13.6

5.60 L. 4

7.30 1.8

9.10 15.0
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TABLE ITI

Total bed pressure drop versus linear gas velocity.

System: 1., Air-Sand A (100-150 mesh)
2. 1" diameter bed.
3. 21.2 cm, bed height.
Linear gas velocity Total bed pressure
at latm and 60°F, drop, inches of tbe.
cm/sec
0.00 0.00
0,19 0.38
0.30 0.83
0.44 1.36
0.59 1.91
0,77 2.53
1.00 3.25
1.28 3.92
1.58 3.82
1.73 3.92
2.06 4,08
2.31 4,10
2,64 bo14
3.04 4,20

3.44 4026
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TABLE IV

Total bed pressure drop versus linear gas velocity.

System: 1. Air-Sand A (100-150 mesh)
2. 1" diameter bed.
3. 58.0 cm. bed height

Linear gas velocity Total bed pressure
at latm and 60°F, drop, inches of tbe.
cm/sec

0.00 0.00

0.92 2.55

1,60 8.10

2. 42 13.48

3.50 11.88

4,83 12,60

6,04 13.10
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TABLE V

Total bed pressure drop versus linear gas velocity.

System: 1. CO,-Sand A, (100-150 mesh)
2, 1" diameter bed.
3. 42.0 cm. bed height,

Linear gas velocity Total bed pressure
at latm and 60°F. drop, inches of tbe,
cm/sec

0,00 0.0

0.72 2.1

1.26 6.0

1.91 8.7

4o 65 8.9

8.85 9.2
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TABLE VI

Total bed pressure drop versus linear gas velocity.

System: 1. Helium-Sand A, (100-150 mesh)
2., 1" diameter bed.
3. 42.0 cm., bed height

Linear gas velocity Total bed pressure
at latm and 60°F, drop, inches of tbe,
cm/sec

0.00 0.00

2.08 1.7

3.6/ 4,05

5.53 6,85

7,94 8.60

13.48 9.50

19.5 9.80

25.6 9.80
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TABLE VIT

Total bed pressure drop versus linear gas velocity.

System: 1, Air-Sand B. (monazite)
2. 1" diameter bed
3. 33.0 cm. bed height

Linear gas velocity Total bed pressure
at latm and 60CF, drop, inches of tbe.
cm/sec

0.00 0.00

1.04 R.66

1.55 4. 65

2.14 7.55

3.36 11.80

5.73 12.00

8.32 12.55

10,92 12,65
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gas velocity. The incipient fluidization velocity is quite apparent
on each of these curves.

A simple check on the accuracy of these curves and at the same time
on the assumption of zero pressure drop across the bed support can be
made., The pressure drop at incipient fluidization should equal the
weight of the bed per unit bed cross sectional area. This should be
true of all gases., If one plots pressure drop at incipient
fluidization versus bed height, the intercept at zero bed height
will be the pressure drop due to the bed support. The slope of such
a curve should be Psﬁ/ac , in appropriate units. Figure 11 shows
the data and theoretical curve for sand A (100-150 Mesh) and zero
support resistance, It is apparent that the assumption of zero
support resistance is valid. Table IX lists all pressure drops per

unit bed length at incipient fluidization and minimum fluidizing

velocities for all systems.
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TABLE VIII

Total Bed Pressure Drop at Incipient Fluidization versus

Bed Height for 100-150 Mesh Sand.

Gas Bed Diameter Bed Height Pressure Drop
in. cm. in, tbe.
Air 1,00 R”1.2 3.95
Helium 1.00 42.0 8.50
GOy 1.00 42,0 8.60
Air 1,00 58.0 10.92
Helium 2,00 72.0 13.80

Air 2,00 7.0 15,00
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Gas

Air
Helium
GOy
Air
Helium
Air

Air

Incipient Fluidization Data for Systems Studied.

Bed

Diameter

in,

1.00
1,00
1.00
1,00
2.00
2.00

1.00
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TABLE IX

- Bed
Height,
cm.
21.2
42.0
42.0
58.0
72.0
74,0
33.0

Solid

Sand A
Sand A
Sand A
Sand A
Sand A
Sand A

Sand B

Vemf,
éin/sec

1.10
6.60
1.52
1.82
3.60
3.14
2.95

Pressure
Drop per
unit length,
psi/cm
0.0199
0.0217
0.0219
0.0202
0.0206
0,0217

0.0383



SOLIDS DOWNFLOW RATES

The rate at which solids flow through void spaces is the most
important variable in the chafacterization of slugging gas-solid
fluid beds. Considerable effort was spent in determining precisely
what conditions prevail in such systems. The first guess was that
the solids downflow rate would vary with gas velocity; this was
shown to be incorrect. Because slugs move at the excess velocity
of the gas, v,g » the lower surface of the slug is always exposed to

a relative velocity equal to that at incipient fluidization.

I, Bin Flow Measurements.
A. Equipment

The first measurements were taken in the two inch diameter bed.
The only additions to the equipment shown in Figure 3 were a slide
valve at the expansion head and a photoelectric s§nsing device
coupled to an oscillographic recorder.

The slide valve was designed to divert the gas flowing up the
column out of the side of the column when closed to confine the solids
to the expansion head. When the slide valve was opened, the gas was
diverted up through the expansion head. This presumably exposed the
solids at the throat of the expansion head to the velocitiesg encountered
by solid slugs in the tube.

The photocell measured the incident light from a projection
lamp after two traverses of the tube via a mirror. The electrical

output of the photocell was continuously recorded on a Sanborn

50
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Twin-Viso oscillographic recorder. The output of photocell was

not calibrated to measure solids density accurately; the only desired
information was the time of fall of a known quantity of solids con-
tained in the expansion head.

A diagram of this equipment is shown in Figure 12.

B. Procedure
The desired gas flow was set, the flow being diverted by the

slide valve to the atmosphere. The expansion head was filled with
solids sufficient to fill the tube to some point below the photo-
cell arrangement. The oscillograph chart was started and the slide
valve opened. The falling solids changed the transmittance charac-
teristics of the tube and contents and provided a measure, qualita-
tive since no calibrations were made, of the solids density of the
tube. Figure 13 shows a trace of light transmitted versus time for

a typical run.

C. Results

The results of these measurements for a 100-150 mesh sand in a
two inch tube are shown in Figure 1l4. The solids downflow at
zero gas velocity in similar systéms has been investigated <7’8).
Kelly(s) reports that the flow of solids through 2 inch orifices

follows the equation:

(75) W = 0.156D°" 84
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SLIDE VALVE DETAIL

SOLID
(SAND)

SLIDE VALVE

PHOTOCELL
LAMP
g \
R } gl
MIRROR

SUPPORT
\ OSCILLOGRAPH

ot

Figure 12. Apparatus for Measuring Solids Downflow Rates.
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TABLE X

Solids Downflow Rate versus Gas Velocity.

System: 1. Air-Sand A (100-150 Mesh)
2. 2" Diameter Tube.
3. Bin flow technique.

Gas Velocity, Solids Downflow Rate
cm/sec gm/cm? sec
0.0 20,0
0.0 19.6
0.0 20.8
1.0 18.9
2.0 19.6
3.25 26.2
Lo 7.2
5.7 Loty
6.0 29.1
6.0 29.8
7.4 R3.5
8.2 20,4
8.7 21.0

11.5 15.3
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where D 1s in inches and W is in pounds per second. This yields,
for the two inch orifice used, a flow rate of 24.5 gm/cm2 sec.
This compares favorably with the observed value of 20.5 gm/cmzsec°
The discrepancy probably lies in the fact that Equation (75) is writ-
ten for bead or pelletized catalyst, which may have differed signi-
ficantly from the sand used in this study.

As the gas flow rate is increased from zero to the velocity for
minimum fluidization, the solids downflow rate drops, most likely
due to increased drag on particles as they separate from the bulk,
At the velocity of minimum fluidization there is a marked increase
in solids downflow rate. Further increases in gas velocity cause
a decrease in solids flow. |

The two data points in Figure 14 at gas velocities of 6.0 cm/sec
are noted to be considerably higher than all other points. The reason
for this high solids flow rate is that some grease from the slide valve
found its way into the solids and caused agglomeration of solids. The
solids used were replaced whenever this occurred after the first

incident.

D. Conclusions

Two important points may be made as a result of these bin flow
tests. The first is that solids flow tends to decrease with increasing
gas velocity both above and below incipient fluidization. The second
is that a sizable increase in solids flow occurs at the velocity of

incipient fluidization. This increase is due, in all probability, to the
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increase in the freedom of particle motion at this velocity. A
particle which is free fromforces exerted by its neighbors is able
to disengage from the bulk more &asily. The important result is the

value of Wa at the maximum, as will be seen.

II. Pressure Profile Measurements.

A logical question arises following the completion of these
bin flow measurements. What relation is there between the solids
downflow rates measured with bin and slide valve to the actual
solids flow rates which prevail in a slugging fluid bed? The answer
to this question was sought before proceeding with more bin flow
tests., Pressure-time records were used to determine solids flow
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